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ABSTRACT

New and improved analytical methods, based on modemn spectroscopic techniques, have been
developed to provide more reliable data on the levels of environmentally significant elements in
Australian bituminous thermal coals. Arsenic, selenium and antimony are determined using
hydride generation atomic absorption or fluorescence spectrometry, applied to an Eschka fusion
of the raw coal. Boron is determined on the same digest using inductively coupled plasma
atomic emission spectrometry (ICPAES). ICPAES is also used to determine beryllium,
chromium, cobalt, copper, manganese, molybdenum, nickel, lead and zinc, after fusion of a low
temperature ash with lithium borate. Other elements of concern including cadmium, uranium and
thorium are analysed by inductively coupled plasma mass spectrometry on a mixed acid digest
of a low temperature ash. This technique was also suitable for determining elements analysed
by the ICPAES. Improved methods for chlorine and fluorine have also been developed. Details
of the methods will be given and results of validation trials discussed on some of the methods
which are anticipated to be designated Australian standard methods.

INTRODUCTION

Increasing attention is being focussed on the potential environmental impact of trace elements,
particularly those of environmental concern, associated with electricity production from coal-fired
power plants. As a consequence the impact of trace elements on the surrounding ecology from
atmospheric emissions and mobilisation in ash dams is coming under increased scrutiny.

Trace elements of concem to the environment and health have been identified by the United
States National Research Council'. More recently the levels of trace elements in coal have
received greater attention with the introduction of legislation, in some countries, which imposes
atmospheric discharge limits on a range of environmentally sensitive trace elements. Details of
these limits in Australia, Austria, Germany, Italy and the United States of America are given by
Clarke and Sloss’>. Of most significance relating to the impact of trace elements on the
environment was the recent amendments to the US Clean Air Act, 1991, which greatly expanded
the role of the US Environmental Protection Agency to regulate trace element emissions.
Included in the list of 190 hazardous air pollutants were arsenic, antimony, beryllium, cadmium,
cobalt, chromium, chlorine, fluorine, mercury, manganese, nickel, lead and selenium together with
radionuclides including radon. Although the power industry is not included in the list of source
categories, the amendments require the measurement of mercury emissions from coal-fired power
plants. The Electric Power Research Institute (EPRI) in the US has cartied out a field monitoring
project to measure a range of trace elements in the process and discharge streams of power plants
to determine the efficiency of control devices to reduce emissions of air toxics’.

The imposition of stricter controls by regulatory bodies on emissions has focussed attention on
the levels of environmentally sensitive elements, particularly those designated as air toxics, in
thermal coals. As a consequence of this there is an increasing need to accurately specify the
levels of these trace elements to satisfy contractual requirements. Australia is the world’s largest
exporter of coal and the implications of regulations on trace element emissions are for the
development of better quality assurance procedures in the specification of the levels of key
environmental trace elements in export thermal coals.

Quality assurance requires the application of validated standard methods which guarantee the
accuracy and reliability of the analytical data. The problem is that, in most cases, current
standard methods do not have the necessary accuracy to specify the levels of environmentally
sensitive trace elements at the concentrations normally present in Australian product thermal
coals. One reason for this inadequacy of current standard methods is that they are based on long
established analytical techniques such as atomic absorption spectrometry (AAS) which lack the
_sensitivity to provide the necessary quality assurance. AAS is also a single element technique
which, in terms of the number of elements identified as environmentally significant, makes it less
cost effective than newer multi-element, simultaneous techniques such as inductively coupled
plasma atomic emission spectrometry (ICPAES). Over the past decade this technique has become
more readily available in commercial laboratories and its suitability for determining many of the
designated trace elements has been established.
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In view of the pressing requirements for better quality assurance, new analytical methods based
on ICPAES has been developed. The current standard methods based on hydride generation-AAS
for arsenic and selenium has been revisited and an improved method, based on atomic
fluorescence spectrometry, has provided increased sensitivity for these trace elements. These
methods are undergoing validation trials with the anticipation that they will be adopted as new
Australian standard methods.

Other techniques have also been used to develop reliable methods. These include inductively
coupled plasma mass spectrometry (ICPMS) for a range of trace elements including cadmium,
nickel, lead, molybdenum, thorium and uranium. Proton induced gamma ray emission (PIGE)
has been applied to the determination of fluorine and X-ray fluorescence spectrometry (XRF) for
chlorine.

CURRENT STATUS OF STANDARD METHODS

The performance of current standard methods is shown in table 1 where the lower limits of
determination of .the methods are compared with the means and range values for the key
environmental trace elements in Australian export thermal coals as given by Dale and Fardy*.
In most cases the current methods are inadequate for determinations at the low range values. For
cadmium, cobalt, molybdenum, uranium and thorium no standard methods exist.

Table 1. Mean and Range Values for Trace Elements of Environmental Concern in
Australian Export Thermal Coals Compared with Lower Limit of Determination (LLD) of
Avaiiable Standard Methods

mg/kg
Range LLD*

Element Mean* Low . High AS ASTM ISO
As 2 <l 7 0.5 1 1
B 17 <5 40 20 - -
Cd 0.09 <0.05 0.22 - - -
Hg 0.06 0.0} 0.14 0.01 0.01 -
Mo 1.6 0.25 5.5 - - -
Pb 7.5 25 13 40 10 -
Se 1 <l 2 - 1 L -
Mn 30 3 110 30 - -
Cr 12 5 27 20 5 -
Cu 12 4 23 50 5 -
Ni 14 <9 39 20 10 -
\Y 26 10 63 100 10 -
Zn 19 3 53 80 50 -
F 120 40 200 50 10 -
Co 5.3 1.6 14 - - -
Cl 200 20 630 100 200 -
Sb 0.54 <0.05 1.5 - -
Be 1.4 0.25 5.5 2 0.5 -
U 1.t 03 21 - - -
Th 3.5 1.1 7.7 - - -

* AS - Australian Standard
ASTM - American Society for Testing Materials
1SO - International Organisation for Standardisation

METHOD FOR ARSENIC, SELENIUM AND ANTIMONY

This method is based on the current US standard (ASTM D4606-87) which involves the fusion
of the raw coal using Eschka’s mixture. The elements arsenic and selenium are determined by
hydride generation-AAS using matrix matched standards. The new method uses similar
conditions for generation of the hydride. However advantage is taken of the higher sensitivity
obtained with atomic fluorescence spectrometry. The method has also been found satisfactory
for determining antimony and has been validated by analysis of certified reference materials as
shown in Table 2.

757




Table 2. Results for Arsenic, Selenium and Antimony Obtained on Certified Reference
Materials using Hydride Generation Atomic Fluorescence Spectrometry

CRM Arsenic Selenium Antimony
mg/kg
Certified Found Found Certified Found Certified
NIST 1632b 3.70+ 0.28 372+0.12 130x0.12 129x0.11 028+0.02 (0.24) ~
SARM 19 7.65+0.10 71 1.12 £ 0.06 1 - -
SARM 20 - - 0.75+0.04 08102 - -

This method is currently undergoing validation tests in an interlaboratory trial and is anticipated
to be adopted as an Australian standard method.

METHOD FOR BORON :

The method developed is based on the Eschka fusion procedure used for arsenic, selenium and
antimony. The element is determined using ICPAES using matrix matched standards. The
method was validated using South African reference coals as demonstrated by the following
results.

Table 3. Results for Boron Obtained on an SARM Reference Coal

mg/kg
CRM " Found Indicated*
18 28 30
19 94 90
20 84 90

* Values are not certified.

This method is also undergoing validation tests and is anticipated to be adopted as an Australian
standard.

ICPAES METHOD FOR TRACE ELEMENTS

This method is based on fusion of a 450°C ash of the coal with a mixture of 1 part lithium
metaborate to 3 parts lithium tetraborate. The elements chromium, copper, zinc, vanadium,
manganese, nickel, cobalt, molybdenum, lead and beryllium are determined using ICPAES with
matrix matched standards.

The method has been validated using NIST 1632b and is currently undergoing validation tests
in an interlaboratory trial. It is anticipated to be adopted as an Australian standard method.

TRACE ELEMENTS BY. ICPMS

This technique has gained popularity over the past decade because of its very high sensitivity and
multi-element capability. It has been applied, in this laboratory, to the determination of a wide
range of trace elements in coal. The method developed is based on dissolution of a 450°C ash
of the coal using a mixture of nitric-hydrochloric-hydrofluoric acids. The elements are
determined using appropriate internal standard elements (indium, thallium and enriched stable
isotopes of chromium-53 and zinc-68).

This technique has been found suitable for determining a wide range of environmental trace
elements including uranium, thorium, cadmium, antimony, lead, nickel, arsenic, beryllium,
chromium, cobalt, copper, zinc, vanadium and molybdenum. Of particular significance is the
ability to analyse for cadmium, uranium, and thorium (detection limits 0.01, 0.005 and 0.005
mg/kg respectively). There are no standard methods available for these elements because of their
low abundances in coal and the lack of sensitivity of more conventional techniques. Cadmium
however could possibly be analysed by graphite furnace-AAS.

Although ICPMS instruments are expensive the technique is finding increased popularity in
commercial laboratories. 1t is expected that its application to the determination of trace elements
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in coal will receive greater attention because of its high sensitivity and multi-element capability
which makes it cost effective.

METHOD FOR CHLORINE

Current methods for chlorine are based on oxygen bomb digestion or fusion followed by
determination by ion-selective electrode (AS 1038.8.1, ASTM D4208). There are however,
recognised problems with these methods. These relate to the recovery of the chlorine during
the sample destruction and the lack of sensitivity of the ion-selective measurement. Evidence
of the problems has been highlighted in international interlaboratory comparisons such as the
CANSPECS program organised by Energy Resources Canada. The extreme variability of results
by laboratories using the same standard method suggests that these methods lack the reliability
required by standard methods. This variability is of great concern to Australian coal producers
because of disputes that occur between suppliers and buyers.

In recognition of the problems with current methods, a procedure is being developed based on
X-ray fluorescence spectrometry (XRF). This procedure has the advantage that it analyses the
raw coal and is therefore non-destructive thereby overcoming one of the main deficiencies of
current methods.

The suitability of the XRF procedure has been verified by comparison with results obtained by
instrumental neutron activation analysis (see Table 4). The lower limit of determination of the
XRF method is 30 mg/kg which is below the low range value for Australian coals. Analysis of
the NIST 1632b CRM gave a value of 1190 mg/kg which compares favourably with the indicated
value of 1230 mg/kg. The new method requires minimal sample preparation (grinding to less
than 75 pm and the addition of an internal standard) and is cost effective on the basis of its high
sample throughput compared to current standard methods.

Table 4 - Comparison of Chlorine Results Obtained on Coals by XRF and INAA

Cl (mg/kg)
Sample XRF INAA
1 250 235
2 450 410
3 505 . 495
4 670 610
5 970 1075

METHOD FOR FLUORINE

The standard method for determining this element is based on destruction of the raw coal by
pyrohydrolysis followed by determination with an ion-selective electrode (AS 1038.10.4). This
method has limitations in that the problems are associated with the liberation of the fluorine from
the sample and the rather poor sensitivity of the ion-selective electrode at the levels normally
encountered in coals.

The method used in our laboratory is based on proton induced gamma ray emission using the
2MV van der Graaf accelerator available through the Australian Nuclear Science and Technology
Organisation. Previous work® has verified the application of this technique to the analysis of coal
for fluorine. It is based on the irradiation of the raw coal with high energy protons in which the
fluorine atoms produce characteristic g-rays. It is therefore non-destructive. Analysis of the
NIST 1632a CRM gave a mean value of 183 mg/kg with a standard deviation of 10 mg/kg (12
determinations). The accepted value for this CRM is 178 mg/kg. The detection limit is 5 mg/kg.

PERFORMANCE OF NEW METHODS

The new methods provide the necessary sensitivity to meet the requirements for determining a
range of key environmental trace elements in Australian coals. This is demonstrated in Table
5 which compares the lower limit of determination of the new methods and the current standard
methods. For most elements, the new methods provide the capability for reliably analysing
Australian coals at the levels normally present.

Validation trials are currently in progress involving a number of participating commercial
laboratories. Preliminary data suggests that the methods for arsenic, selenium and antimony
based on the hydride generation-AFS technique will meet the requirements for acceptance as a
standard method as required by Standards Australia. Similar agreement between laboratories for
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the boron and ICPAES methods suggests that these will become standard methods. Future efforts
will be directed towards the establishment of an Australian standard method based on ICPMS
which would account for cadmium, uranium and thorium.

The methods used for chlorine and fluorine are presently considered as reference methods. There
needs to be a revision of current methods in view of the discrepancies which occur between
laboratories.

Table 5 - Lower Limits of Determination (LLD) for Trace Elements with New Analytical
Methods Compared with Standard Methods and the Means and Range Vaiues in Austrailan
Export Thermal Coals

mg/kg
Mean Range LLD
Element Low High New Method Standard Method
As 2 <1 7 0.03 0.4
B 17 <5 40 3 20
Cd 0.09 <0.05 0.22 0.01 -
Mo 1.6 0.25 55 0.2 -
Pb 7.5 25 13 0.2 10
Se 1 <1 2 0.03 1
Mn 30 3 110 0.02 -
Cr 12 5 27 0.1 5
Cu 12 4 23 0.2 5
Ni 14 <9 39 2 10
v 26 10 63 0.2 10
Zn 19 3 53 0.2 50
Co 53 1.6 14 0.2 -
Cl 200 20 650 50 200
Sb 0.54 <0.05 1.5 0.03 -
Be 14 0.25 5.5 0.01 -
U 1.1 03 2.1 0.03 -
Th '35 1.1 7.7 0.03 -
F 120 40 200 20 50

SUMMARY

The new methods provide adequate sensitivity to reliably determine a range of key environmental
trace elements in Australian coals. These methods are based on modem instrumentation which
is generally available in commercial laboratories. These new methods address the need for better
quality assurance in the specification of trace elements in export coals. This has been as a direct

result of increasing concern on the environmental impact of trace elements from coal-fired power
plants.
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INTRODUCTION

The minor- and trace-element content of coal is of great interest
because of the potentially hazardous impact .on human health and the
environment resulting from their release during coal combustion. Of the one
billion tons of coal mined annually in the United States, 85-90% is consumed
by coal-fired power plants.! Potentially toxic elements present at
concentrations as low as a few ng/g can be released in large guantities from
combustion of this magnitude. Of special concern are those trace elements
that occur naturally in coal. which have been designated as potential
hazardous air pollutants (HAPs) in the 1990 Amendments -to the Clean Air
Act.?

The principle objective of this work was to investigate a combination
of physical and chemical coal cleaning techniques to remove 90 percent of
HAP trace elements at 90 percent combustibles recovery from Kentucky #9
cdal. Samples of this coal were first subjected to physical separation by
flotation in a Denver cell. The float fraction from the Denver cell was then
used as feed material for hydrothermal leaching tests in which the efficacy
of dilute alkali (NaOH) and acid (HNO,)solutions at various temperatures and
pressures was investigated. The combined column flotation and mild chemical
cleaning strategy removed 60-80% of trace elements with greater than 85%
recovery of combustibles from very finely ground {-325 mesh) coal. The
elemental composition of the samples generated at each stage was determined
using particle induced X-ray emission (PIXE) analysis. PIXE is a rapid,
instrumental technique that, in principle, is capable of analyzing all
elements from sodium through uranium with sensitivities as low as 1 pg/g.

EXPERIMENTAL PROCEDURE

Sample Preparation

A sample of run of mine coal from the Kentucky #9 seam was collected
at the mine site, and split into subsamples as needed. Each subsample was
then ground to -325 mesh and a 5% (w/v) slurry was prepared. The slurry was
subjected to Denver floatation, and the float fraction was employed as the
feed sample for hydrothermal leaching using either a NaOH or HNO, solution
in a 1 liter autoclave reactor. The duration, temperature, and pressure of
the chemical leaching process were varied to ascertain their influence, if
any, on the removal of trace elements. Each clean coal sample was dried
at 50°C overnight, and pressed into a 1 mm x 19 mm pellet for elemental
analysis.

PIXE Analysis

A schematic of the PIXE analysis system at Element Analysis
Corporation is shown in Figure 1. A dual energy irradiation is performed
on each sample with the X-ray detector in two positions for data collection.
During the high-energy (2.1 MeV) irradiation, the detector is in a close-~in
position with a thick absorber and during the low-energy (1.6 MeV)
irradiation, the detector is in a backed-out position with no absorber.
Variable charge collection at these two energies/positions allows for
spectrum balance and flexibility in the analysis on either the high- or low-
energy ends of the X-ray spectrum.

Protons enter the target chamber by passing through a 0.30 mil Kapton
window and the X-rays exit through a 0.1 mil Mylar window that is at 45
degrees relative to the beam. The beam, which is at an angle of 23°
relative to the sample surface, is swept over the target to irradiate a 16
mm diameter area. The sample chamber is flushed with helium at atmospheric
pressure to reduce sample heating and charging and each sample is irradiated
for 15 minutes. A typical PIXE spectrum of a coal sample is shown in Figure
2. Data analysis is performed using a modified version of the GUPIX' PC-
based software package. In order that the accuracy and precision of the
measurements may be assessed, the results for the PIXE analysis of 7 samples
of the NIST 1635a Subbituminous Coal standard reference material are
presented in Table 1.

RESULTS & DISCUSSION
In general, HNO, was more effective than NaOH in reducing elemental
concentrations for all elements except V and Ga. The increase in the

concentration of Cu and Cr in certain tests was attributed to corrosion of
fittings in the autoclave reactor.
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Table 1. Results for NIST SRM 1635a Subbituminous Coal

Element PIXE Result? Certified Value®
Sodium 0.21 £ 0.02 % (0.24 t 0.02 %)
Magnesium 760 £ 71 ppm (1040 t 130 ppm)
Aluminum 0.30 £ 0.02 % (0.29 + 0.03 %)
Silicon 0.60 t 0.03 % (0.59 t 0.05 %)
Sulfur 0.39 £ 0.02 % 0.33 + 0.03 %
Potassium 113 + 11 ppm (96 + 16 ppm)
Calcium 0.69 + 0.02 & (0.54 + 0.03 %)
Titanium 213 t 8 ppm (202 t 6 ppm)"
Chromium 1.2 + 0.9 ppm 2.5+ 0.3 ppm
Manganese 19.8 + 1.2 ppm 21.4 £ 1.5 ppm
Iron 0.23 + 0.01 % 0.239 £ 0.005 %
Nickel Below LOD 1.74 £+ 0.10 ppm
Copper 3.1 £ 0.2 ppm 3.6 £ 0.3 ppm
Zinc 4.6 + 0.9 ppm 4.7 £+ 0.5 ppm
Selenium Below LOD 0.9 + 0.3 ppm
Bromine 1.3 £ 0.3 ppm (1.4 £ 0.4 ppm)
Strontium 129 + 9 ppm (121 + 19 ppm)

*Average and standard deviation of the analysis of 7 samples
*Values in parentheses are the recommended or consensus values

The degree to which elements are removed by coal cleaning processes
depends to a great extent on their mode of occurrence or chemical
association in the coal. Although the exact composition can vary greatly
from one coal to the next, generalizations have been made concerning common
modes of occurrence for trace elements in coal.' For example, the fact that
Mg, Ca, Mn, and Sr have a carbonate association would explain their
efficient removal since the solubilities of carbonates increase in acidic
solutions. Moreover, elements known to have an association with pyrite, Fe,
S, As, Zn, Ni, and Ga, all show a significant decrease in concentration.
Similarly, a considerable reduction in elements known to be strongly
associated with silicates, Si, Al, Mg, and K, was observed. Elements
thought to have a significant organic association were removed less
efficiently by HNO,. In these samples, those elements were V, Cr, Ti, and
Cu. X-ray absorption fine structure spectroscopy of Kentucky #9 coal has
indicated a partial organic association for V, Cr, and Ti. Although the
association of Cu has not been determined in these samples, Cu is known to
have partial organic associations in other 'coals.

An increase in the duration and pressure of the hydrothermal leaching
process showed negligible improvement in the reduction of elemental
concentrations for some elements and only slight improvements for others.
Thus, it appears these variables have minimal impact on the effectiveness
of this coal cleaning process.

SUMMARY

The variable with the greatest impact on hydrothermal leaching appears
to be the leaching agent itself. A significant reduction in the
concentration of many elements was observed with the use of 2% HNO,. On the
other hand, increasing the reaction time from 15 minutes to 1 hour and/or
the vessel pressure from 100 psi to 300 psi had only a slight impact on the
removal of hazardous elements in coal.
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INTRODUCTION
Cleaning of pulverized (-200 mesh) coal is a potentially cost-effective strategy for removmg
- mineral matter and associated minor and trace elements from coal prior to combustion, thereby
minimizing the release of pollutants to the atmosphere during combustion. Of special concern
are those trace elements designated as potential hazardous air pollutants (HAPs) in the 1990
Amendments to the Clean Air Act'. Various physical and chemical cleaning methods have been
examined with regard to their efficiency for removal of trace elements from coal. Although the
mode of occurrence is recognized to be a key factor in determining the behavior of a given
element with respect to a specific cleaning method, no study, as far as we are aware, has
attempted to include such information.

In this study, a finely ground sample of Kentucky #9 coal from the Illinois coal basin region in
western Kentucky has been subjected to a combination of physical cleaning and chemical
leaching methods. Each generated fraction has then been characterized using proton-induced X-
ray emission (PIXE) spectroscopy to determine the bulk chemical composition and X-ray
absorption fine structure (XAFS) spectroscopy to determine information relevant to the elemental
mode of occurrence for selected elements. As we will show, inclusion of the mode of occurrence
information explains much of the variable efficiency exhibited with respect to the cleaning
process by different elements. Conversely, the superior efficiency of column flotation for
removal of mineral matter from clean coal provides samples in which the elements exist almost
entirely in organic association. Such samples have proven to be invaluable for generating the
XAFS spectral signatures for elements in organic association.

EXPERIMENTAL

(a) Coal Cleaning Studies: A 50 kilogram sample of Kentucky #9 coal was made available for
this study by the Big Rivers Utility company. The coal, originally consisting of 1" lumps, was
dried and crushed to 28 mesh. A representative kilogram sample of the 28 mesh coal was then
ground to 80% passing 60 mesh, from which two head samples of 150 grams each were prepared
and submitted for analysis. Samples were then prepared for gravity separation testmg and release
analysis, the results of which are described elsewhere?.

A representative sample was then ground to 90% passing 325 mesh to constitute the fine coal
sample. Aliquots of this sample were subjected to separation by flotation in a Denver cell and
also in a 2"-diameter "Ken-Flote” column’ into float and tailings fractions. The float fraction
from the Denver cell was then used as feed for hydrothermal leaching tests that were conducted
in a 1 liter autoclave at 110°C and 300 psi. Four samples were prepared: samples were exposed
for 15 and 60 minutes to either a 10% acid (H;PO,) or basic (NaOH) medium. The overall
sample scheme and sample labelling notation are shown in Figure 1. Sufficient samples of each
fraction were obtained for proximate analysis, chemical analysis by PIXE spectroscopy, and
element speciation analysis by XAFS spectroscopy.

(b) PIXE Spectroscopic Analysis: Each generated sample in the scheme shown in Figure 1 was
analyzed by thick-target PIXE spectroscopy using the dual-energy irradiation procedure’. NIST
coal and fly-ash SRMs were used to monitor the accuracy and precision of the trace element
measurements. Results for the SRMs and detection limits for the PIXE measurements are given
elsewhere’; further details of PIXE analysis can be found in the preceding paper in this volume.

(c) XAFS Spectroscopic Analysis: XAFS spectroscopy of selected elements in the samples
generated according to the scheme shown in Figure 1 was carried out either at the National
Synchrotron Light Source (NSLS) in Brookhaven National Laboratory, NY, or at the Stanford
Synchrotron Radiation Laboratory (SSRL) at Stanford University, CA. Similar experimental
procedures were used at both of these facilities; these procedures have been described in detail
in previous publications®®. The XAFS spectra from elements in coal were collected in
fluorescence geometry using a thirteen-element germanium detector developed principally for
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trace element investigation’. Spectra were obtained typically from 100 eV below the K-edge of
the element under investigation to as much as 500 eV above the edge. As is usually done, the
XAFS spectra were subdivided into separate X-ray absorption near-edge structure (XANES) and
extended X-ray absorption fine structure (EXAFS) regions. In many instances, particularly when
the concentration of the element was less than about 50 parts-per-million (ppm), the EXAFS
signal was too weak to be reliably interpreted and interpretation of the mode of occurrence of
an element was based exclusively on the XANES region.

The XANES spectra shown in this paper have been prepared from the raw XAFS spectroscopic
data in the usual manner: the spectra are first normalized to the edge step and any slope in the
data is removed by fitting spline functions to the pre-edge and post-edge regions and subtracting
the pre-edge background extended beneath the overall spectrum. Each spectrum shows a zero-
point of energy that is defined by the position of the same absorption edge in a standard material,
the spectrum of which is collected at the same time as the spectrum from the coal. For the
elements discussed in this paper, these zero points are defined in standard materials as follows:
potassium (3608.4 eV, KCI), caicium (4038.1, calcite CaCQ,), titaniutn (4966 eV, Ti metal foil),
vanadium (5465 eV, V metal foil), chromium (5989 eV, Cr in stainless steel), manganese (6539
eV, Mn metal foil), arsenic (11867 eV, As,0,). *'Fe Massbauer spectroscopy, rather than Fe
XAFS spectroscopy, was used to examine the different forms of iron in some of the fractions
shown in Figure 1 because this method is more definitive for elucidating details regarding the
iron minerals present in coal.

Table 1: PIXE Analytical Data for Head, Float and Tailings Samples
from Denver Cell and "Ken-Flote" Column Flotation Tests

Sample
"Head DC-1 DC-2 CF3-1 CF3-2
Wt fraction, wt% 100.00 72.33 27.67 83.17 16.83
Ash content, wi% 18.29 5.69 50.88 3.56 84.20
Sulfur, wt% 2.96 2.25 5.49 2.94 6.29
Elements in ppm
Na 5010 2523 - 4233 5852
Mg 5392 2381 10006 3456 20743
Al 19463 8479 57138 11705 103127
Si 45258 15197 129760 17462 222744
S 29095 22446 54905 19432 62873
Ci 3632 1113 -- 1529 244
K 4181 1418 10019 1135 15962
Ca - 2597 1592 34524 1107 41068
Ti 1249 931 2430 711 2797
v 159 59 187 36 133
Cr 40 31 84 19 98
Mn 37 43 491 21 401
Fe 18173 13465 78278 8612 55967
Ni 21 25 67 19 55
Cu 8 17 47 12 44
Zn 47 20 154 13 108
Ga 7 5 1] 3 10
As 10 14 100 10 50
Br 22 26 27 12 12
Sr 41 21 75 15 23

RESULTS AND DISCUSSION

A. Cleaning Efficiency:

Coal characterization data and PIXE analysis data on elemental concentrations are summarized
for the different float and tailings fractions in Table 1. The two flotation methods are both
efficient at separating the inorganic matter from organic matter, but the column flotation test is
definitely the better of the two methods. This is also illustrated in Figure 2, which provides a
direct comparison of the two methods. 1n general, the floattailings difference indicators in this
figure are longer for the column flotation method than for the Denver cell method for most of
the elements. It is also instructive to examine the tailings/float concentration ratio for individual
elements (or equivalently comparing. the length of the indicators in Figure 2) to that for the
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overall ash. The elements that exceed or equal the overall ash ratio are Ca and Mn; those that
are slightly less than the overall ash ratio are Al, Si, K, and Zn in both tests, and Fe along with
As in the case of the Denver cell test. Not surprisingly, sulfur shows a small value for the ratio
because over 40% of the element is organically bound. However, there is a group of elements
consisting of Ti, V, Cr, Ni, Ga, that also have relatively short indicators, suggesting that
significant fractions of these elements might also be in organic association.

Attempts to mass balance individual elements in these flotation experiments vary from good to
poor and certainly the differences for a number of elements are much larger than can be
attributed to experimental errors in the PIXE analysis. The most significant problem would
appear to be segregation of the heavy minerals (pyrite, calcite) in the feed sample as the largest
variations between the flotation experiments are exhibited by calcium, manganese and iron. In
particular, the calculated feed composition for the column flotation experiment has significantly
lesser amounts of these elements and somewhat more Al and Si (derived from excess clays?) than
that for the Denver cell flotation test.

B. The Lithophile Elements:

XANES spectra of Ti, V, Cr, and Mn showed quite different spectra for the float and tailings
fractions (e.g for Mn, Figure 3). Whereas the XANES spectra of the tailings fractions could be
attributed to principally (>80%) illite for Ti, V and Cr, and to a mixed mineralogical occurrencc
for Mn (25% Mn/illite and 75% Mn/calcite), the spectra of the float fractions did not match the
spectra of any mineral standard examined and distinct organically associated forms were inferred
to exist for these four elements. For Ti and Cr, the closest matches appeared to be a poorly
crystalline oxide or oxyhydroxide, a possibility raised in earlier studies® of V in Kentucky #9
coal. For Mn, the spectrum of the float fraction was altered significantly by application of both
the base and acid leaching tests and the Mn content was also reduced in both tests. This
suggested the presence of two organically associated forms of Mn: one that was soluble in acid;
the other soluble in base.

Examination of the XANES spectra of calcium, a major element, also showed distinctly different
spectra for the tailings and float fractions. The spectra of the tailings fractions werc clearly
dominated by Ca as calcite, whereas the spectra of the float fractions were similar to that
observed for carboxyl-bound Ca in low-rank coals’. Interestingly, K XANES spectra of all
fractions, whether float or tailings, were identical to that of K in illite. The fact that illitic Ti,
V, and Cr spectra were only seen for the tailings fraction and not for the float fraction suggests
that there are two generations of illite in the coal: one generation is coarse and/or easily separated
from the coal (e.g. partings) and contains all of the minor elements; the other generation is fine,
can not be separated easily from the organic matter, and is essentially devoid of significant Ti,
V, and Cr. These two illite forms might represent coarse detrital and fine-grained authigenic
generations of illite in the coal, respectively. )

C. The Chalcophile Elements: )

In contrast to the lithophile elements, the two chalcophile elements examined, Fe and As, were
found in the same forms in both the tailings and float fractions. Both Fe and As are found in
association with pyrite and its oxidation products in all fractions. Arsenic occurs as a
substitutional replacement for sulfur in the pyrite structure and as arsenate. The arsenate form
is more prevalent in the float fractions (Figure 4), consistent with the fact that smaller particle
sizes of pyrite are both more likely to be found in the float fractions and to be more oxidized
than large particle sized pyrite. The Mossbauer data for iron tells a very similar story. Iron in
oxidized form (principally jarosite) is relatively more common compared to iron as pyrite in the
float fractions than in the tailings fractions. There is an approximate linear correlation between
the fraction of oxidized arsenic and the fraction of Fe as jarosite for all the samples examined.
This relationship would imply perhaps that the arsenate is incorporated in the jarosite structure,
presumably by substitution of the arsenate group for the sulfate group in the jarosite structure.

CONCLUSIONS

The results of this study demonstrate convincingly that Ca, Ti, V, Cr and Mn in Kentucky #9
coal occur in both a mineralogical and an organic association. For Ti, V, and Cr the
mineralogical association consists principally of substitution in the cation layers in the clay
mineral illite, whereas Mn substitutes mainly for Ca in calcite, which is the major mineral
occurrence for calcium. The organic association has not been so clearly identified, but is
consistent with the elements present in oxygen coordination, either at individual isolated ion-
exchange sites on maceral surfaces, or in microparticles of. poorly crystalline oxide or
oxyhydroxide minerals. For Ti, V, and Cr, this organic association represents approximately 50%
of the occurrence of these elements in this particular sample of Kentucky #9 coal. In contrast
to the five lithophile elements, the chalcophile elements, Fe and As, appear to occur almost
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exclusively in pyrite or its oxidation products in all fractions of this coal. Such occurrences
readily explain the relatively poor separation of some of these elements (Ti, V, Cr) in flotation
tests.

Finally, this investigation demonstrates that information on elemental modes of occurrence from
XAFS spectroscopy is a very useful supplement for the interpretation and understanding of results
from coal cleaning studies. Conversely, the mineral-rich and mineral-poor fractions generated
in the course of such studies provide the means for a much better understanding of elemental
occurrences based on XAFS spectroscopy. This serendipitous relatlonshlp will be exploited for
investigation of other coals and cleaning processes.
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Kentucky #9

Run-of-Mine Coal
Head Samples (80% -60 mesh)

Crushed to Iﬂ]% -325 mesh

PHYSICAL:
Flotation Tests

Test | Test 2 Test 3

Float Tailings Float Tailings Float Tailings
DC-) Float DC-2 CF2-) CF2-2 CF3-1 CF3-2
Phosphoric Acid Sodium Hydroxide

‘ 1 CHEMICAL: Acid/Base Leaching in
13 mins 60 mins 13 mins 60 mins Autoclave at 110°C, 300 psi
AL~ AL-2 BL-1 BL-2

Figure 1: Scheme for physical and cleaning tests performed on the as-mined
sample of Kentucky #9 coal to generate float, tailings, and leached fractions.
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Figure 2: Comparison of the relative efficiency of the segregation of elements
in Kentucky #9 coal between float and tailings fractions generated in the Denver
cell test and in the "Ken-Flote" column flotation test.
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Figure 3: Mn XANES spectra of float and tailings fractions of Kentucky #9 coal.
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Figure 4: As XANES spectra of various-fractions of Kentucky #9 coal.
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WASHABILITY OF AIR TOXICS IN MARKETED ILLINOIS COALS

I. Demir?, R. R. Ruch®, R. A. Cahill!, J. M. Lytle!, and K. K. Ho?
'Illinois State Geological Survey, Champaign, IL 61820
*Illinois Clean Coal Institute, Carterville, IL 62918

Key words: hazardous air pollutants, Illinois coals, washability

INTRODUCTION AND BACKGROUND

The 1990 Clean Air Act Amendments (CAA) require that the health risks
resulting from the atmospheric emissions of 189 hazardous air pollutants
(HAPs) from various industrial sources be assessed and, if needed, emission
limits be established [U.S. Public Law 101-549, 1990]. Of these 189 HAPs, 16
elements (As, Be, Cd, Cl, Co, Cr, F, Hg, Mn, Ni, P, Pb, Sb, Se, Th, U) occur
in coal in trace or minor quantities, and may be emitted into the atmosphere
during combustion. Electrical utilities are presently exempt from compliance
with the CAR requirements for HAPs. This may, however, change after the U.S.
Environmental Protection Agency (EPA} completes its risk analyses and
promulgates emission standards as prescribed by law.

The U.S. Geological Survey (USGS) has a substantial amount of data on HAPs
in channel samples of coals from various regions of the U.S. The U.S. EPA
will use this database for its risk assessment of HAPs emissions from coal-
fired power plants. Because Illinois coals shipped to utilities are cleaned
at conventional preparation plants, and conventional cleaning decreases
levels of most HAPs in marketed Illinois coals relative to channel samples
[Demir et al., 1994a], the USGS data on channel samples would overestimate
the emission of HAPs from combustion of these coals at utilities.

Recent reviews of the environmental aspects of trace and minor elements in
coal (Swaine, 1989; Clarke and Sloss, 1992; Wesnor, 1993) indicated that (1)
modern pollution control systems can trap up to more than 90% of fly ash
generated during coal combustion and (2) trace elements that “escape®" during
combustion are either emitted in gas phase or attached to ultrafine fly ash
particles that are not captured by the pollution control systems. Highly
volatile HAP elements (Hg, Cl, F) are mostly or partially volatilized in the
flue gas, while less volatile ones {As, Cd, Pb, P, Sb) generally vaporize,
oxidize, and then, upon cooling, condense onto the fly ash particles (Fig.
1) . The least volatile HAPs (Mn, Th) are enriched in bottom ash and slag.
Other HAPs (Se, Be, Co, Cr, Ni, U) exhibit mixed behavior depending on their
mode of occurrence in the feed coal, the characteristics of coal and mineral
matter, and types and operational conditions of combustion units.

Coal cleaning is an attractive alternative to costly post-combustion control
of air toxics emissions from power plants. Reviews that summarized progress
in the removal of trace and minor elements, including HAPs, via coal cleaning
include Mezey [1977], National Research Council [1979, 1980], Wheelock and
Markuszewski [1981, 1984], Streeter [1986), Kaiser Engineers [1989], Jacobsen
et al. [1992), and Norton et al. [1986, 1989, 1992). These reviews show that
physical coal cleaning can be economical and effective for significantly
decreasing the content of most HAPs prior to combustion. In general, physical
cleaning becomes efficient if a high degree of comminution is utilized to
free mineral matter from the macerals. Those elements associated (either
physically disseminated or bonded chemically) with the macerals are not
easily removed; in some cases, their concentrations may actually be enhanced
in the cleaned coal. Recent studies [Paul and Honaker,1994; Honaker and Reed
1994] indicated that mineral matter content of finely ground Illinois Basin
coals can be effectively decreased using advanced gravity separators.

It has been generally recognized that the cleaning efficiency of gravity
separators for fine-sized coal cannot be estimated from conventional, static
float-sink (F-S) tests. Centrifugal F-S procedures, however, could
successfully predict the cleanability of -28-mesh (<0.589-mm) size coal
{Harrison, 1986; Franzidis and Harris, 1986; Cavallaro and Killmeyer, 1988;
Ho and Warchol, 1988; Bosold and Glessner, 1988; Dumm and Hogg, 1988;
Suardini, 1993].

The purpose of this study was to generate F-S washability data to estimate
how much more the HAP content of marketed Illinocis coals can be decreased if
advanced gravity-based coal cleaning was used at coal preparation plants.
Washability data for twelve HAP elements (As, Be, Co, Cr, Mn, Ni, P, Pb, Sb,
Se, Th, U) in 27 coal samples ground to -100 mesh (<149 pm) and in 8 coal
samples ground to -200 mesh (<74 um) are reported and discussed.

EXPERIMENTAL

Samples and Sample Preparation

Each of the 27 samples of marketed coals was collected from a different coal
preparation plant in Illinois. The samples are from five different regions
of Illinois coal field (Fig. 2), and are preserved under nitrogen at the
Illinois State Geological Survey (ISGS). Collection, preparation, and storage
of the samples were described by Demir et al. [15%4a,b].

Representative splits of the 27 samples were dry-ground in a hammer mill so
that 90% of the particles were smaller than 100 mesh (149 um). Also, eight
of the 27 samples were wet-ground in a rod mill (700 grams coal + 700 mL tap
water) generally for 30 minutes so that 90% of the particles were smaller
than 200 mesh (74 pm). The coal slurry from the rod mill was filtered and
air-dried. The -100 and -200 mesh samples were saved under nitrogen for the
subsequent washability tests.
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Washability Tests

A centrifugal float-sink (F-S) method based on the methods reported in Ho and
Warchol [1988] and Cavallaro and Killmeyer [1988] was used to determine the
washabilities of both ash and HAPs. The washability test procedure was as
follows:

(1) Mix about 100-g of coal sample dried at 40°C overnight with 2 L of
coalgrav. liquid (mixture of tetrachloroethylene and naphtha) with a
specific gravity (s.g.) of 1.3 to generate a slurry containing apout
5% coal. Add dispersing reagent (Rerosol OT) to the mixture to achieve
a dosage of about 5 mg reagent per g of coal.

(2) Agitate the mixture with a mechanical stirrer for 6 to 10 minutes and
then in an ultrasonic bath until no agglomeration persists (usually 2
to 10 minutes).

(3) Pour the slurry into 250-mL Teflon centrifuge bottles, tightly cap the
bottles, and place the bottles in a centrifuge.

(4) Centrifuge the slurry at 2000 rpm (about 880 g force for the centrifuge
used) for 20 minutes.

(5} Gently stir the float portion of the slurry in the bottles without
disturbing the sink portion. Centrifuge the slurry again at 2000 rpm
for 20 minutes.

(6) Repeat step 5. :

(7) Gently pour the float out of the bottles onto a filter paper placed in
a filter funnel. The pouring of the float portion usually does not
significantly disturb the sink portion which becomes tightly compacted
during the 1-hour centrifugation.

(8) Filter the float and then wash it thoroughly, first with 250 mL of
ethanol, and then 1.5 L of deionized water, to remove residues of
coalgrav and dispersing agent. Dry the float overnight at 40°C and
weigh it. ®

(9) Mix the sink from step 8 with 2 L of 1.4 s.g. coalgrav , and repeat
steps 2 through 8. A small amount of lower s.g. liquid trapped in the
wet sink during the preceding step does not measurably alter the s.g.
of the new suspension. ®

(10) Mix the sink from step 9 with 2 L of 1.6 s.g. coalgrav , and repeat
steps 2 through 8.

(11) wWash, dry, and weigh the sink as in step 8.

(12) Submit the <1.3, 1.3-1.4, 1.4-1.6, and >1.6 s.g. F-S fractions for
chemical analysis.

Chemical Analysis and Preparaticn of Cleaned Composite Samples

The 27 samples of marketed coals were analyzed for the 12 HAPs and ash and
all of their F-S fractions were analyzed for ash using well-established
procedures for common coal analyses at the ISGS (Table 1). The combustible
materials content of each F-S fraction was calculated by subtracting its ash
and moisture contents from 100. Then a plot of %cumulative combustibles
recovery vs cumulative weight of F-S fractions was constructed for each F-S
test. Using these plots, the first two or three lightest fractions from each
test were successively combined so that the composite sample contained 80%
of the combustible materials in the parent coal. All 80%-combustibles
recovery products were analyzed for the 12 HAPs and ash.

RESULTS AND DISCUSSION

The analytical data for the feed coals and their clean washability products
(Table 2) were used to estimate the ability to remove HAP elements from
finely-ground marketed Illinois coals through the use of advanced gravity
separators. The ranges of average concentrations for 12 HAP elements in the
27 samples of marketed Illincis ceoals (Fig. 3) were as follows:

<2 mg/kg: Be, Sb, Se, Th
2-10 mg/kg: As, Co, U
10-20 mg/kg: Cr, Ni, Pb

>20 mg/kg: Mn, P

The concentrations of all HAPs, except Be, in the coals were decreased (with
a few exceptions) as a result of F-S separation at -100 mesh size (Table 3,
Fig. 4). Some of the decreases (or enrichments) of element concentrations
calculated for some individual samples may be erroneous if the difference
between the concentration of a given element in the parent coal and that in
its clean F-S product is not greater than the analytical precision for that
particular element. Such decrease and enrichment errors, however, generally
cancel each other when mean values for the entire sample set are computed.
On average, Be was enriched in the -100 mesh washability products by 94% when
compared with the parent coals. This suggests that Be was finely disseminated
-(perhaps organically associated) within the coal macerals. Because some of
Be tends to stay with bottom ash and slag during coal combustion (Fig. 1),
and because the mean concentration of Be in the marketed coals was only 1.3
mg/kg (Fig. 3}, additional environmental risk due to an average of 94%
enrichment of this element could be very small.

The decrease in ash content ranged from 37% to 75% with an average of 53%
(Table 3, Fig 4). As a result, 9 of the 27 clean F-S products had ash
contents of 2.77% to 3.86% (Table 2). The average decreases for As, Mn, and
P exceeded that for ash, indicating that these three elements were somewhat
enriched in relatively coarse mineral grains that were effectively removed
during the F-S process; As was likely associated mainly with pyrite, Mn with
calcite, and P with apatite. Precombustion removal of As from coal is
important because of its relatively high atmospheric mobility during coal
combustion (Fig. 1). The decrease of Se, another element with relatively
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high atmospheric mobility (Fig. 1), was smaller than that of As but still
significant (37%). The average decreases for Cr(20%), Sb(19%), and U(1ly)
were relatively small. Although Sb can be mobilized by attachment to air-
borne fly ash particles, its small concentrations (Table 2, Fig. 3) could
limit any environmental risk associated with Sb emission from combustion of
marketed 1l1linois coals. Atmospheric emissions of Cr and U are expected to
be small because they tend to be fixed in coarse ash and slag during coal
combustion.

Grinding the 8 coals to -200 mesh (<74 pum) resulted in greater average
decreases for Sb, Se, and Th and a smaller decrease for Mn when compared with
decreases obtained for -100 mesh (<149 um) samples of the same coals (Table
4, Fig. 5). The changes in the amount of decrease of other elementg and ash
for -200 mesh samples relative to -100 mesh samples were not significant. It
should be noted that additional tests with varying centrifuge speed and
amount and type of dispersant should be conducted to determine whether the
F-S separation efficiency for -200 mesh samples can be increased.

The marketed coal products are currently ground to 70% passing 200 mesh (74
um) size for utilization in pulverized coal boilers which comprise over 90%
of the combustion units used in Illinois [Honaker et al., 1994]. Therefore,
because there would be no extra cost for grinding, an advanced coal cleaning
strategy that would substantially decrease HAPs, as well as ash and sulfur,
in Illinois coals beyond conventional cleaning can be economical

Furthermore, as much as 10% of the production of many coal preparation plants
in Illinois is fine coal waste. An efficient and low cost cleaning of this
fine coal waste would generate additional clean coal and thus increase
revenues from mined coal. Using clean coal would not only reduce atmospheric
HAPs emissions but also slagging and fouling at coal-fired power plants.

SUMMARY AND CONCLUSIONS .

Float-sink washability data on 27 samples of marketed Illinois coals
indicated that, at -100 mesh (<149 pm) particle size and with an 80%-
combustibles recovery, the ash contents of the coals can potentially be
decreased by 37% to 75% with an average of 53%, beyond conventional cleaning,
using advanced gravity-based coal cleaning. As a result, some of the clean
products could have ash contents of less than 3%. Decreases in ash contents
were accompanied by decreases in the levels of eleven HAPs (As, Co, Cr, Mn,
Ni, P, Pb, Sb, Se, Th, U) investigated, with a few exceptions. The average
decreases for As, Mn, and P exceeded that for ash. The average decrease of
Se was smaller than that of ash but still significant (37%). Precombustion
removal of As and Se from coal is important because of their relatively high
atmospheric mobility during coal combustion. On average, Be was enriched in
the washability products by 94% compared with the parent coals. Because of
its low concentrations in the coals and its low atmospheric mobility, the
enrichment of Be caused by fine coal cleaning could increase any related
environmental risk only slightly. The average decreases for Cr(20%), Sb{(19%),
and U(11%) were relatively small. Although Sb can be enriched in air-borne
fly ash particles, any environmental risk associated with atmospheric Sb
emission could be small because marketed Illinois coals generally have Sb
concentration of about 1 mg/kg or less. Most of Cr and U are expected to be
fixed in coarse ash and slag rather than emitted into the atmosphere during
coal combustion. The grinding of 8 of the coals to -200 mesh (<74 gm)
increased the removal of Sb, Se, and Th, decreased that of Mn and did not
significantly change those of other HAPs compared with the -100 mesh (<149
um) samples of the same coals. An efficient and low-cost fine coal cleaning
of marketed Illincis coals could reduce not only the atmospheric HAPs
emissions but also slagging and fouling at coal-fired power plants.
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Table 1. Relative precision and detection limits of methods
commonly used for analyses of HAPs and ash in coal samples

Relative Average
precision detection Methods*.

Element % Timit WOXRF S INAA OEP Pyrol(
Major and
minor oxides (%)
MnO ash 5 0.01 X
PO, ash 5 0.02 X
Trace elements (mg/kg)
As coal 7 1.0 X
Be ash 5 0.5 X
Cd ash 10 2.5 X
Co coal 5 0.3 X
cr ash 2 7.0 X
F coal 10 20.0 X
Hg coal 15 0.01 X+
Ni ash 10 15.0 X X
Pb ash 20 25.0 X X
Sb coal 10 0.2 X
Se coal 10 2.0 X
Th coal 0.4 X
Y coal 15 3.0 X

. Absolute
Constituent precision (%) Accuracy (%) ASTM method (1992)
Ash 0.10 0.5 D5142-90
*  WDXRF wavelength-dispersive x-ray fluorescence spectrometry

AAS atomic absorption spectrometry

INAA = instrumental neutron activation analysis
OEP = optical emission (photographic) spectrometry
PyroIC = pyrohydrolysis and ion chromatography

** Hg by cold vapor atomic absorption spectrometry
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Table 3. Percent changes in ash and HAPs contents as a result of F-S
separation of 27 samples of marketed Illinois coals ground to -100 mesh.
Each clean F-S product contained 80% of the combustible materials of its
parent sample. Negative values indicate decreases and positive va}ugs
enrichments. 1In the statistical computations, one-half the detection limit
was used for all values below the detection limit.*

FEED
COAL
NO. REGION _ Ash As 8e Co Cr Mn Ni P Pb Sb Se Th u
(32773 1 -43 -62 0 -13 -8 -67 -9 -50 17 0 -37 -17 -7l
€32774 1 -61 -55 175 -7 -24 -72 -73 -40 -33 -25 -25 25
QT 1 -46 -76 -83 7 -9 -83 -14 -61 -39 -27 ~31 -18 -36
€32778 1 -51 -7 118 -17 -22 -68 -13 -55 36 0 -33 -20 44
€32782 1 -49 -63 340 -25 -31 -73 0 -70 By -20 -47 -18 8
€32785 1 -55 70 ol -29 69 -39 76 -50 51 23 22
€32797 1 -46 -73 -23 -15 -63 -13 -64 0 29 -27 -5
32814 1 -44 -59 55 -40 9 77 -17 -57 -39 21 .15 0 -15
€32779 2 -60 -53 360 -35 -24 -69 -45 -61 ~14 -25 ~48 -31 0.
€32794 2 -59 -65 109 -25 0 <73 -43 -61 ~33 -33 -42 -21 -10
€32758 2 -54 -64 120 -42 -39 -70 -6 -60 73 Q -59 24 -4
32800 2 -37 -50 18 26 -53 -44 60 0 -46 -5 -21
(32813 2 46 -58 0 40 48 -60 -38 64 46 -9 -46 -29 24
€32815 2 -58 -70 320 -37 -2l -70 -40 -70 -9 -33 -52 -29 0
32784 3 -59 -48 94 -40 -18 -62 -40 -30 -9 =21 -3 -50
€32795 3 -52 -39 0 -4 -18 -64 -22 -30 -38 0 -27 -33 -58
€32799 3 -70 -91 -9 -28 -92 -13 37 -17 -31 44 0
€32801 3 -44 -54 -32 -17 -57 -50 -30 0 -27 -27 0
€32803 3 43 56 22 8 64 -46 61 -25 -40 19 18
€32661 aH -51 -56 56 -4 -19 -65 -64 -61 ~37 -40 -50 -33 -16
€32665 4H -60 -70 -17 -42 -8 -76 -55 -70 -68 -25 -47 -31 -2
€32771 4H -66 -76 45 -54 -14 -78 -10 -61 -4l -33 -43 -39 -5
€32776 aH -85 -63 -7 -36 -13 -74 -42 -61 30 -14 -29 -36 6
(32662 45 -48 -63 93 -36 -22 -60 -29 -58 ~52 -20 -3 -37 -1§
(32772 4s -53 -68 0 -41 -11 -79 -3 -49 -15 -14 -23 -23 0
€32781 45 -47 -67 120 -37 -17 <73 -18 <70 -30 -29 -48 -25 -25
€32793 45 -75 -75 67 -33 -46 -79 -3 -67 -69 -8 -18 -56 -25
mean all -53 -64 94 -31 -20 -70 -32 -57 -38 -19 -37 -28 -1
stdev all 9 10 117 16 12 8 18 13 25 14 12 10 24

* blank spaces indicate that no data were available at the time of this writing.

a

Table 4. Percent changes in ash and HAPs contents as a result of F-S
separation of 8 samples of marketed Illinois coals ground to -100 and -200
mesh. Each clean F-S product contained 80% of the combustible materis2s of
its parent sample. Negative values indicate decreases and positive values
enrichments. In the statistical computations, one-half the detection limit
was used for all values less than the detection limit.*

FEEQ

COAL MESH

NO. REGION STZE Ash A Be Co Cr Mn Ni P Pb Sb Se Th u
€32773 1 -100 -43 -62 0 -1 -8 -67 -9 -50 -17 0 -37 -7 -7
€32774 1 -100 -61 -56 175 -7 -24 -72 -73 -40 -33 -25 -25 25
(32794 2 -100 -59 -65 109 -25 0 -73 -43 -61 -33 -33 -42 -21 -10
£32813 2 -160 -46 -58 a -4¢ -48 -60 -38 -64 -46 -29 -46 -23 24
32784 3 -100 -59 -48 94 -40 -13 -62 -40 -30 -9 -21 -3 -50
(32665 4H  -100 -60 -70 -17 -42 -8 -76 -55 -70 -68 -25 -47 -3 -2
£32771 4 -100 -66 -7% 45 -54 .14 -78 -10 -61 -41 -33 -43 -39 -5
€32772 45 -100 -53 -68 0 -41 -1 <79 -3 -49 -15 -14 -23 -23 0
mean an -56 -63 51 -41 -17 -7 -3 -53 -37 22 -36 -28 -7
stdev an 7 8 64 16 14 7 20 13 18 12 10 ? 29
€32773 1 -200 -44 -54 60 -2 -17 -38 -21 -41 -17 -50 -53 -25 -n
€32774 1 -200 -63 -63 125 -55 12 72 -60 -40 -25 -58 -25 25
£327194 2 -200 -46 -57 91 -36 -34 -53 -57 -4l 83 -33 -53 -3 -20
(32813 2 -200 -61 -67 93 -34 -50 -58 -50 -69 -81 -14 -70 -43 -14
€32784 3 -200 -61 -67 33 -33 -18 -47 -40 -20 -20 -18 -43 -43 0
C32665  4H  -200 -63 -80 S8 -36 -8 -56 -18 -61 -68 -50 -53 -38 -7
€32771 44 -200 -59 73 64 -3 0 -44 10 -50 -68 -3 -50 - -5
€32772 45 -200 -61 -79 40 -28 -1 -62 -3 -55 -55 -14 -46 - 0
mean all -57 -68 7 -35 -15 -54 -34 -47 33 -30 -53 -4 -12
stdev all 7 9 28 9 _1s 10 22 14 53 14 8 7 26

* blank spaces indicate that no data were available at the time of this writing.
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Coarse slag/ash

increasing volatility

Figure 1. Enrichment of HAPs in different coal combustion and gasification
products (after Clarke and Sloss, 1992).

Figure 2. Sample regions of Illinois coal field. Region 4 was subdivided
by seam into Herrin (H) and Springfield (S) coals.
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Figure 3. Mean concentrations of 12 HAPs in 27 samples of marketed Illinois
coals.
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Figure 4. Average estimated changes in concentrations of 12 HAPs in 27

samples of marketed Illinois coals ground to -100 mesh if an advanced gravity

separation process were applied and 80% of the combustible materials
recovered from the process.
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Figure 5. Average estimated changes in concentrations of 12 HAPs in 8§
samples of marketed Illinois coals ground to -100 and -200 mesh if an
advanced gravity separation process were applied and B0% of the combustible
materials recovered from the process.
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TRACE ELEMENT CONTENT OF CLEANED ILLINOIS BASIN COAL

Karen A. Katrinak, Raymond A. DeWall, and Ronald C. Timpe
Energy & Environmental Research Center
University of North Dakota
Grand Forks, North Dakota 58202

Keywords: Trace metals, coal, scanning electron microscopy
ABSTRACT

Iilinois Basin coal samples treated to extract organic sulfur and selected hazardous air pollutants
(HAPs) were examined for trace metal content using scanning electron microscopy with wavelength-
dispersive spectrometry (SEM-WDS). The extraction process used subcritical water, defined as water
held in the liquid state under sufficient pressure to remain liquid at temperatures greater than the normal
boiling point, but below the supercritical point of water (218 atm and 374°C). The samples were
sink-floated to remove pyrite prior to receiving the subcritical extraction treatment. Some mineral
matter remains in the coal, including sulfates, aluminosilicates, and small amounts of pyrite. In
individual mineral grains in the unextracted coal, mercury is found intermittently at levels up to 0.62
wt%, arsenic at up to 0.28 wt%, and selenium at up to 0.38 wt%. These occurrences appear to be
localized concentrations.

INTRODUCTION

Scanning electron microscopy with wavelength-dispersive spectrometry (SEM-WDS) is useful
for determining the trace metal content of materials in situations where high spatial resolution is
desired. The technique is more time-consuming than atomic absorption or other methods used to
determine bulk trace element content of materials, but the additional effort required provides
information unobtainable through other means. For coal samples, use of SEM-WDS allows the
associations of trace metals with particular minerals in coal to be determined. This approach is
particularly important in gaining the information necessary to determine how coal-cleaning processes
work.

METHODS

Samples were mounted in carnauba wax, cross-sectioned, polished, and carbon-coated to
improve conductivity. Analyses were conducted on a JEOL 35C scanning electron microscope
equipped with two JEOL wavelength-dispersive spectrometers with xenon-filler proportional counters
and a Noran Instruments energy-dispersive spectrometer. The microscope is controlled by a Noran
Instruments Voyager 2 computer system.

The microscope was operated at an accelerating voltage of 25 kV with a beam current of 100 nA.
Wavelength-dispersive spectral peaks were counted for 100 s. Live time for each energy-dispersive
spectrum used t0 obtain major-element chemistry was 30 s. Certified standards were used for
calibration. The data were subjected to ZAF (atomic number, absorption, and fluorescence)
corrections following collection. The detection limit for arsenic, selenium, and mercury using the
SEM-WDS technique is approximately 0.01 wt%.

Four samples of Illinois Basin Coal were characterized: raw IBC-101, extracted IBC-101, raw
IBC-102, and extracted IBC-102. The extracted coals were treated with subcritical water, defined as
water held in the liquid state under sufficient pressure to remain liquid at temperatures greater than the

" normal boiling point, but below the supercritical point of water (218 aun and 374 °C). The samples

were sink—floated to remove pyrite prior to receiving the subcritical extraction treatment. Arsenic,
selenium, and mercury were measured in individual mineral grains from each raw and extracted coal.
Major element composition was also determined.

RESULTS AND DISCUSSION

Results show that trace metals are distributed irregularly throughout the mineral matter in the
four samples. Data are presented in Tables | through 4 for the IBC-101 raw coal, IBC-101 extracted
coal, IBC-102 raw coal, and IBC-102 extracted coal, respectively. The mineral grains analyzed
represent a wide variety of compositions, including aluminosilicate, calcium sulfate, pyrite, and iron
oxide. The copper-rich grains analyzed represent an additive used in the extraction process.

The most dramatic difference in major element composition between raw and extracted coal
samples is for sulfur. Sulfur is abundant in both of the raw coal samples, but is almost entirely absent
in the extracted samples, demonstrating that the extraction process is effective at removing this element.
Iron is present at high levels in both raw and extracted samples.
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Arsenic, selenium, and mercury occur in both raw and extracted samples, suggesting that the
coal-cleaning process may not completely remove these trace metals. In the [BC-101 samples, mercury
and selenium appear to have been reduced by the extraction process, but arsenic is more abundant in
the extracted sample. In the case of the IBC-102 sample, the extraction process may have added
mercury, as this element is present in a greater proportion of the mineral grains and in higher
concentrations in the extracted sample than in the raw sample. Arsenic and selenium occur with
roughly equivalent frequency and concentration in the raw and extracted IBC-102 samples. Most of
the mineral grains analyzed contained one or more of these elements, although none of the grains
contained all three of the trace metals measured.

CONCLUSIONS

Results presented here show that the distribution of trace metals in raw and extracted coals varies
greatly. Arsenic, selenium, and mercury were found to be associated with a range of mineral
compositions and are present even in low-pyrite cleaned coals. The extraction process appears to
remove sulfur effectively, but some trace metals may remain in the coal after treatment.
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TABLE 1

Elemental Composition of Individual Mineral Grains in IBC-101 Raw Coal

Trace Metals, Major Elements, Total,
Point wt% wt% wt%
No. As Se Hg Al Si P S Ca Fe
1 ND* 0.02 037 ND ND ND 36.11 ND 63.49 99.99
2 ND 038 0.13 ND ND ND 43.04 5646 ND 100.01

3a ND 001 0.04 ND ND 2.12 40.05 57.79 ND 100.01
3b ND 0.04 ND ND ND ND 39.97 48.17 11.83 | 100.01
3 ND 003 062 | ND ND ND 4224 57.12 ND 100.01
3d ND 0.02 ND ND 1323 ND 40.92 45.83 ND 100.00
3e 002 001 ND {299 975 ND 3451 3401 18.71 | 100.00
3f ND 0.03 ND ND ND ND 4434 55.64 ND 100.01
3g ND 001 ND ND 10.19 ND 32.72 17.58 39.51 | 100.01
3h 028 002 ND 8.73 2870 ND 1574 ND 4435 100.00

3i ND 001 ND ND ND ND 44.03 5597 ND 100.01
3j ND 0.02 ND | 6.4l 20.19 ND 11.58 5.60 56.21 99.99
3k 001 002 ND ND ND ND 1243 ND 87.54 | 100.00
4a ND ND ND | ND ND ND 2025 ND 79.74 99.99
4b ND ND ND ND ND ND 2043 ND 79.58 | 100.01
4c 001 ND ND ND ND ND 2130 ND 78.68 99.99
4d 007 0.01 ND 773 1445 ND 3696 ND 40.77 99.99
4e ND ND ND |17.01 2142 ND 2478 ND 36.80 | 100.01
4f 001 001 ND |3545 6453 ND ND ND ND 100.00

4g 001 001 ND ND ND ND 41.66 ND 58.33 100.01
4h 001 001 ND |3462 6537 ND ND ND ND 100.01

* Not detected.
TABLE 2
Elemental Composition of Individual Mineral Grains in IBC-101 Extracted Coal
Trace Metals, Major Elements, Total,

Point wt% wt% wt%

No. As Se Hg Mg Al Si S Ca Ti Fe Cu
. 1 ND* 001 ND| ND 2723 1207 ND ND ND 60.68 ND 99.99
} 2 ND ND ND| ND 4995 50.05 ND ND ND ND ND | 100.00

3 ND 001 ND| ND ND ND ND ND ND 9999 ND | 100.00
4 ND ND ND| ND 5684 43,16 ND ND ND  ND ND |} 100.00
5 0.03 002 ND| ND ND 478 ND ND ND ND  95.17 | 100.00
6 ND 0.03 ND| ND ND ND ND ND ND 9997 ND | 100.00
7 ND ND ND| ND ND ND ND ND ND 100.00 ND | 100.00
8a 006 ND ND| 766 ND 2611 ND 2302 ND 43.15 ND | 100.00
8b 0.14 ND ND| 3.78 ND 7.21 ND 2447 ND 64.39 ND 99.99
8 0.12 ND ND|{ 942 ND 3232 ND 12.19 6.10 39.85 ND | 100,00
8d 025 ND ND|[23.42 ND 5139 ND ND ND 2494 ND | 100.00
8e 007 ND NDJ 270 ND 2698 ND 49.81 88 1162 ND | 100.01
8f 0.18 ND ND {1033 ND 2413 ND 729 274 5533 ND | 100.00

* Not detected.
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TABLE 3

Elemental Composition of Individual Mineral Grains in IBC-102 Raw Coal

Trace Metals, Major Elements, Total,
Point wt% wt% wt%
No. As Se Hg Al Si S Ca Ti Fe Zn
1 ND* 0.03 ND ND ND 3400 ND ND ND 6596 99.99
2 ND 001 ND ND ND 3794 ND ND 62.05 ND |100.00
3 0.01 ND ND ND ND 50.91 ND ND 49.08 ND 99.99
4 ND ND ND | ND ND 5279 ND ND. 47.21 ND | 100.00
5 ND 0.01 ND ND ND 46.74 ND ND 5325 ND | 100.00
6 ND ND ND | ND ND 50.66 ND ND 49.33 ND | 99.99
7 ND ND ND ND 3.53 40.75 5572 ND ND ND | 100.00
8 ND ND ND ND ND 5284 ND ND 47.16 ND | 100.00
9 ND ND ND ND 093 55.84 ND ND 43,23 ND | 100.00
10 0.01 ND ND 5.79 424 48.05 ND ND 4191 ND |100.00
11 0.02 ND 0.01 ND ND 55.25 ND ND 4472 ND | 100.00
12 ND ND ND ND ND ND 100.00 ND ND ND | 100.00
13 ND ND 0.01| 2462 5198 ND ND 290 9.55 ND |100.01
14 0.03 ND 0.01| ND ND 5330 ND ND 46.66 ND |100.00
15 0.01 ND ND | 16.69 4093 1990 ND ND 1262 ND |100.01
16 ND ND ND ND ND 53.25 ND ND 46.75. ND | 100.00
17 ND ND ND ND ND 5471 ND ND 4529 ND | 100.00
* Not detected.
TABLE 4
Elemental Composition of Individual Mineral Grains in IBC-102 Extracted Coal
Trace Metals, Major Elements, Total,
Point wt% wt% wt%
No. As Se Hg Al Si S Mn Fe Cu
1 0.01 0.01 ND* | ND ND ND ND 99.98 ND 100.00
2 0.02 003 ND | ND ND ND ND  99.94 ND 99.99
3 0.03 003 ND | ND ND ND ND  99.93 ND 99.99
4 006 005 ND ND ND ND ND 99.89 ND 100.00
5 ND ND ND | ND ND ND ND ND 100.00 100.00
6 ND ND 0.08 | ND ND ND ND 9992 ND 100.00
7 ND ND 0.01 | ND ND ND ND 99.99 ND 100.00
8 ND ND 0.02 | ND ND ND ND 99.98 ND 100.00
9 ND ND ND | ND ND ND ND 247 97.52 99.99
10 ND ND 0.01 ND ND ND ND 99.99 ND 100.00
11 ND ND ND | ND ND ND ND 100.00 ND 100.00
12 ND ND 0.08| ND 0.48 ND 0.60 98.84 ND 100.00
13 003 ND 006 ND ND 0.52 ND 99.38 ND 99.99
14 ND ND 0.05| ND ND ND ND 99.95 ND 100.00
15 ND ND 0.06 | ND ND ND ND 99.93 ND 100.00
16 ND ND ND | ND ND ND ND  100.00 ND 100.00
17 ND ND 0.05 | ND ND ND ND 99.95 ND 100.00
18 ND ND 0.02| ND ND ND ND 99.98 ND 100.00
19 ND ND 003 | ND ND ND ND 99.97 ND 100.00
20 ND ND 0.04 | ND ND ND ND 99.96 ND 100.00
21 ND ND 0.01 | ND ND ND ND 99.99 ND 100.00
* Not detected.
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CHROMIUM VALENCE FORMS OF COAL FLY ASH IN THE SOLID STATE AND
LEACHATES ’
John L. Wong, Zhanling Shi, and Anhua Liu
Department of Chemistry, University of Louisville
Louisville, Kentucky 40292

Keywords: Cr speciation, solution chemistry of Cr in leachates, carbon paste electrode

INTRODUCTION. Speciation of chromium in fly ash is a significant and complicated issue.
Huggins et al. {1} used a synchrotron X-ray method to show that most of the chromium in coal fly
ash is Cr(III), an important finding that should be evaluated further. Also, questions pertaining to
the bioavailability of Cr and its phase distribution in fly ash, whose determination is subject to the
redox chemistry of fly ash, will need to be answered for risk assessment purpose.

METHODOLOGY. Cr(VI) in leachates was determined by cathodic stripping voltammetry
(CSV), and Cr(lII), Cr(total) as Cr( V1) after H0; treatment [2,3). Independent analysis of
Cr(III) and Cr(VI) was achieved by either separating Cr(IIL,VI) on Chelex 100 [4] prior to CSV
or by using a diphenylcarbazide (DPCI1)-modified carbon paste electrode (CPE) in cyclic
voltammetry of the mixture [5]. By doping CPE with fly ash and/or standard and using it in a
DPCl-containing electrolyte, the Cr valence forms in the solid state were quantitated. Fe(ILIII)
speciation was carried out spectrophotometrically {6]. The Tessler procedure modified for phase
separation and digestion of Ni in fly ash {7} was adapted for Cr speciation. SRM 1633b was
obtained from NIST and CFF ash samples from Dr. Huggins of the Univ. of Kentucky.

RESULTS AND DISCUSSION. Table 1 shows Cr(VI) to be 72-82% of total Cr in the 50% HF
digest of 4 coal fly ash samples, contradicting the X-ray solid analysis by Huggins et al. [1]. The
SRM ash was extracted sequentially and compared with total digestion for valence form and mass
balance. As shown in Table 2, the water-soluble and bioavailable Cr (Step 1) is only Cr(III). No
Cr was detected in the iron oxide matrix (Step 2). The electromagnetic Cr phase (Step 3) may be
Ni-Cr alloy or CrO; . In acid extractions, Cr(III) was 1.8 times of Cr(VI) in HCI, but Cr(VI) was
2.6 times of Cr(I11) in HF. The summation of Cr(III} in extracts 1-5 was 41% vs. 27% in the total
digest. Starting with the residue of Step 3 where the water-soluble, iron oxide, and magnetic
phases were removed, Table 3 showed that the 2-step acid extraction yielded 35% of total
remaining Cr as Cr(IlI) vs. 29% from the single step treatment. In all these extractions, the Cr
mass balance was 99-100%. It seems likely that redox chemistry in different leachates may have
effected these varying ratios of Cr valence forms.

To understand redox chemistry in Cr speciation, the Fe(ILIII) species in the 5 sequential extracts
of 1633b are shown in Table 4. The absence of Fe(Il) in leachate 1 is indicative of the true origin
of Cr(II1) identified therein. Table 5 validates the reducing power of Fe(II) and FeS; in 3
extractants. For comparison, arsenite did not reduce Cr(VI) at pH 5 but gave partial reduction in
acid (cf. Table 6). In leachates 4 and 5, there was no Fe(II) detected and Cr(VI) was observed.
In Table 6 is shown the partial oxidation of Cr(III) by MnO; at pHS and complete oxidation in
acid. The latter may be responsible for generating Cr(VI) in the acid leachates of the coal fly ash.

Solid state voltammetric peaks of Cr(III) at 600 mV (Fig.1A) and Cr(VI) at -600 mV (Fig. 1B) are
diagnostic of Cr valence forms. Direct Cr speciation of 2 coal fly ash, Fig. 2 for SRM 1633b and
Fig. 3 for LS§102, revealed Cr(Ill) only, whose oxidation peak was enhanced by spiking with
Cr,0; (Fig.4,5). The quantitation of Cr(1If) shown in Table 7 agrees to within 5% of the total Cr
found in the HF-digested samples. In Fig. 6 is shown the emergence of the Cr(VI) peak at -600
mV in the residue of 1633b heated in 2N HCl for 2 h, which disappeared after heating it for 4 h.

A similar phenomenon is seen in Fig. 7 for 1633b heated in 50% HF but the Cr peaks were
broadened due to more extensive leaching. The Cr species in the solids and leachates of 1633b
were determined to obtain closure. As shown in Table 8, Cr(III) in 1633b was either oxidized to
Cr(VI) and detectable on the residue surface or dissolved and then partly oxidized in solution.
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Table 1. Voltammetric analysis of chromium valence states of HF digests of coal fly ash

Cr(VD)

Samples? Cr(VI) Cr Total Cr Total

ug/g ug/g %Total
CFF-LS100 116.3 155.1 75.0
CFF-LS102 112.1 137.4 81.6
CFF-LS100/FLT 1088 140.8 773
SRM 1633b 142.0 196.4 72.3

a .
CFF samples were obtained from Dr. F.E. Huggins, Univ. of Kentucky, who showed Cr(1II)
to be the predominant species by XAFS spectroscopy.

Table 2. Chromium speciation of SRM 1633b by phase separation

Sequential Cr(III) Cr(VI) Cr(1tl)

Extraction ug/g % ug/g % ug/g % certified®

1. NaOAc, pHS 13.0 100.0 00 0.0 12.7 6.7

2. Na28204-Citrate 0.0 0.0 0.0 0.0 0.0 0.0
pHS

3. Electromagnet - - - - 5.9 3.0

4. 2N HCI, heat 302 64.9 16.4 35.1 46.8 24.0

5. 50% HF, heat 356 28.1 91.1 719 1294 66.4
Extracts 1 to 5 78.8 41.0 107.5 59.0 194.8 100.1
50% HF (total digest) 535 269 1454 731 1964  99.1

a
Cr certified 198.2 ug/g

Table 3. Comparison of chromium valence state of SRM 1633b by 2 extractions
A: Electromagnet residue ------ 2N HCI -—--- 50% HF

B: Electromagnet residug ---o-~e==sneeemcomen-- 50% HF

Sequential A B

Extractions Cr(Ill) Cr(V]) Cr(Tot) Cr(lll) Co(V]) Cr(Tot)

ug/g ug/g ug/g ug/g ug/g ug/g

2N HCl 30.7 16.5 46.6
CV% 4.0 31 2.6 '

50% HF 30.9 97.7 127.8 50.3 123.8 175.3
CV% 4.8 2.9 23 3.0 2.8 4.6
Subtotal 61.6 114.2 174.4 50.3 123.8 175.3
% Valence 35.0 65.0 28.9 71.1
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Table 4. Mass balance of Fe determination in 5-step extraction of SRM 1633b

Extraction Fe2+ found Fe3+ found Fe(T) found % Certified
step (ug/g) (ug/p) (ug/g)

1. NaOAc, pH 5 0.0 2076.8 2076.8 2.7

2. Na28204-citrate, pH 5 6367.0 0.0 6367.0 82

3. electromagnet 5447.7 9990.2 154379 19.9

4. 2 N HC], heat 0.0 81444 81444 10.5
5.50 % HF, heat 0.0 45462.6 454626 58.7
Total 11814.7 65674.0 77488.7 100.0

Fe Certified in 1633b: 77800 ug/g

Table 5. Fate of Cr(VI) in the presence of Fe(Il) and FeS2 in extractions

A, Cr Recovered B, Cr Recovered
Extractant Cr(III) Cr(111) Cr(VI)
| ug % ug % ug %
', NaOAc, pHS 472 944 000 00 096  96.0
. Bransonic )
\ 2N HC], heat 491 982 096 96.0 0.00 0.0
50% HF, heat 4.88 97.6 1.05 105.0 0.00 0.0

N - — -

A: 5ug Cr(VI) + 50 ug Fe(Il)
B: 1 ug Cr(VI) + 10 mg FeS2

Table 6. Fate of Cr(III) and Cr(VI) in the presence of arsenite and MnO2

N A, Cr Recovered B, Cr Recovered
' Extractant Cr(Ill) Cr(VD) Cr(I1D) Cr(VI)
ug % ug % ug % ug %
NaOAc, pHS 0] 0 477 954 230 460 2.80 56.0
Bransonic
2N HCI, heat 235 4.7 2.47 494 000 00 4.76 952
50% HF, heat 231 462 244 488 000 00 480 960

A: Sug Cr(VI) + 5 ug As(1ll)
B: 5 ug Cr(IlI) + 10 mg As(V)
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a
Table 7. Solid state Cr speciation of fly ash by CPE

Fly Ash Peak Current Cr(11l) found cv Critotal)®
uA ug/g % ug/g

SRM 1633b 346 205.5 25 195

CFF-LS102 5.60 1354 49 137

3Carbon paste electrode: fly ash-CPE in electrolyte: 0.002M H2S04+0.5M KNO3+10-4M DPCI,
single peak from anodic scan, no Cr(VI) peak in cathodic scan; CV from 3 seperate analysis

cCr determined after digestion of fly ash in 50% HF
Certified Cr 198.2 ug/g

Table 8. Chromium sepeciation of SRM 1633b in solids and leachates

Treatment Cr in solids (ug/g) Cr in leachates ug/g) Cr(sum) 9
Cr(Ill) Cr(VI) Cr(11I) Cr(VI) Cr certified
(None) before extraction  205.5 0 0 0 105.4
2N HCI, heat 2h 146.1 965 294 1.5 99.1
2N HC]), heat 4h 1354 0 394 227 99.5
50% HF, heat 4h 0 0 53.9 149.2 102.2

2100 mg 1633b--1 g carbon as CPE in electrolyte 0.002M H2504+0.5M KNO3+10-4M DPCI
bDPCI—-MCPE in electrolyte 0.002M H2504+0.5M KNO3
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Fig. LA Oxidation voltammograms of Cr(Ill} in
carbon paste electrod in electrolyte: 2X10°3 M
Hy504+0.5 M KNO;+10"* M DPCI

1-- 100 mg KCr(SO4),/g carbon

2-- 100 mg Cry03/g carbon

Fig. 1B Reduction voltammograms of Cr(VI) in
carbon paste electrode in the above electrolyte.

1-- 100 mg PbCrO4/g carbon

2-100 mg BaCrOy4/g carbon
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Fig. 2 Cyclic voltammograms of SRM 1633b in carbon paste electrode (100 mg/g) in the above electrolyte,

A—plotted 1000 mV-0 mV at +50 pA B~ plotied -1000 mV—0 mV at + 200 nA.
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INTRODUCTION

The Clean Air Act Amendments of 1990 identify a number of hazardous air pollutants (HAPs) as
candidates for regulation. Should regulations be imposed on HAP emissions from coal-fired power
plants, a sound understanding of the fundamental principles controlling the formation and
partitioning of toxic species during coal combustion will be needed. For this reason PSI
Technologies, under the support of the U.S. DOE, the Electric Power Research Institute (EPRI), and
the Technical Research of Finland (VTT), has teamed with researchers from the USGS and several
leading universities to determine the dominant mechanisms that control trace element partitioning
in combustion systems. The final objective of this program will be to develop a broadly applicable
emissions model useful to regulators and utility planners.

)

This paper describes the need for this type of fundamentally based emissions model, and some of
the important data required to develop such a model. Some of these data include the elemental
modes of occurrence in coal of important trace elements, and how these modes of occurrence may
control the partitioning of these elements in combustion systems. The current program to study these
issues is presented, as are the results obtained to date. Four coals have been selected for their
diversity in mineralogy and trace element composition. - After a description of the rationale for the
approach, preliminary data on coal composition and on modes of occurrence of trace elements in the
coals are presented.

RATIONALE

Current understanding about toxic species transformations and partitioning in coal-fired combustion
systems points to gaps in data that need to be filled in order to produce a model that will be useful
for both new and existing combustion sources. The large amount of data accumulated from field and
laboratory tests has defined the general behavior of toxic and trace species during coal combustion.
One of the major efforts to collect field data is the Power Plant Integrated Systems Chemical
Emissions Study (PISCES) led by EPRI. Within PISCES, EPRI performed an extensive literature
search on the partitioning of toxic and trace species into the various cutput streams of power plants.
Detailed field measurements were also made of the concentrations of 22 species in the effluent
streams of power plants.! This effort has resulted in a large database of emissions of trace and toxic
species.? Organic toxins may also be emitted from coal-fired systems. Field studies suggested that
emissions of organic species from coal-fired plants are tied to the combustion efficiency and are
typically much lower than emissions of inorganic species.>*

There appears to be a consensus of opinion that the four most critical trace elements for coal
combustion are Hg, As, Cr, and Se. Ni, Mn, and Pb are of lesser concern, while the remaining
elements (Sb, Be, Co, Cd) appear to present little cause for concem for coal utilization because of
their low abundance in coal and their insignificant contribution to pollution of the atmosphere in
comparison to non-coal source.® Chlorine and the other halogens are also of concemn. Chlorine, in
particular, can be found at concentrations in excess of 1000 ppm in some bituminous coals. Thus
for some power plants, either HCI or Cl, may exceed the 10 ton/y CAAA limit. Also chlorine may
play a key role in determining the volatility of mercury.’

Messerole and Chow®, using PISCES data, found that several elements, including As, Cd, Hg, and
Se, typically vaporize in utility boilers. Some of these condense on flyash particles and are removed
by pollution control devices. Others such as Hg, F, and Cl are emitted predominantly as vapors.
However, significant variations in trace element behavior were noted, possibly caused by interactions
with other minerals or differences in modes of occurrence in the parent coal. This was emphasized
by Meij’, who observed large differences in Hg and As partitioning as coal type was varied in one
utility boiler unit. These difference were attributable to differences in the mode of occurrence and
the combustion transformations of these metals. If the fundamental mechanisms that govern the
behavior of these species were understood, the utility industry could better predict emission rates.
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This need increases in importance when unique fuels, equipment configurations, and operating
conditions are considered.

Other investigators have studied the behavior of trace elements in laboratory combustion systems
as reviewed in recent papers.'*'> Despite these efforts, mechanistic information is generally lacking.
For example, Linak and Wendt'' presented the results from several laboratory and field studies on
the enrichment of trace elements in the submicron ash. Although the data set is not entirely
consistent for all species, it does show enrichment of several elements in the submicron ash which
is most likely to escape from particulate control devices. These elements include Sb, As, Cd, Cr, Pb,
Hg, Ni, and Se. Other elements such as Cl were found to remain in the vapor phase.

Previous mineral matter transformation work has demonstrated the critical importance of the forms
or modes of occurrence of trace elements in coal on their behavior during combustion.'*!* The mode
of occurrence of an element is important because of the tremendous diversity in which an element
can be found in coal."*'® An element can be completely dispersed throughout the coal macerals or
can exist within its own discrete mineral phase. Organically associated metals such as sodium
typically vaporize during combustion. Metals contained in clays, on the other hand, typically do no
vaporize. Bool and Helble showed that the volatility of a number of trace metals is dependent on
elemental form in the coal.”> Quann et al. noted the importance of form in a systematic study of
twenty different coals burned under well-characterized conditions."”

One of the first methods developed for estimating emissions from power plants was the use of
empirical emissions factors.'®'® For example, based on data from five boilers, Brooks reports an
average emission factor of 684 1b/10'2 Btu for arsenic in uncontrolled dry-bottom pulverized coal
boilers.'® Although emissions factors are useful for preliminary calculations, they are clearly
inappropriate for use in determining regulatory compliance or in predicting the effect of fuel and
boiler modifications on partitioning and emissions. A more complex model to predict trace species
partitioning, based on the PISCES database, has been developed by Rubin and co-workers.'®'* This
model uses a probabilistic analysis to predict the partitioning of a given element into the various
output streams of a coal-fired utility boiler. Boiler configuration inputs are combined with trace
element partitioning data from the PISCES database. The model predicts a range of emission values
based on the uncertainties of the inputs (i.e., species concentrations in the coal). The model has been
shown to predict emissions of several species for specific power plants with a reasonable degrec of
accuracy. Use of the model is best suited to well-defined configurations for which partitioning data
are available. Since the PISCES project covered less than 5% of the approximately 1,750 utility
boilers in the U.S., many existing facilities fall "outside" the data base. For novel fuels and boiler
configurations, the uncertainty in predicted toxic species emission will be high.

The large amount of data accumulated from the field and from laboratory tests has defined the
general behavior of toxic and trace species during coal combustion. Concentrations of toxic
elements have been measured for many coals. A broad variation in elemental form has been reported
for many elements with major data gaps existing. Very little information on the interactions of trace
species with major coal minerals is available. The four most critical trace toxic metals that are
emitted to the environment by coal combustion are Hg, As, Cr, and Se. Halogens, particularly Cl,
are also of key importance. In order to meet the challenges of cleaner power production in the future,
anew method is needed to predict emissions of toxic species from a wide range of fuels (and blends)
and from many different kinds of combustion systems. The specific approach taken by the team is
described below. )

TECHNICAL APPROACH

The discussion in the preceding section illustrates the need to perform a comprehensive program to
determine how the form of occurence of an element in coal and the combustion conditions control
the partitioning of that element in combustion system. This information, if obtained as part of
carefully planned combustion experimentation, will be crucial to better understand the partitioning
data collected in full scale units, and to develop a model applicable to all types of coal fired
combustion systems. With this objective, the PSIT-led team has begun a multi-year program to
determine the forms of occurence in coal, and the effect of the combustion (and post combustion)
environment on partitioning of these elements. Participants in the program include researchers from
MIT, Princeton University, University of Arizona, University of Connecticut, University of
Kentucky, USGS, and VTT. The following section describes many of the tools that will be used,
and the combustion facilities that will be used, to address these issues.

Direct identification of the modes of occurrence of trace inorganic species in coal and ash using
unique analytical techniques such as XAFS analysis and selective leaching forms a comerstone of
the approach. Elemental modes of occurrence will be established for the key elements using a
combined microscopic/spectroscopic approach. XAFS spectroscopy is currently capable of
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supplying information in the middle of the periodic table (Ti-Sn) with abundances in excess of 5 to
10 ppm.'® Whereas XAFS spectroscopy will provide a specific signature of all modes of a given
element in the coal in a single spectrum, the microscopic-based methods will provide valuable
complementary information on the spatial distribution and association of the element. This
combined approach, which has not been attempted before, should provide the more information than
has been available previously about an element's mode of occurrence in coal. Elemental modes of
occurrence will also be determined for trace species using an analytical procedure developed by

USGS. This protocol combines low temperature ashing, chemical analysis, x-ray diffraction, coal -

segregation via flotation, leaching, electron microbeam measurements, and low and moderate
temperature heating tests to elucidate forms of elements in coal.

Combustion testing will be used to determine the importance of each of four fundamental processes
that may influence the speciation and partitioning of trace metals during combustion. These
processes are (1) vaporization of metallic species, (2) gas-phase transformations of metallic species,
(3) condensation of gaseous metallic species, and (4) solid transformations of metallic species. In
general all four of these processes can take place simultaneously and in competition with each other.

A unique aspect of the program is an attempt to isolate and study these steps as much as possible
while retaining the conditions that are typically present during coal combustion. Fundamental bench
scale studies will be used to isolate vaporization and condensation of trace metals. Combustion of
size and density-classified coal particles will allow a mechanistic interpretation of vaporization.
Thermogravimetric studies of metal vapor-solid interactions will provide information on the
interactions between gaseous species and ash particles post-combustion. [ntegrated combustion
experiments using utility grind coal samples and realistic combustion stoichiometries will allow the
evaluation of excluded mineral and combustion effects. Self-sustained combustion experiments
using a 100,000 Btu/h coal-fired combustor with realistic heating and cooling rates permits the
examination of trace metal pariitioning when all the important mechanisms are combined.

A critical review of available field data provides guidance for the overall program direction and
model validation. An analysis of steady state and transient organic emissions from field data will
be conducted to determine whether organic toxic emissions pose a concern and should therefore be
included in ToPEM. Inorganic emissions reported from recent comprehensive field sampling
campaigns will also be reviewed and one or more sets of model validation data will be selected from
DoE or EPRI field studies consisting of coal composition, combustion conditions, and concentrations
of trace metals in solid and gaseous streams, including the effects of back end conditions on trace
metal partitioning. The effect of coal type and combustion conditions on submicron ash morphology
will also be assessed using data collected by VTT.

COAL CHARACTERIZATION

Four coals have been acquired for the Phase I baseline studies. All coals are currently being used
by utilities in the United States and represent a diversity of coal and mineral types. The coals are
(1) Mlinois 6 (Burning Star No. 4 mine), (2) Washed Pittsburgh Seam (Blacksville mine), (3) Eastern
Kentucky coal (Elkhomn and Hazard seams), and (4) Wyodak subbituminous (Black Thunder mine).
All coals will be analyzed for trace element content (Instrumental Neutron Activation Analysis), for
iron oxidation state (Mossbauer spectroscopy), mineral distribution (Computer Controlled Scanning
Electron Microscopy), and for forms of trace elements (XAFS and selective leaching).

Preliminary work on the mode of occurrence of arsenic in two bituminous coals, Pittsburgh and
Elkhorn/Hazard, has been completed. The form of occurrence of As in coal may have an effect on
the vaporization behavior during combustion. Most As in U.S. coals is associated with the sulfide
phase (i.e., pyrite).?' Oxidation of the pyrite in coal will result in the formation of arsenates.
Prelimina.g' evidence suggests that arsenic associated with pyrite may volatilize more readily than
arsenates.

Mossbauer spectroscopy was used to assess the oxidation state of iron in the Pittsburgh and
Elkhom/Hazard coals. Virtually all the iron in the Pittsburgh coal is present as pyrite, whereas
almost one-third of the iron in the Elkhorn/Hazard coal is present in other forms (clays, siderite, and
jarosite). The presence of jarosite may be an indication of oxidation of pyrite in the coal. The
Elkhorm/Hazard coal showed 12% of the iron as jarosite, while for the Pittsburgh coal only 2%
jarosite was detected.

Based on a previous XAFS study of arsenic occurrence in U.S. bituminous coals,? three forms of
As have been identified in these coals. Arsenical pyrite, in which As substitutes for Fe in FeS,, is
the most common. Arsenate compounds (AsO,?) are the next most common and arsenopyrite
(FeAsS) is the least common. Oxidation of arsenical pyrite has been shown to produce arsenate
compounds. In the present work XANES spectroscopy for As was conducted on both coals as well
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as on high density fractions (which are predominantly pyrite) separated by a float/sink technique
using bromoform (Figure 1). The much better signal/noise ratio obtained in the high density
fractions as compared to the raw coals suggests that As is strongly associated with the pyrite. Ttis
also clear that the As in the Elkhorn/Hazard coal is significantly more oxidized than in the Pittsburgh
coal since the arsenate peak (A) is relatively higher than the pyrite peak (P). This is consistent with
the M&ssbauer analysis which indicates that a significant amount of the pyrite in the Elkhorn/Hazard
coal is oxidized. Combustion experiments are planned which will explore the relationship between
forms of As in the coal and As vaporization during combustion.

A previous study of trace element partitioning in two of the program coals,? provides an indication
of the combustion behavior of trace elements in the Pittsburgh and Wyodak coals. The two coals
were subjected to a leaching analysis to determine the forms of selected trace metals (As, Se, Hg,
Zn, Sb, Cr). Combustion experiments and equilibrium calculations were used to understand the
mechanisms governing the combustion behavior. The form of the element in the coal was shown
to have major impact on the combustion behavior. Those elements that were organically bound or
associated with the sulfide minerals were shown to vaporize during combustion. Once in the vapor
phase, these elements in some cases reacted with minerals present in the ash to form condensed
phases. The size distribution of trace elements resulting from combustion was determined by
whether or not the element reacted with mineral compounds in the ash.
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ABSTRACT

Five UK eoals were selected to cover the range of mineral matter and ash contents typically
encountered in UK bituminous coals. Trace element analysis was performed on both the whole
coals and size separated fractions using ICP analysis for 21 trace elements, including Be, Cr,
Co, Ni, As, Cd, Sb, Hg, and Pb, elements deemed to be the most environmentally hazardous.
Small quantities of each coal were gasified in a laboratory gasifier in an atmosphere of N,
containing 15% O,. Samples of bed ash, cyclone ash, and a fine gas-filtered ash were collected
and analysed to determine the partition of the trace elements between the gasification products.
Mass balance calculations showed that the recovery of the trace elements varied from 20 to
97%; the low recovery of some trace elements highlighting the difficulties of collecting
representative samples from a laboratory system.

A parallel study on samples taken from a pilot plant gasifier showed significantly higher
recovery rates, indicating the value of larger scale trials.

INTRODUCTION

The gasification of coal, and in particular the development of integrated gasification combined
cycles systems (IGCC) holds the promise for coal conversion processes with both higher
efficiencies and lower gaseous emissions. While such systems may meet the anticipated
legislation for NOx , SOx and particulate emissions, it is essential that the fate of the trace
elements and the heavy metals which are present in all coals is well established, since these
elements may yet present further environmental hazards.

Coals contain most of the naturally occurring elements with widely varying concentrations
depending on rank, geological origin and history. Coal combustion has been reported as being
the main source of Hg, Ni, Sn and V emissions, and the second largest source of Cd, Se, and Ti
(1). The 1990 US Clean Air Act identified eleven trace elements, namely Be, Cr, Mn, Co, Ni,
As, Se, Cd, Sb, Hg and Pb as being the most environmentally hazardous. These elements are all
found in coals at concentrations ranging from a few ppb for efements such as Sb and Hg, to
several hundred ppm for Mn. The majority of the trace elements are associated with the mineral
matter in the coal. This mineral matter consists primarily of clays (aluminosilicates) and quartz,
with smaller amounts of carbonates, sulphides, sulphates and oxides. Trace elements may also
be associated with the macerals, reflecting the inorganic species present in the vegetation from
which the coal was formed. The exchange of ions between mineral matter and macerals
following the coalification process gives added complexity to establishing the distribution and
mode of occurrence of the trace elements in a coal.

The occurrence of trace elements has been extensively studied and reported by Swaine (2), with
recent reviews by Clarke and Sloss (3), and Davidson and Clarke (4). These reviews have
concentrated on the origins of the trace elements in coal and on the wide range of analytical
techniques which are now available for their determination. Pyrite in coal is generally accepted
as being a major source of many of the trace elements, and in particular those of environmental
concern.

During combustion or gasification of a coal the trace elements partition between the ash
residues and the gascous emissions. The actual distribution will depend on the combustion or
gasification conditions and the mode of occurrence of the trace elements in the coal. Trace
elements may conveniently be divided into three groups depending on their volatility and the
vapour pressure of simple compounds such as oxides and chiorides. Group I elements are the
least volatile and remain with the ash residues. Group IT elements are more volatile and partition
between the residual ash and the gaseous phase, with condensation of vapour species on the
surface of the fine ash particles as the gases cool. Group I1I elements have a high volatility and
show little or no tendency to condense from the vapour phase. Many of the environmentally
sensitive elements fall into groups 11 and II1, highlighting the current concern. Dale (S) reported
on the trace element partitioning in the stack emissions from pf fired power stations, stressing
the importance of monitoring flue gas discharges which may contain some of the
environmentally sensitive elements. Other studies, notably those carried out by KEMA in the
Netherlands (4) have shown that, with the exception of Hg and Se, 95% or more of the trace
elements may be recovered from the bottom ash and the electrostatic precipitators at a power
station. Concern remains that the fine particulate matter, with surface enrichment in trace
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elements, may escape the gas cleaning process.

Much less work has been reported on the fate of the trace elements during gasification
processes. Here the conditions ‘are much more reducing and thus the volatile species may be
different from those which form in a combustion process. Benson et al (6) reported that
elements such as As, Cd, Se and Pb all showed increased volatility as the C:O ratio decreased in
a laboratory gasification study of three US coals. Bushell and Williamson (7) gave the results of
a trace element survey for a selection of UK bituminous coals. This Showed that the elements
with the strongest mineral associations were Ba, Co, Cr, Cu, La, Pb, Zn, and Zr, while those
elements with a strong maceral association were Be, Srand V.

This paper gives further details of the fate of the trace elements during gasification of coals from
both a laboratory study and a pilot scale gasification process using UK coals.

EXPERIMENTAL :

Five UK bituminous coals were selected from the UK Coal Data Bank , currently managed by
CRE Group Ltd, Stoke Orchard. The coals provided the range of ash contents and mineralogy
found in UK coals. Coals were supplied as partially washed <212pm coals. A high temperature
ash (HTA) was prepared in a muffle furnace at 815°C and the major oxides and the trace
elements present were analysed using a lithium borate fusion, followed by ICPS analysis. The
elements As, Sb and Bi were determined by a hydride generation technique, and both the coals
and ashes Hg was determined by a cold vapour generation process followed by ICPS.

A low temperature ash (LTA) was prepared in an O, plasma which left the mineral matter in a
largely unaltered form. Mineral matter was identified by x-ray powder diffraction analysis of the
LTA, and a quantitative estimate of the proportions of the minerals present was made by a
normative analysis procedure, using the ash composition and the minerals known to be present.

Samples of each coal were ground to <38uum and then density separated into mineral-rich and
coal-rich fractions using bromochloromethane (p = 1.99g cm® ). Each fraction was analysed for
the trace elements and enrichment factors calculated, i.e. the concentration of an element in the
separated fraction / concentration of the element in the original coal, to determine how the trace
elements were partitioned between the macerals and the mineral matter.

Each coal was also separated into eight size fractions using a Gilsonic Siever with mesh sizes at

180, 150, 125, 106, 75, 53 and 38um. Size fractions were high temperature ashed and the trace
elements in each fraction determined to assess the distribution of the trace elements between the
various size ranges.

The coals were gasified in a laboratory gasifier where 10 x 1g samples of coal were introduced
into a pre-heated bed of fluidised sand at 950°C where the fluidising gas was 15% O, in N, .
After gasification, samples of the bed ash, cyclones fines and fine gas-filtered particulates (10-
0.1pm) taken from the gas stream were analysed for the trace elements.

The fate of the trace elements in the laboratory gasifier were compared to that in a pilot plant
scale gasifier. Coal and ash residues were obtained from the air- blown gasifier (ABG) operated
by British Coal at the Coal Research Establishment at Stoke Orchard. This gasifier operates at
temperatures up to 1000°C and 20 bars pressure, with coal feed rates of 200-300 kg hr'. Some
70-80% of the coal is converted into a low calorific gas, with ash and char being continuously
removed from the base of the reactor to a circulating fluidised bed combustor (CFBC), where
the remaining char conversion takes place. Limestone may be added to the coal as a sulphur
sorbent to retain the sulphur in the bed ash. Samples of coal feed, bed ash and ash from the
primary cyclone were provided for analysis of the major oxides and the trace elements.

RESULTS AND DISCUSSION

The ash composition and the trace element concentrations in each of the coals used for the
laboratory gasification studies are shown in Table 1. To a first approximation, the concentration
of most of the trace elements is related to the amount of mineral matter in the coal and thus high
ash coals showed higher concentrations of the trace elements. The coals all contained mixtures
of clays (kaolinite and illites), quartz and pyrite in different proportions, and variable but smaller
amounts of calcite, dolomite, ankerite, rutile and apaptite. Trace element concentrations were
noticeably higher for coals with larger amounts of pyrite. Ash contents ranged from 3.9 wt% for
the Daw Mill coal to 19 wt% for Longannet. Since Longannet has the lowest iron content,
although the ash content is high, the trace element levels are still comparable with the other
coals.
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In general the ash contents ot the size separated coals increased as the size range was reduced.
The one exception to this was the Longannet coal, where the mineral matter was uniformly
distributed across all the size ranges, and thus relatively uniform trace element concentrations
were observed for each size fraction of the coal.

Samples of the bed ash, cyclone fines and the fine particulate ash filtered from the gas stream of
the laboratory gasifier were analysed and a mass balance calculation performed to determine the
distribution of the trace elements during the gasification process. The results with the Daw Mill
coal (3.9 wt% ash) are shown in Table 2. With the exception of Cd and Zn, where virtually no
recovery was recorded, 30 - 90% of most of the trace elements which entered the gasifier could
be accounted for. Most of the trace elements were found in the cyclone fines, where the major
oxide ash composition was close to that of the whole coal. A few percent of the trace elements
were retained in the bed ash or found with the fine particulates filtered from the gas stream. This
suggests that at the gasification temperatures most of the trace elements remain with the
decomposed mineral matter, which is elutriated from the bed as the char is oxidised. Some trace
elements may be volatilised under gasification conditions, to then recondense on the surface of
the ash particles in or before entering the cyclone separator.

Similar results were obtained with the Longannet coal (19.0 wt% ash) as shown in Table 3. The
mass balance calculations showed a higher recovery of the trace elements in the gasifier
residues, with again the majority of the trace elements appearing in the cyclone fines. Significant
amounts of Zn and La were found in the gas-filtered fines, which suggested that condensation of
the Zn had occurred on the surface of the finest ash particles from the cooling vapours, while in
addition the elutriation of very small La enriched particles (clays) from the fluidised bed may be
a possible explanation of the high value for the La.

The results from the laboratory study were nevertheless disappointing, with substantial amounts
of many of the trace elements unaccounted for in the mass balance calculations. The most likely
source of error in the experimentation would appear to be in the sampling of the bed ash, since
this is where many of the low volatile elements should appear. The difliculties in taking
representative 1-2g samples from a 200g bed of sand are formidable when one realises that it
may be just a few mineral grains, rich in trace elements, which are distributed somewhere in the
bed. This raises the whole question of the problems and the suitability of laboratory studies for
this type of research.

Residues from the British Coal air-blown gasifier consisted of a bed ash containigg
approximately 50% char, and fines collected from the primary, secondary and tertiary cyclones.
Bed ash and primary cyclone fines constituted the bulk of the inorganic material introduced into
the gasifier. Table 4. shows the distribution of the trace elements between the bed ash and the
primary fines when Daw Mill coal was used as feedstock for the gasifier. An ash analysis
showed that the primary fines were enriched in Fe, indicating possible preferential elutriation of
fine particles of pyrite from the bed. Trace element analysis and mass balance calculations
showed that 95% or more of the trace elements introduced into the gasifier could be accounted
for. The trace elements partitioned relatively uniformly between the bed ash and the fines. The
more volatile elements such as Be, Co, Cr, Cu, Mo, Ni, Pb, and V showing an enrichment in the
fines, while the more refractory elements such as Ba, Sc, Y and Zr showed a slight preference to
remain in the bed ash. The high levels of trace elements found in the cyclone fines from both the
laboratory studies and the pilot scale gasification process suggests that the physical and chemical
association of the trace eléments with the decomposed mineral matter is perhaps as much , if not
more important,-than the volatility of the elements. Thus establishing the mode of occurrence of
the trace elements in a given coal may be key factor in determining the fate of the trace elements
on gasification.

CONCLUSIONS

Trace element concentrations in UK coals have been found to be closely related to the amount
of mineral matter in the coal. In particular, many of the trace elements would appear to be
associated with the pyrite. On gasification the trace elements are distributed between the
residual ash and a cyclone ash, with condensation of the more volatile species on the surface of
the finest ash particles. Pilot scale gasification has provided better mass balance data than the
laboratory studies.
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Table 1. Ash content, trace element concentrations and mineral matter in each coal used for
laboratory gasification studies.

Coal Kellingley Longannet Daw Mill Thoresby Nadins
ash content 4.2 19.0 3.9 4.2 9.4
(wt%) .
Si0, 33.7 523 30.3 36.3 28.6
AlO, 195 39.7 259 253 15.7
Fe 05 239 14 14.4 "255 26.4
MgO 08 0.5 32 0.7 29
Ca0 9.6 0.9 13.7 2.1 10.6
Na,O 3.6 0.2 08 56 0.3
K0 13 0.6 0.4 1.6 1.5
P,0s 50 0.9 03 0.2 0.7
TiO, ' 0.8 1.5 1.0 0.9 0.6
MnO © 02 0 0.5 0 0.3
Trace elements  (ppm)
Ag 1 0 0 0 0
As 5 1 7 12 31
Ba 67 160 150 67 64
Be 1 3 0.6 2 4
Bi 0.1 0.4 0.2 0.2 0.1
Cd 0 0 0 0 0
Co 6 11 5 3 14
Cr 10 57 11 11 28
Cu 23 61 ‘6 24 15
Hg 0.04 <0.01 0.07 0.07 0.1
La 4 43 4 5 6
Li 6 76 7 11 15
Mo 3 4 3 4 4
Ni 13 46 11 14 52
Pb 8 21 8 . 21 56
Sb 1 0.4 03 1.8 24
Sc 2 - 1 2 5
Sr 53 581 35 34 44
\"% 16 45 15 29 25
Zn 62 27 3 13 29
Zr 10 58 8 11 11
Mineral matter content of coals (wt%)
kaolinite 28 85 54 38 34
illites 27 11 33
quartz 5 3 ) 9
pyrite 28 20 29 34
calcite 14 7
apatite 12
rutile 1
ankerite 16
dolomite 12

794




T Y Y

v

——

Table 2.

Distribution of trace elements between bed ash, cyclone ash and gas-filtered fines
from the laboratory gasification of the Daw Mill coal.

Input to % elements Distribution of trace elements
gasifier (ng) | recovered Bed ash Fines Filter Balance

Ag 11 86 5.5 80.7 0 13.8
‘Ba 1413 33 29 29.1 0.5 67.5
Be 5.5 35 23 326 0 65.1
Cd 5.7 0 0 0 0 100
Co 44 37 20 35.0 0 62.9
Cr 99 34 33 304 0 66.3
Cu 80 35 3.0 31.7 0.1 65.2
La 31 43 5.7 37.7 0 56.6
Li 47 47 5.6 414 0 52.9
Mo 30 31 25 283 0 69.3
Ni 97 33 2.0 31.2 0 66.8
Pb 80 100 7.0 723 20.6 -

Sr 288 43 44 38.7 0.3 56.6
\% 146 40 23 374 0.1 60.2
Zn 296 0.3 0 0 0.3 99.7

Table 3.  Distribution of trace elements between bed ash, cyclone ash and gas-filtered fines

from the laboratory gasification of the Longannet coal.

A

’* Input to % elements Distribution of trace elements
gasifier(ug) recovered Bed ash Fines Filter Balance

Ag 83 36 5.7 279 2.0 64.4
Ba 1263 67 209 45.7 0 3.4
Be 26 56 5.7 49.8 0.7 438
Cd 72 52 11.0 39.7 1.0 483
Co 91 57 24 53.9 0.7 43.1
Cr 387 56 37 51.5 0.9 43.9
Cu 502 56 4.0 50.9 0.8 44.3
La 305 84 33 50.6 307 15.5
Li 642 68 17.1 50.4 04 322
Mo 31 48 52 41.5 1.7 51.6
Ni 384 63 11.0 50.7 0.8 375
Pb 154 64 12.1 47.1 5.0 35.8
Sr 4392 67 143 507 1.9 33.2
\Y% 442 60 5.4 54.5 0.5 39.7
Zn 160 54 11.4 35.0 7.9 45.7

Table 4. Distribution of trace elements between bed ash and primary cycloﬁe fines using Daw
Mill coal in the pilot scale air-blown gasifier

Trace element input Output of trace elements (mg.hr-1) Distribution of trace
(mg.hr'") elements
bed ash Fines Unaccounted | Bed ash (%) | Fines (%)

Ag 0.16 0.03 0.04 0.09 40 60
Ba 97 57 48 0 54 46
Be 0.25 0.05 0.11 0.09 32 68
Cd 0.17 0.0 0.04 0.08 51 49
Co 13 0.42 .0.82 0.09 34 66
Cr 43 12 23 0.85 35 65
Cu 4.1 1.0 2.7 0.35 27 73
La 1.3 0.48 0.76 0.08 . 39 61
Li 3.8 1.6 20 0.24 44 56
Mo 0.64 0.17 0.48 0 26 74
Ni 4.5 1.2 24 1.0 33 67
Pb 3.7 0.54 13 1.32 29 71
Sc 0.91 0.14 0.05 0.72 73 27
Sr 11 26 6.3 2.04 29 71
v 52 1.9 3.9 0 32 68
Y 18 22 0.1 0 96 4
Zn 3.1 3.0 1.7 0 63 37
Zr 9.1 12.3 0.19 0 98 2
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ABSTRACT

The present study focuses on the behavior of major, minor and trace elements during fluidized bed
coal combustion, at 850°C in a 0.14 m i.d. atmospheric reactor. The combustion ashes were
continuously taken out of the bed. The rest were elutriated by the combustion gases and collected in
two cyclones and a baghouse filter located at the outlet. A low volatile bituminous coal from the
Asturian Central basin (North of Spain) was used for the experiments that comprised two tests;
with and without addition of limestone. The concentrations of 57 elements were determined in the
coal and in the different combustion ashes by ICP-MS, 1CP-EAS, and XRF. Elements normally
present in the combustion flue gases as vapor, such as Hg and As were sampled in impingners, and
determined by cold vapor atomic absorption, and ISO R-601 standard method. Using these
methods these elements were not detected in the gas phase. No major differences were observed on
the behavior of trace elements during combustion with and without limestone addition, The results
show a clear grain size segregation of elements of environmental concern such as As, Co, Cu, Hg,
Mo, Ni, Pb, Sb and Se. These elements are enriched in the finest grain size fraction. The grain size
partitioning could be attributed to the following processes: a) physical segregation of major and
trace elements in the reactor, due to differences on the distribution of these elements in the feed coal
and, b) chemical segregation due to volatilization and condensation from flue gas.

INTRODUCTION

Information about of relative contribution of "hazardous air pollutants” trace elements to the
atmospheric emissions from coal combustion is important to evaluate the environmental impact of
these contaminants. Future environmental regulation of these emissions will be more stringent.
During pulverized coal combustion (PCC), trace elements are partitioned between the bottom ashes,
fly ashes and vapor, according, not only to the operating conditions and furnace design, but also to
their mode of occurrence. This mode of occurrence differs in coals from different origins. Trace
element partitioning in PCC has been extensively studied and although there are some aspects
related to their behavior that need to be clarified, some generalizations have been established!-6. A
relative enrichment of trace elements in fly ashes, specially in the fine grain size fractions due to
condensation of volatile species from the flue gases on the surface of fly ash particles has been
found!-6,

The fate of trace elements during fluidized bed combustion (FBC) has received less attention and
information in the literature is scarce. It can be assumed that trace elements volatilization at the
typical fluidized bed combustion temperatures (<900°C) will occur in less extension than in
pulverized coal combustion (>1400°C). However, the expected reduction of trace element
emissions in FBC could be partially offset by the longer residence times. Experimental data on the
behavior of trace elements in FBC are inconclusive and depend on the type of coal and operating
conditions. Most of the measurements of trace elements emissions from FBC have been obtained in
atmospheric plants but some data are available for pressurized fluidized bed combustion’.
Regarding the operating conditions, it has been observed that trace element emission in FBC can
be reduced by changing the depth of the bed38. Thus, when the bed depth is reduced to half,
emissions of selected trace elements decrease between 5% and 50%. When comparing the trace
element behavior for PCC and FBC some differences have been found. For instance, it has been
observed that in FBC systems, emissions of elements such as Hg, As, Pb, Sc, Co, Na and K are
lower than in PCC!, even be below the emission standards®. The enrichment of volatile elements in
the finest ash particles, which occurs regularly in PCC, does not happen in some FBC systems!0,
However in other studies3-!! it has been observed that trace element concentration increases with
decreasing particle size. It should also be remarked that in some tests, Hg was the only element
detected in the gas phase in flue gases from FBC3, whereas in PCC other elements such as B, Cl,
F, Se and As were frequently present. The effect of limestone, added to control of SO; emission,
upon trace element behavior is not clear. Thus, it has been observed that As, Cd, Pb, and Se
emissions were significantly reduced with limestone addition2. In the other hand, it has been
reported that addition of limestone gave rise to an increase in Pb, Cd and Mn emissions, which was
justified by the likely presence of these elements in the limestone3. In a study carried out in PFBC,
it has been concluded that trace elements emissions with or without limestone addition is similar”.

With the aim of contributing to the knowledge of the behavior of trace elements during fluidized
bed combustion, in the present work, experiments with and without limestone addition, were
carried out. .

EXPERIMENTAL PART

Coal combustion was carried out in a laboratory-scale continuos fluidized bed reactor (0.14 mi.d.).
The coal, ranging in size from 0.16 to 1.5 mm, was fed in continuously. Most of the ashes were
continuously taken out of the bed. The rest were elutriated by the combustion gases and collected in
two cyclones and a baghouse filter placed in the outlet. The experiments were camied out with a
fluidization velocity of 0.7 m/s, an air excess of 30% and at combustion temperature of 850°C.
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The sampling train for recovering trace elements from flue gases, was similar to the equipment
specified by the US Environmental Protection Agency (EPA), The reagent used in the impigners
was 0.5 M HNO3. The content of Hg and As in this solution were determined by cold vapor
atomic absorption spectrometry, and the ISO R-601 standard method.

A low volatile bituminous coal from the Asturian Central basin (Nosth of Spain) was used in this
study. The proximate, elemental analyses and sulfur forms are given in Table 1. The concentrations
of 57 elements in the coal, ashes from the bed (R), from the two cyclones (Cl and C2), and from
the baghouse filter (BF), were analyzed by Inductively Coupled Plasma Mass Spectrometry (ICP-
MS) and Inductively Coupled Plasma Emission Spectrometry (ICP-AES). A special two stage
sample digestion method!2 for ICP analyses was used in this study in order to avoid the loss of
volatile elements during sample treatment. Because sample preparation for 1CP analysis involves
digestion with HF, the Si content was determined by X-ray fluorescence spectrometry (XRF).
Particle size distribution of the collected ashes was measured in a Counter Coulter apparatus. In
order to analyze the effect of limestone addition upon the trace element emission, an experiment
was carried out with limestone (coal/limestone weight ratio: 37). The limestone was fed into the
reactor in sizes between 0,1 and 0,5 mm. This limestone sample does not contain significant trace
element concentration with the exception of 1589 ppm of Sr.

RESULTS AND DISCUSSION

The concentrations of major, minor and trace elements in the coal and combustion ashes R, C1, C2
and BF are given in Table 2. Concentrations in the coal have been refered to ashes in order to
normalized the results. Major and minor elements have been also determined in order to ensure a
balance of volatile and non-volatile elements during the experiments. The accuracy of the mass
balance depends upon the ash sampling in the reactor which involves some errors, but roughly
allows to estimate that elements such as As, Be, Cd, Hg and Se, could be partially released in
vapor phase or condensed in the cold parts of the system. In spite of that, Hg and As analyzed in
the flue gases by the methods already described, were not detected in the gas phase. The
concentration of most of the trace elements decreases in the bed ashes (R) and increases in the fly
ashes, mainly in those from the C2 and BF. This segregation could be attributed to two different
processes: one is the physical segregation of major and trace elements in the reactor due to
differences on the distribution of these elements in the feed coal and the other, the chemical
segregation due to volatilization and condensation from flue gas.

In a previous work, mineral matter composition in this coal has been analyzed!3. lllite, chlorite,
kaolinite, quartz, pyrite, calcite, dolomite and siderite were the major minerals identified. After coal
combustion in the FBC, illite and quartz remained mostly unaltered in the ashes but the other
phases were transformed in oxides and sulfates!3. We should kept in mind that some of these
minerals, are dispersed as fine particles of inherent mineral matter. Moreover, when the coal
particles are bumnt at the temperatures used in FBC (i.c. 850°C)some particles of mineral matter
retain their original size or can be fragmentate. The mineral species of finest particle sizes are
preferentially elutriated with the flue gases and a depletion of their concentration in the R ashes is
expected. Conceming to the major elements (Table 2), this depletion is more significant for the
elements present as carbonates (Ca, Mg, Fe), and also occurs for trace elements with carbonate
affinity, such as Ba and Sr.

In the other hand, volatile trace elements are preferably concentrated in the fly ash particles. This
behavior is more remarkable for some elements such as As, Co, Cu, Hg, Mo, Ni, Pb, Sb, Se, Sr
and Zn. The study of the particle size distribution in R, Cl, C2 and BF ashes, has shown that the
C1 ash particles have reached sizes up to 60 pm, although 90% of the total volume of this particles
are smaller than 8 ym. Maximum size particles found in the C2 ashes are of 15 ym, 90% of the
total volume being smaller than 2 gm, and in the BF the maximum size is of 10 gm but 90% of the
volume is smaller than 2 ym. The study of the enrichment of some trace elements on finest fly ash
particles is of special interest. In order to eliminate the variability of different ash product
characteristics, the enrichment factors (EF) were normalized to the concentration of Al. The EF of
an element x is related to the concentration ¢ of Al in coal ashes or combustion ashes as follows:
(cx /CA1)combustion ashes
EF=

(cx/CA)coal ashes

Enrichment factors calculated for some trace elements of major environmental concem, in the
experiments with and without limestone addition, are shown in Figure 1. The rest of the elements
studied, can be classified in three groups according to the EF values, in a similar way that has been
done for PCC systems!-3, (1) low volatile trace elements are those with no significant enrichment
or depletion in all the ashes (R; Cl; C2 and BF). Cs, Ga, Ge, Nb, Sc, Ti, Tl, V, Zr, and rare
earth. (11) elements that vaporize during combustion and condense on the surface of the smaller fly
ash particles (mainly in C2 and BF). As, Bi, Co, Cu, Hg, Mo, Ni, Pb, Sb, Se, Sn, Sr, W and Zn
are in this group, (I1I) elements that remain mostly in the vapor phase, that have enrichment factor

<l in all the ashes. Be and Cd follow this behavior. Other elements that are included normally in
“this group such as Hg or Se, were in pant retained in the ashes.

The comparison between the composition of the ashes obtained from the tests carried out with and
without limestone addition, has shown that retention efficiencies for most elements are similar in
both cases. We should note that most of the Ca from the added limestone is retained mainly in R
and C1, but in C1 in less extension Particles rich in Ca, clutriated with the more fine fly ashes (C2
and BF), belong mainly to the carbonates originally present in the coal. Some elements such as Fe,
Co, Cu, Sn and Zn are more concentrated in the fly ashes obtained with limestone addition. This
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fact cannot be explained in terms of particle size and vaporization-condensation mechanism, such as
has been done in other similar experiments3, According to the resuits of the Coulter Counter
analysis, the size distribution of C1, C2 and BF obtained during the test carried out with limestone
addition is similar to the size distribution in the test without limestone addition.
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Table 1- Analyses of coal

content wt %

Proximate (db)

Volatile Matter 9.62
High Temperature Ashes 31,1
Elemental (db)

C 62.1
H 2.69
N 0.96
S total db 0.60
O (by diff.) 2.55
Other (db)

S pyritic 0.21
Seulfae 0.02
S organic (by diff.) 0,37
C0O, (fron CO32) 1,77

Table 2.- Element concentrations in the ashes obtained in the experiences carried out without and
with limestone addition, analyzed by Inductively Coupled Plasma Mass Spectrometry (1),
Inductively Coupled Plasma Emission Spectrometry (2), or both (3). Concentrations are in ppm
except for those indicated.

withouth limestone with limestone

cont R ct |[cz2 |wF R ct |cz |BF
Ag! 5.6 2.2 5.9 3.8 2.6 1.8 4.8 2.5 2.0
AR % 15.2 149 |13.7 152 |15.8 13.2 112.8 115.2 |14.5
As! 48 18 57 98 93 24 46 86 69
B3 52 41 90 87 64 39 76 80 113
Ba? 860 678 973 1471 | 1714 573 880 1428 | 1483
Be! 32 13 23 17 17 12 20 16 15
Bi! 0.98 1.0 0.80 [1.7 1.4 0.60 10.51 1.1 1.2
Ca2 % 3.73 240 |7.00 {491 1437 5.68 835 [5.15 |4.19
Cd! 3.0 1.2 2.8 2.2 1.9 1.1 1.8 1.7 2.2
Co! 40 24 53 67 82 22 49 65 117
Cr? 140 144 163 181 183 127 1163 [201 1203
Csl! 23 22 17 19 19 17 15 17 16
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Table 2 (cont.).-
ithouth limestone with _limestone

::::s R c1 |c2 |BF R c1 T(.Tz BF
Cu? 76 55 96 75 108 53 92 80 169
Fe2% |4.50 3.75 |5.48 [5.20 [5.57 3.41 |5.13 |5.15 |8.82
Ga! 47 41 37 43 42 34 34 39 36
Ge! 7.3 4.3 6.1 4.3 6.4 3.5 5.5 54 5.7
Hfl 5.3 3.6 3.4 4.0 4.0 2.5 3.2 3.4 3.7
Hg! 0.68 0.23 10.38 [4.0 3.5 0.33 |0.57 4.0 3.5
K2% 3.37 3.52 [2.60 ]2.76 |2.86 3.07 {246 [2.80 [2.63
Li2 257 219 253 282 |291 199 234 263 269
Mg2 % |1.05 090 [1.22 [1.18 [1.17 084 [1.18 [1.17 |1.04
Mo! 8.7 3.0 113 20 21 40 |12 19 21
Na2% ]0.54 0.56 |0.51 ]0.55 |0.55 0.49 |048 ]0.55 |0.52
Nb! 35 27 29 31 35 22 27 29 30
NB 100 66 105 (132 [160 57 102 1159 195
P2 % 0.03 0.04 [0.05 ]0.07 |0.04 0.03 10.04 [0.05 [0.07
Pb3 84 73 80 125 1131 68 62 122 | 114
Rb! 247 184 175 156 155 155 162 156 142
S2% 1.52 0.57 1192 |2.03 |1.78 1.04 |1.67 [1.96 |1.78
Sh! 4.2 2.9 5.3 6.8 7.9 2.5 4.8 6.3 6.7
Sc! 48 33 4?2 46 47 30 41 42 37
Sel 23 53 |19 25 24 6.6 |29 24 22
Si % 23.1 23.0 |20.5 [----- 20.7 244 1203 |------- 19,6
Sn! 15 12 12 54 19 8 13 283 36
Sr! 371 280 |566 |795 [924 374|572 |773 | 808
Tal 14 1.6 127 35 |28 097 |18 1.6 |14
Te! 1.0 0.29 [0.19 {0.82 [0.68 0.21 |0.38 |0.45 |0.68
T2 % 0.62 0.60 10.56 |0.61 [0.66 0.54 1053 |o0.61 lo.61
Ti! 1.3 1.4 |12 {16 1.3 095 |1.1 1.1 |0.87
V3 267 192|227 |227 {238 171 1209 220 |216
w! 8.1 39 169 173 8.1 29 149 l6.1 |15
Y! 47 31 48 56 62 27 46 53 53
Zn? 160 136|216 [227 {319 136 - | 185 278 {434
Zr! 144 87 100 [102 {114 70 94 9 97
Ce! 144 98 112|101 |14 80 100 |97 101
Dyl 8.8 6.7 9.6 11 12 5.1 8.1 9.5 9.8
Er! 4.9 3.2 4.7 5.5 5.5 2.4 3.9 4.5 49
Eu! 2.7 24 |28 [33 |35 1.8 2.1 28 |28
Gd! 12 10 11 13 15 7,2 10 11 12
Ho! 1.6 1.4 1.8 2.4 2.3 095 |1.5 1.8 1.9
La! 74 63 63 68 75 54 56 65 67
Nd! 62 53 52 55 65 4?2 45 54 56
Pr! 18 17 14 17 20 13 13 16 17
Sm! 12 10 12 13 14 8 10 11 12
Tb! 1.7 1.5 1.9 23 |22 1.1 1.5 |17 |18
Th! 32 27 26 27 |31 21 23 26 |28
u! 6.8 49 |63 |64 |84 43 155 65 |68
Yb! 4.7 3.2 |44 |44 |47 23 |35 37 |39
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Figure 1. Enrichment factors EF for the ashes taken from the bed (R), cyclones (C1 and C2) and
baghouse filter (BF), in the experiences with (@) and without limestone (O).
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TRACE METAL CAPTURE BY VARIOUS SORBENTS
DURING FLUIDIZED BED COAL COMBUSTION

T. C. Ho, A. N. Ghebremeskel and J. R. Hopper
Department of Chemical Engineering
Lamar University
Beaumont, TX 77710

Keywords: Coal Combustion, Fluidized Bed, Trace Metals
INTRODUCTION

Toxic trace metallic elements such as arsenic, beryllium, cadmium, chromium, cobalt, lead,
manganese, mercury, nickel, and selenium are usually contained in coal in various forms and
trace amounts. These metals will either stay in the ash or be vaporized during high temperature
combustion. Portions of the vaporized metals may eventually be emitted from a combustion
system in the form of metal fumes or particulates with diameters less than 1 micron, which are
potentially hazardous to the environment (1).

Current practice of controlling trace metal emissions during coal combustion employs
conventional air pollution control devices (APCDs), such as electrostatic precipitators and
baghouses, to collect fly ash and metal fumes. The control may not always be effective on metal
fumes due to their extremely fine sizes (2).

This study is to explore the opportunities for improved control of toxic trace metal emissions
from cga‘l-ﬁred combustion systems. Specifically, the technology proposed is to employ suitable
sorients to (1) reduce the amount of metal volatilization and (2) capture volatilized metal vapors
during fluidized bed coal combustion. The objective of the study was to investigate
experimentally and theoretically the metal capture process.

POTENTIAL METAL-SORBENT REACTIONS

The following reactions between metals and sorbent constituents have been confirmed both
theoretically and experimentally (3,4,5):

2 PbO + Si0, -—> Pb,SiO,(s) (A)
CdO + Si0, ~—— > CdSiO4(s) ®)
CdO + ALO, -—> CdALO,(s) ©
PbCl, + ALO,:2Si0, + H,0 -~ > PbO:ALO,:28i0,(s) + 2 HCl(g) (F)
CdCl, + ALO, + H,0 ---> CdALOs) + 2 HCl(g) (G)

EQUILIBRIUM CALCULATION

In this study, combustion equilibrium was calculated using a PC-based computer software
package (6) especially developed for predicting equilibrium compositions during fuel or waste
combustion. The simulation would reveal potential metal-sorbent reactions for the proposed
metal capture process.

EXPERIMENTAL

Metal capture experiments were carried out semi-batchwise in a 25.4 mm (1) OD quartz
fluidized bed coal combustor enclosed in an electric furnace. The metals involved in the study
were cadmium, chromium and lead. Three coal samples from the Illinois Basin Coal Sample
Bank (IBCSB) and an artificially prepared metal-containing wood sample were tested in the
experiments, The corresponding concentration of chlorine, sulfur, and the target metals in each
sample is summarized in Table 1. The sorbents tested included bauxite, zeolite and lime. The
chemical composition and fluidization properties of the sorbents are listed in Table 2.

For an experimental run, a bed of sorbent was preheated to the desired temperature under the
designed operating conditions. A predetermined amount of coal or wood pellets was then
charged in the bed at a constant feed rate for combustion. After the combustion was completed,
the bed residue was discharged for analysis of metal concentration. The experimental
parameters and operating conditions associated with the experiments are shown in Table 3.
Metal concentration in the coal, wood pellets, original sorbent, and combustor residue was
determined by an atomic absorption spectrophotometer. An HF modified EPA Method 3050 was
used to digest metals from the sorbent, which involves the use of HNO,, HCI and HF acids (7).
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RESULTS AND DISCUSSION

Simylation Results

Equilibrium calculations were performed to identify thermodynamically preferred metal
speciation in a combustion system. A typical set of simulation results indicating potential lead-
sorbent reactions and the effect of sulfur on lead capture by sorbents are shown in Table 4. The
corresponding elemental composition and combustion conditions used in the simulations were:
carbon - 71.3 wt%, hydrogen - 5.2 wt%, nitrogen - 1.4 wt%, oxygen - 12.4 to 7.8 wt%, sulfur
- 0 to 4.6 wt%, lead concentration - 50 ppm, ash - 9.3 wt%, combustion temperature - 900°C,
and percent excess air - 50%.

Experim Resul

Typical experimental results indicating the effectiveness of metal capture by various sorbents are
shown in Tables 5, 6 and 7 for lead, cadmium, and chromium, respectively. The combustible
materials tested were three coal samples, i.e., IBC-110, IBC-111 and IBC-112, and a wood
sample. The sorbents used were bauxite, zeolite and lime. It is essential to point out that, due
to the non-uniformity and trace-quantity nature associated with the process, it is still difficult to
discuss the effect of fuel type, coal type, and coal properties such as chlorine, sulfur, ash and
metal contents on the metal capture process based on the current results. Additional experiments
are being carried out to provide more statistically representative results for better understanding
the metal capture process.

CONCLUSIONS

This study investigated the possibility of employing suitable sorbents to capture toxic trace
metals during fluidized bed coal combustion. The observed experimental results indicated that
metal capture by sorbents can be as high as 91% depending on the metal species and sorbent
involved. All three sorbents tested, i.e., bauxite, zeolite and lime, were observed to be capable
of capturing lead and cadmium in a various degree. Zeolite and lime were able to capture
chromium. Results from equilibrium simulations suggested the formation of metal-sorbent
compounds such as Pb,Si0,(s), CdALO,(s) and CdSiOs(s) under the combustion conditions.
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Table 1. Concentration of Chlorine, Sulfur and Target Metals in Tested Coal Samples
and Wood pellets (Units: ppm for metals, % for Cl and S)

Species IBC-110 IBC-111 IBC-112 Wood"
Cd <0.4 <0.4 <0.3 5
Cr 11 14 14 20
Pb 10 18 27 30
Cl 0.0% 0.0% 0.2% 0.0%

S 4.6% 2.0% 2.8% 0.0%

“Spiked Metals: Metal Nitrates

Table 2. Major Composition, Trace Metal Concentration and
Fluidization Properties of the Three Tested Sorbents

Composition
; or Bauxite Zeolite Lime
Property
/
Si0, (%) 9.0 66.7 0.7
ALO; (%) 78.0 12.1 0.3
' Ca0 (%) 0.0 3.1 97.2
N Cd (ppm) 3.0 1.3 2.5
¢
- Cr (ppm) 286 3.5 4.5
Pb (ppm) 51.8 : 22.0 25.2
d, (mm) 0.5 0.5 0.5
U, (cm/s) 3.8 3.5 3.8
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Table 3. Experimental Parameters and Operating Conditions

Parameter Range

Fuel Type Coal, Wood
Coal Size 2.0-2.8mm
Wood Size 4.8 mm

Fuel Amount 60 g

Fuel Feed Rate 0.22 g/min

Sorbent Type

Sorbent Size

Sorbent Amount

Static Sorbent Height
Air Flow Rate
Combustor Temperature

Combustion Duration

Bauxite, Zeolite, Lime
0.4-0.6 mm

22.5-30 g

6 cm

3 U, of Sorbent
900°C

4.5 hrs

Table 4. Equilibrium Simulation Results for Lead with or without Sulfur

Sorbent Metal With or Without Sulfur-Metal-Sorbent
Constituent Sulfur Compound
Sio, Pb Without S Pb,SiO(s) < 1000°C
PbO(g) > 1000°C
With S PbSO,(s) < 950°C
Pb,SiO(s) < 1000°C
PbO(g) >1000°C
AlLO, Pb Without S PbO(s) < 900°C
PbO(g) > 900°C
With S PbSO,(s) < 950°C
. PbO(g) > 950°C
CaO Pb Without S PbO(s) < 900°C
PbO(g) > 900°C
With S CaSQ,(s) > 500°C
PbSO,(s) < 950°C
PbO(g) > 950°C
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Table 5. Percentage Lead Capture by Sorbents (%)

Fuel Type Bauxite Zeolite Lime
Coal (IBC-110) 68 60 27
Coal (IBC-111) 58 91 51
Coal (IBC-112) 66 51 21
Wood Pellets 48 52 53

Table 6. Percentage Cadmium Capture by Sorbents (%)

Fuel Type Bauxite Zeolite Lime
Coal (IBC-110) 66 64 43
Coal (IBC-111) 74 21 57
Coal (IBC-112) 72 84 21
Wood Pellets 14 36 . 8

Table 7. Percentage Chromium Capture by Sorbents (%)

Fuel Type Bauxite Zeolite Lime
Coal (IBC-110) 0 57 8
Coal (IBC-111) 0 19 5
Coal (IBC-112) 0 17 12
Wood Pellets 0 33 34
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TRACE ELEMENTS OF PETROLEUM - FCCU FEEDSTOCK, FRESH, SPENT AND
DEMETALLIZED FCCU CATALYST SOLIDS & LEACHATES; DEMETALLIZATION
REDUCES LEACHABIUITY, INCREASES STABILITY

S. K. Pavel and F. J. Elvin
Coastal Catalyst Technology, Inc., 9 G y Plaza, Houston, TX 77046.

Trace elements contaminate Fluid Catalytic Cracking Unit (FCCU) catalysts by blocking pores and catalyzing steam
deactivation. Elemental analyses of catalyst solids and leach are y to ch ize the system.
Demetallization removes a portion of i by py Ilurgical and hydrometallurgical procedures.
Catalysts were leached by various methods and IAW TCLP. Demetallized catalyst TCLP leachates are below the
UTS TCLP limits proposed September 14, 1994, for all fourteen elements. Immediate catalytic activity improvement
and improved resistance to steam deactivation is shown micro-activity (MAT) tests before and after severe steaming.

Fluid Catalytic Cracking is a valuable refining process to upgrade heavy hydrocarbons to high valued products
(Avidan, 1993). Through the cycles of cracking, fresh catalyst deactivation is caused by contaminant blockage of
active sites (nickel, vanadium, iron, et al.) and by steam catalyzed by i eg. di dium, et al.
(Pine, 1990; Pavel, 1992). To compensate for decreased FCC feedstock conversion and product selectivity, a pomon
of the circulating catalyst equilibrium inventory is withdrawn for spent catalyst disposal, and fresh catalyst is added
to the system (Habib, 1979).

Spent FCCU catalyst disposal quantities have been published in various formats, and disposition alternatives include
those “options which recover metals: 1) On-site demetallization and recyclc for FCCU catalysis -~ on-site source
reduction !"; 2) Off-site demetallization and rccycle for FCCU catalysis -- original application recycle '%; 3) Off-
site spent catalyst (ultra-low metals) sale to others "' for further metals loading, a limited market at equilibrium

which requires disposal by others and does not affect disposal of total repl ] of fresh catalyst sold,
and the metals deposited from feedstocks. 4) Off-site demetallization for metals recovery prior to secondary use or
disposal '™, 5) Other waste treatment technologies prior to disposal, e.g. solidification, stabilization, vitrification,

cementation, etc. "*; 6) Cement kilns, with or without pretreatment, either 6a) cement kiins pcrmitted/licensed for
hazardous wastes, or 6b) cement kilns blending wastes as alternative feed stocks"*'”; 7) Landfills "'-'>'%19.” (pavel,
1995)

Trace elements enter the FCCU system from feedstocks, fresh catatysts, feedstock and/or catalyst additives. Analyses
of petroleum by Filby, Yen, Shah, et al. (Yen, 1975), showed a wide range of elements in petroleum. The feedstock
to FCCUs typically includes the gas oil fraction, between diesel and asphalt, and in some cases all of the long residue
with a boiling point above diesel. Refiners normalty analyze FCCU feedstock for C and S and occassionally N, for
Ni and V fairly often, sometimes seldom analyze for more than Ni, V, and in some cases, Na, Fe. ICP elemental
analyses for several feedstocks are shown in Table 1. Elemental analyses of spent Fluid Catalytic Cracking (FCC)
catalyst sohds and leach are y toch ize the total FCC catalyst system including yield impacts and

envir

B

Catalyst and leachate analyses: Elemental analyses of solids and leachates were performed using ICP and XRF,
analyses of leachates were performed by ICP. Table 2 shows a representative catalyst test set which includes a fresh,
spent, and demetallized spent catalyst. Toxicity Characteristic Leaching Procedures (TCLPs) were performed in
accordance with EPA standard methods, and results were compared to the proposed Universal Treatment Standards,
Land Disposal Restrictions -- Phase If (LDRIY), published September 19, 1994. Additional leach tests were
performed with deionized water flushed (DIF) through catalyst using 20 parts water to | part catalyst. Demetallized
catalyst TCLP leachates are below the UTS for all el di (Pavel, 1994). New
pyrometallurgical and hydrometallurgical controls and procedures further |mprove metal removal and enhance
catalytic properties. Immediate activity improvement is seen in MATS prior to i Improved resi to
steam deactivation, catalyzed by dium and other el is shown after spent and demetallized spent catalyst
were steamed for 4 and 16 hours at 1450°F, and then ASTM microactivity (MAT) tested.

Demetallization processing (DEMET) takes a portion of spent FCC catalyst, removes a portion of metal contaminants
by pyrometatiurgical (calcining, sulfiding, nitrogen stripping, chlorinating) and hydrometallurgical (leaching, washing,
drying) procedures, to return the base demetallized spent catalyst to the FCC. Standard demetallization has most
frequently utilized 14S50°F calcining and sulfiding with 650°F chlorinating. Off-gases from reactors are scrubbed
(Elvin, 1993). Comaminant metals are precipitated and filtered for disposal in the same manner used for spent
catalyst, or they can be shipped to 2 Best D rated Available Technology recycler of metals, depending on the
client prefc or y envi The ion of one unit for one refiner has resulted in the recycle
of over 15,000 tons of spent FCC catalyst back to the FCC. Demetallized spent FCC catalyst recycle has reduced
the requirements for fresh catalyst additions and reduced generation of catalyst fines. DEMET processing removes
contaminants known to be detrimental to conversion, product selectivities, and mechanical performance of the FCC.
With DEMET capacity sized to reduce metals levels on circulating catalyst, yields could be improved due to lower
metals on circulating catalyst.

New DEMET procedures improve metal removal, initial activity and hydrothermal stability. Standard DEMET
processmg utilizes a series of pyrometallurgical and hydrometallurgical procedures for metal removal. By removal
of access ch 1s to active sites are renewed. Care is taken during processing to maintain the catalyst
integrity and hydrothermal stability. New advancements in sulfidization and aqueous processing have further
improved metal removal and demetallized spent catalyst characteristics of high initial activity, and low hydrothermal
deactivation rates.
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Table 1. FCCU Feedstock Elemental Analyses (ppm) by ICP

Element Feedl Feed2 Feed3 Feedd Feed5 Feed6 ~ Feed7
Aluminum 29 38.7 0.4 1.6 4.8 nt 0.5
Antimony 0.2 21 1.1 0.2 02 <02 <0.2
Barium nt nr 09 <0.1 <0.1 at <0.2
Beryllium nt nt nt nt nt nt nt
Bismuth 0.6 bdl  <0.1 0.2 0.2 <02 <0.2
Boron <0.1 43 <01 07 <0.1 nt <0.2
Calcium 19.9 153 1.6 27 05 04 0.5
Carbon nr nr 14 78 44 22 4.8
Cerium 0.2 o <0.1 <0.1 <0.1 at nt
Chromium 0.6 o <0.1 <0.1 <0.1 <02 <0.2
Copper 0.2 04 0.2 0.1 <0.1 <02 <0.2
Iron 14.3 16.6 5.2 16.0 76 34 53
Lanthanum 0.1 nr <0.1 <0.1 <0.1 nt nt
Lead 03 24 0.1 0.3 0.6 <02 <0.2
Magnesium 25 3.5 2.6 1.0 0.1 0.2 0.3
Manganese 0.2 0.1 <0.1 0.1 <0.1 <02 <0.2
Neodymium <0.1 nr <0.0 <0.1 <0.1 nt nt
Nickel 2.2 4.8 34 220 39 130 12.1
Phosphorus 0.7 23 0.6 0.1 02 <02 <0.2
Potassium 0.6 5.7 0.6 0.5 0.7 nt <0.2
Praseodymium <0.1 nr <0.1 <0.1 <0.1 nt nt
Selenium nt bdl  <0.1 0.2 0.2 nt <0.2
Silica nt nt nt nt nt nt nt
Sodium 214 274 1.4 28.0 122l 0.5
Strontium 0.6 nr <0.1 <0.1 <0.1 <02 <0.2
Sulfur nr nr 1.3 1.2 03 013 0.37
Tin 0.1 0.4 07 0.5 0.7 <02 038
Titanium 0.1 0.7 <0.1 0.1 <0.1 <02 <0.2
Vanadium 35 43 24 40.0 65 09 8.6
Zinc 09 26 0.4 1.2 0.3 nt <0.2
Zirconium <0.1 nr 0.1 <0.1 <0.1 nt <0.2

o

note: “nt” indicates “not tested” at the time of that sample; “nr” indicates “not reported”

Improved metals removals are accomplished primarily during the pyrometallurgical steps of processing. Special

DEMET procedures were developed by rigorous thermodynamic modeling of the sulfidizati \ to ensure
the reaction mix and temperature appropriate to convert available contaminant oxides to sulfides (Pavel, 1993).
Accurate analyses of all contaminant elements (not just nickel and vanadium) are required for accurate modeling.
Improved metals removai enables more efficient utilization of hardware and provides the ability to lower metals on
eirculating catalyst. Improved metals removal shows that more sites have been uncovered, and micropore channels
leading to active catalytic sites restored.

Elements not tested and/or reported in the following tables, but ofien found on catalysts include three groups.
Elements most typical, but not tested and/or reported: Carbon, Chlorine, Hafnium, Hydrogen, Nitrogen, Oxygen,

Scandium. The second group accounts for he rare earth mix supplied fresh catalyst f ers which includ

the four reported plus Samarium, Europium, Gadolinium, Terbium, Dysprosium, Holmium, Erbium, Terbium,
Ytterbium, Lutetium. The third group includes elements found in crude and on occassion various catalysts: Fluorine,
Iridium, Osmium, Palladium, Platinium, Rhenium, Rhodium, Ruthenium.  All tests have been performed by third
party laboratories. The demetallization procedure used was for recycle of spent demetallized catalyst, alternative
procedures would be utilized if processing for any other purposes. When some elements are removed, the elements
remaining might appear to increase as a portion of the total remaining material. The list of elements is extensive,

but not plete, as el I testing includes over 70 el

Every FCCU feedstock, hardware, and catalyst system are unique. Some systems have more elements than in the
following table (Table 2).

Improvements in hydrothermal_stability and additional activity for recycle to the FCC are achieved through the
hydrometallurgicai processing steps. Special DEMET procedures were developed by rigorous modeling of solution

properties dusing the wash step (Pavel, 1993). Additional proprietary steps are incorporated in the washing prior
to drying on the belt filter. Aqueous processing modifications resulted in a number of attractive alternatives which
can be selected through regulating variables in a single flexible design DEMET unit. For simplicity of graphic and
tabular presentation, only one of the alternative advanced procedures is shown, it is labeled "special”. Spent FCC
catalyst was demetallized in the laboratory pilot plant. Microactivity and XRD testing were performed in accordance
with ASTM standards. Steaming was performed at 1450°F 100% steam for 4 hours and 16 hours. The results prior
to steaming and after 4 and 16 hours of steaming are shown in the Table 3 in comparison of the fresh, spent,
standard demctallized, and special demetallized sample performance demonstrated by MAT testing.
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Table 2. Fresh, Spent, and Demetallized Spent FCC Catalyst Solid and Leachate Analyses (ppm)

UTS
LDRII

Elements
Analyses

by ICP

Aluminum
Antimony
Arsenic
Barium
Beryllium
Bismuth
Boron
Cadmium
Calcium
Cerium
Chromium
Cobalt
Copper
fron
Lanthanum
Lead
Lithium
Magnesium
Manganese
Mcreury
Molybdenum
Ncodymium
Nickel
Potassium
Presodymium
Selenium
Silicon
Silver
Sodium
Sulfur
Thallium
Tin
Titanium
Vanadium
Zinc

Analyses
by XRF
Bromine
Cesium
Gallium
Germanium
Indium
lodine
Niobium
Phosphorus
Rubidium
Strontium
Tantalum
Tellurium
Thorium
Tungsten
Uranium

Y ttrium
Zirconium

Note: bdl = below detection limit; nt=not tested; ~99%=removal to below detection limits.
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_ Fresh Catalyst  ___ Spent Catalyst _ Demetallized Spent  Element
Solid __ Leachates ~ Solid ~ _ Leachates  Solid __Leachates  removal
__TClP _DIF ____ TCLP DIF.  __ TCLP _DIF wsgent
142110 87.469 0.549 141190 114.813 2961 175200 34.010 4720 +24%
246 bd! bdl 1526 1.766 9.491 310 bdl bdl 80%
215 0.223 bdl 250 1.495 bdl 96 0113 0.205 62%
118  0.018 bdl 77 0.667 0014 52 0329 0.060 32%
3 0006 0.002 38 0368 0.509 10 bdl 0014 74%
bdl bdl bdl 7 0319 0015 bdl bdl bdl bdt
20 0.029 0.021 20 0109 0.09% 14 0.067 0.037 30%
4 bdl bdl 20 bdl bdl 30 bdl bdl -55%
1372 7.059 0.278 1819 1.889 0.283 961 4.061 1.084 47%
4682 13.183  0.085 1171 14915 0.065 1264  26.627 3.48! + 8%
675 0.043  0.011 586 bdl bdi 579 bdl bdl -16%
8 bdl bdl 193 0.013 0013 12 0.142  0.052 93%
9 0013 0009 29 0.103 0002 9 0012 0.001 69%
3053 0219 0.0i6 4292 0328 0301 902 2320 0.053 %%
3518 840t 0.017 2757 46.975 0.246 2782 57.195 8928 +1%
27 bdl bdl 38 bdl bdl bdl bdl bdl ~99%
42 0.054 0.007 56 0431 0314 32 0.385 0.285 43%
316 2.041  0.106 62 0.827 0.094 33 0844 0333 47%
12 0055 0.001 12 0.052 0.001 8 0.036 0012 33%
bdl bdi bdl bdl bdi bdi bdi bdl bdl bdl
8 0016 0011 14 0227 0474 4 0.058 bdl 1%
2303 8914 0036 1703 20987 0.i92 1182 31.298 3.293 31%
33 0049 0.006 3432 1.868 0.269 153 1.745 0.547 96%
890  2.801 0.348 281 1.205 0.224 242 0.097 0012 16%
587 1991 bdl 432 6.347 bdl 381 9.512 1071 1%
11 0.046 bdl 10 0.040 bdl bdl bdl bdl ~99%
310010 68917 8428 310485 50.384 32.506 282500 55.571 8.440 9%
bdl bdl bdt bdl bdl bdl bdl bd! bdl bdl
3178 62518 12.795 2283 26.993 16473 2211 16367 12.147 3%
2973 84.625 61.931 446 1.134 0.882 2357 86.837 13326 +428%
92 0.047 0.032 60 0.867 0353 bd! bdl bdl ~99%
bdl bdl bdl bdl bdl bdl bdi bdt bdl bdl
4170 0064 0.029 7550 0.016 0.165 3800 0264 0.016 50%
63  0.137 0.160 4967 48.437 68.500 1176 0.123  0.187 T6%
9t 0537 nt 136  0.162 bdl 95 1360 0.098 30%
solids only solids only solids only
< 04 < 04 < 04 NoChange
< 15 223< 15 23< 75 NoChange
28.6+/- 1.0 53.2+/- 2.0 29.7+- 2.0 44%
< 07 2.14/- 0.5 < 1.0 ~99%
X < 06 < |8 < 18 NoChange
94+/- 2.8 22.54/- 4.0 10.3+/- 3.0 54%
13.7+/- 1.0 253+- 1.0 9.9+/- 0.8 61%
653.0+/-38.0 666.0+/-37.0 604.0+/-31.0 9%
3.6+/- 05 2.9+/- 0.6 L7+- 0.6 41%
60.5+/- 1.0 67.5+/- 1.0 60.6< 14 10%
< 49 < 80 < 80 NoChange
< 14 < 25 < 25 NoChange
6.7+/- 1.0 187< 1.0 16.8+/- 1.0 10%
<3.1 <189 < 189 NoChange
2.7+/-1.0 4.1+/- 1.1 3.2+- 1.1 22%
59.8+/-1.0 32.64/- 1.0 274+4/-1.0 15%
103.0+/-1.0 125.0+/~ 2.0 125.0+/- 2.0 NoChange




Table 3. Fresh, Spent, Standard Demetallized, and Special Demetallized Spent Catalyst

Fresh ECAT DCAT after DCAT after
without without Standard Special
DEMET DEMET DEMET DEMET
MAT yields prior steaming, wt%
Conversion 94.29 55.55 67.74 70.78
2nd Order Conversion 16.50 1.25 2,10 2.42
Gasoline/Conversion 0.27 0.63 0.56 0.54
2ndOrderConversion/Coke 0.79 0.15 0.24 0.21
Dry Gas/2ndOrderConversion 0.38 1.55 1.23 1.03
LCO/LCO+Slurry 047 0.52 0.60 0.63
Hydrogen 0.29 0.46 0.26 0.46
Dry Gas (C14C2s) 6.22 1.93 257 2.50
Propane 17.06 0.85 230 1.74
Propylene 217 274 4.34 4.84
Isobutane 14.36 228 6.17 5.60
Normal_Butane 6.65 0.56 1.35 1.22
Isobutene 0.39 0.93 0.96 117
Total Butenes 121 3.24 3.9t 4.5t
Gasoline (C5-430F) 2541 3498 38.10 38.34
LCO (430-650F) 2.66 22.94 19.36 18.55
Slurry (650F+) 3.05 21.51 i2.91 10.68
Coke 20.91 8.51 8.74 11.56
MAT yields after 16 hours steaming, wi%
Conversion 62.91 35.86 40.38 56.56
2nd Order Conversion 1.70 0.56 0.68 1.30
Gasoline/Conversion 0.66 0.56 0.65 0.68
2ndOrderConversion/Coke 0.37 0.07 0.14 0.45
+ DryGas/2ndOrderConversion 1.1 2.98 255 1.37
LCO/LCO+Slurty 0.68 0.33 037 0.52
Hydrogen 0.07 0.64 0.34 0.21
DryGas (C14+C2s) 1.88 1.67 1.72 1.78
Propane i.19 1.01 0.66 0.79
Propylene 422 L.73 221 3.97
Isobutane 3.94 0.54 0.95 2.54
Normal_Butane 0.82 0.9 0.28 - 0.5¢
Isobutene 117 0.63 1.19 o199
Total Butenes 477 1.63 3.17 5.70
Gasoline (C5-430F) 41.47 20.18 26.22 3820
LCO (430-650F) 21.36 20.89 21.92 2247
Sturry (650F+) 15.73 43.25 37.70 20.98
Coke 4.56 8.28 4.83 2.87

Demetallized_spent FCCU_catalyst TCLP leachate is below the proposed LDR-II UTS for all 14 _elements.

Demetallization for primary recycling to FCCUs can reduce fresh catalyst additions, reduce circulating inventory
metals (or hold a metals leve) with increasing feed stock metals), and reduce leachable metals for a portion of spent
catalyst withdrawn, Contaminant metals are controlled in FCCUs due to their deleterious affects on conversion,
selectivity, and deactivation of fresh catalyst. Similarly, cement kiln blends are limited to a kiln blend of 83 ppm
vanadium due to potential problems with refractories {Petrovsky, 1994). For those kilns not already at a vanadium
limit due to vanadium content of the local quarry supply, the dilution of vanadium sets the limit of spent FCCU
catalyst processed to 1-2% of kiln feed stock. The mobility of vanadium is well known in refining, and it appears
the conditions of cement kiln processing do not limit dium mobility. D Itization could be used to reduce
the leachable metals prior to secondary recycling (cement kilns, etc.) or disposal. Using DEMET to remove
vanadium from feed stocks to cement kilns would increase capability to substitute spent FCCU catalyst in the kiln
blend.” (Pavel, 1995) .

Conclusion. Demetallization reduces the leachability of contami 1 asured by TCLP and de-ionized
water flushes. After demetallization of spent FCCU catalyst all fourteen TCLP leachate elements are below the
proposed LDR-II Universal Treatment Standard levels. For every indicator of catalyst performance after severe
steaming, standard demetallization appears superior to equilibrium catalyst without demetallization, and special
demetallization appears superior to standard demetallization and far superior to equilibrium catalyst without
demetallization. Graphs show higher conversion, and higher gasoline yietds with lower coke for special demetallized
catalyst compared to equilibrium catalyst. The graphs also show the special demetallized catalyst performance ratios
are also superior with lower dry gas’kinetic conversion ratios, higher gasoline/coke ratios, higher gasoline/conversion
selectivities, higher light cycle oil selectivities, higher dynamic activities, as welt as increased C3 and C4 olefins and
isobutylene. DEMETallization appears very well suited for the marketplace of new lines and higher middte
distillate demands. The special DEMET process significantly increases the activity, selectivity and hydrothermal
stability of the catalyst and minimizes the fresh catalyst required to maintain FCCU activity.
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DETERMINATION OF TOTAL MERCURY IN COAL
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INTRODUCTION

The determination of mercury in coal is of interest due to
its extreme volatility during coal combustion and its potential
to be toxic if released into the environment. However, the low
concentration of mercury in coal, frequently at the low ng/g
level, makes analysis extremely difficult. In addition,
mercury’s volatility makes sample cross-contamination more
likely. Despite the emphasis placed on mercury analysis, the
analytical method of .choice to give accurate, reproducible
results for coal samples remains debatable. In 1988, 18
independent laboratories participated in an interlaboratory
comparison of EPA Method 245.5 (sample digestion/dissolution
followed by amalgamation/CVAA) for the analysis of mercury in
NIST-SRM 1633a coal fly ash which has a certified value of 0.16
+ 0.01 pg/g. The results gave a mean that was 230% of the true
value with an overall standard deviation of 200%.!' More
recently, an extensive round robin experiment on Hg analysis
was carried out in which 11 laboratories were supplied with
three different coals for analysis. The analytical methods
employed were cold vapor atomic absorption spectroscopy
(CVAAS), cold vapor atomic fluorescence spectroscopy
(CVAFS), and instrumental neutron activation analysis (INAA).
The study showed that there was approximately a 50% inter-
laboratory variability corresponding to a reproducibility of
0.04 pg/g for a coal with an approximate Hg concentration of
0.08 pg/g.2

INAA is one method that has commonly been used for mercury
analysis in coal. NAA has the advantage over other analytical
methods in that once the sample is sealed in the irradiation
vial sample cross-contamination is prevented. However, the
’Se (t,=120 d) 279.5 keV y-ray is a direct spectral interferant
for the Hg (t,=47 d) 279.2 keV y-ray. The interference can
be mathematically corrected for using the "°Se 264.7 keV y-ray,
but this can result in large uncertainties associated with the
mercury values, particularly in coal samples where the selenium
concentration is many times larger than the mercury
concentration.

Our laboratory has developed a new radiochemical neutron
activation analysis (RNAA) method based on pyrolysis followed
by double gold amalgamation. During pyrolysis the more
volatile elements, such as mercury and selenium, are liberated
from the coal sample, and the mercury is preferentially
collected by amalgamation with gold. While this procedure does
not completely separate the mercury from the selenium it does
greatly increase the Hg-to-Se ratio in the 279 keV peak,
thereby reducing the measurement’s uncertainty. Furthermore,
since other elements in the sample are not amalgamated with the
gold, the spectrum background is drastically reduced which
results in a greater sensitivity for mercury.

EXPERIMENTAL

Sample Preparation

Samples of NIST SRM 1632a were dried at 105°C overnight
and cooled. 10.00 pg/mL and 50.00 pg/mL Hg solutions were
prepared from a 1000 * 3 pg/mL Hg in 2% HNO, certified standard
(High Purity Standards). Appropriate amounts were added to
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known quantities of dry SRM 1632a to obtain spike
concentrations of approximately 200, 400, 650, and 1000 ng/g.
The spiked samples were dried at 35-45°C overnight. After
cooling, the samples were shaken on a mixer mill for twenty, 2-
3 minute intervals.

Irradiation

Approximately 70-100 mg of the spiked standards were
placed in acid washed quartz vials (4 mm i.d, 6 mm o.d.) and
sealed. Samples were irradiated at the University of Missouri
Research Reactor (MURR) for 48 hours at a thermal flux of 5.150
x 10 n/cm?/sec. One to two weeks after irradiation the vials
were washed with aqua regia.

Radiochemical Separations
. The experimental setup is shown in Figure 1.

All glassware was constructed of quartz and was soaked
overnight in 10% HNQ, prior to analysis. Quartz wool was
placed in the tube furnace downstream from the sample to trap
coal particulates and ensure complete pyrolysis.

Gold traps were prepared by folding a 10 cm x 10 cm gold
mesh in half and rolling lengthwise. These gold mesh

“cylinders” were blanked by heating to 800°C for 1 hour. After

cooling, each mesh was placed inside a 6 mm i.d. quartz tube
with quartz wool plugs at each end to keep the mesh in place.

Procedure. Sample vials were cooled in liquid nitrogen
for several minutes, wrapped in a thin layer of quartz wool,
and rolled in aluminum foil. The vials were crushed and the
foil was partially unwrapped before being placed inside the
tube furnace. Samples were then heated to 550°C for 1 hour.
After the furnace had cooled to <90°C, the heating tape wrapped
around the first gold mesh was heated to 400°C for 30 minutes.
Throughout the procedure the nitrogen flow rate was kept
constant at about 250 mL/min.

Counting
Activated samples were counted prior to being opened (as

in INAA) for 6 hours with a HPGe detector. After radiochemical

separation the second amalgamated gold mesh was counted for 4
hours with a larger, higher efficiency HPGe detector.

RESULTS & DISCUSSION

Typical y-ray spectra obtain before and after
radiochemical separation are shown in Figures 2 & 3. The
reduction in the spectral background results in a lowering of
the sensitivity for mercury from about 190 ng/g for INAA to
about 15 ng/g for RNAA (calculated using the 30y method) .

The radiochemical separation also greatly reduces the
uncertainty associated with a mercury determination due to the
increase in the Hg-to-Se ratio in the 279 keV peak. Prior to
separation, the relative standard deviation (rsd) in the
specific activities (counts in the 279 keV peak per gram of
sample) ranged from 12% for the 1000 ng/g spiked sample to 75%
for the 200 ng/g spike sample. After separation, the rsd of
the specific activities ranged from 1-4%.

The accuracy of the method was evaluated with SRM 1632a.
RNAA analysis yielded an experimental value of 114 + 13 ng/q,
well within the certified Hg concentration of 130 * 30 ng/g.
Although only one sample of the standard has been analyzed thus
far the results are very promising, and repeat analyses of the
SRM are planned in the future.

The linearity and reproducibility for the method are
illustrated in Figure 4, The correlation coefficient for these
results was calculated to be 0.916 suggesting reasonable
linearity. The discrepancy seen in the reproducibility is most
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likely introduced during the opening of the vials. It is
possible that some sample was lost during the breaking of the
vial and/or placement in the tube furnace.

SUMMARY

As increasing emphasis is placed on sensitive and accurate
mercury determinations, analytical methods will be placed under
more scrutiny and current methods have already been shown to
yield inconsistent results. To meet future requirements,
either current methods must be revised or new methods must be
developed.

In the development of this analytical method the greatest
obstacle encountered thus far has been devising a process that
ensures quantitative sample recovery during vial opening. The
focus of future research will be on refining this aspect of the
procedure.

Despite this difficulty, performing radiochemical
separations using pyrolysis and amalgamation on irradiated coal
yielded accurate results and resulted in significant
improvements in sensitivity and the relative standard deviation
in mercury determinations. Both of these characteristics are
critical in yielding reliable, accurate results for the
analysis of mercury in coal.
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INTRODUCTION

The 1990 Clean Air Act Amendment (CAAA) empowered the U.S. Environmental Protection
Agency (EPA) to set emission standards for a number of potentially hazardous air pollutants (HAPs)
generated by a variety of specific combustion sources. Eleven elements (or compounds of these
elements) present in coal are among the 189 pollutants identified as air toXics by the CAAA legislation.
Mercury is included in this list. Generally mercury concentrations in coal are well below 1 ppm
(1 pg/g). However, because such a large tonnage of coal is consumed for electric power generation,
coal combustion represents a potentially significant source of mercury entering the environment (1).

Determination of the concentration of mercury in coal is becoming an increasingly important
issue. Because of the relatively low concentration of mercury in coal and the relatively high detection
limits of current analytical methods, information on the mercury content of coals to any degree of
certainty is still unavailable. Therefore, evaluating the precision and accuracy of current analytical
methods and improving existing methods are very important in estimating potential atmospheric
emissions and associated risks.

Complete sample dissolution is necessary prior to instrumental analysis for most solid samples.
In general, this step is the most critical in trace metal analysis and is time-consuming and labor-
intensive. Several preparation methods are currently being used for mercury-in-coal measurements.
A method (2) that combusts the coal sample in a tube furnace and collects the mercury vapor using a
gold wire collector has shown some higher results (1) compared to other methods. Method ASTM
D3684 uses an applied oxygen combustion bomb on the coal sample and subsequent rinsing of the

JAn* Je of the bomb after combustion. Method SW846 is an open-beaker acid digestion method, which

nas been considered not suitable for mercury determination because of the volatile properties of
mercury. The method presented here has proven to be reliable and rapid for the decomposition of coal
samples for mercury determination, as well as for other trace metals.

EXPERIMENTAL
Instrumentation

A Model MDS-2100 microwave oven (CEM Corporation) with pressure control was used. The
power range (maximum 950 W) of the oven was adjusted to 1% increments. Since the sample
decomposition consists of several separate stages of control, the microwave is also equipped with a
removable 12-position carousel. Teflon vessels of 100-mL volume, allowing a maximum 120 psi of
pressure, were used. ’

A Leeman Labs, Inc., PS200 automated mercury analyzer was used as the analytical instrument
to measure the mercury in digested coal acid solutions. The pump rate was 5 mL/min. The gas flow
rate was 0.3 L/min.

Reagents and Standards

Concentrated sulfuric acid, concentrated nitric acid, and concentrated hydrochloric acid were ail
trace metal grade. SnCl, and Mg(ClO,), were analytical grade. Mercury standards were analytical
grade.

Procedures
Microwave Digestion

Approximately 0.5 g of coal, accurately weighed to 0.0001 g, was placed in a Teflon microwave
digestion vessel with | mL of concentrated sulfuric acid and 0.25 mL of concentrated nitric acid (added
separately). Approximately 2 minutes was given for the reaction to take place. An additional 1 mL
of concentrated nitric acid was then added to the vessel. The digestion vessels were capped and placed
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in the microwave, and Step 1 was run (See Table 1). The vessels were removed from the microwave
after the run was completed. The vessels were cooled to room temperature and the gases vented. An
additional 2 mL of concentrated nitric acid was added to the vessel. The digestion vessels were put
through additional heating (Steps 2 and 3) until the solution was a clear light yellow color, with cooling
and venting between each step. 0.5 mL of concentrated hydrochloric acid was put in each digestion
vessel, and Step 4 was run. 5 mL of concentrated hydrochloric acid was added, and the solution was
diluted to 50.0 mL with distilled water in a volumetric flask. The solution was filtered and run on the
cold-vapor atomic adsorbance (CVAA) mercury analyzer using matrix-matched standards.

Cold-Vapor Atomic Absorption Mercury Analyzer

After about 1 hour equilibrating the instrument, a five-point calibration was performed. A
quality control standard was analyzed immediately after the instrument was standardized to verify
caljbration accuracy. Samples were run in duplicate, with the mean reported. A calibration check
standard was analyzed every ten samples. If the check standards did not read within 10% of the
expected value; the instrument was recalibrated. A sample spike was performed every ten samples as
well as for each different matrix to verify analyte recovery. A digestion blank and one standard
reference material was run along with the samples for quality assurance.

RESULTS AND DISCUSSION
Effect of Acids in Combination

Hot concentrated perchloric acid is a strong oxidizing agent that attacks metals that are
unresponsive to other acids. However, hot concentrated perchloric acid is potentially explosive when

in contact with organic material (3). Because of this potential hazard, alternative acids to complete

dissolution were investigated, and perchloric acid was not used.

Sulfuric acid is a highly effective solvent for many organic samples. Hot concentrated sulfuric
acid can completely destroy almost all organic compounds. In this study, sulfuric acid was added as
the first step to convert the organic compounds in the coal to inorganic carbon. Because sulfuric acid
absorbs the water generated during the reaction, the equilibrium is pushed to the right, helping to
maintain the reaction.

Nitric acid is a strong oxidizing reagent widely used for liberating trace metals from various
types of matrices as highly soluble nitrate salts. Nitric acid added after the sulfuric acid will convert
inorganic carbon to carbon dioxide and produce soluble salts. But only a small amount (0.25-0.5 mL)
of nitric acid should be added at first to allow the reaction to start at ambient temperature. If 3 mL of
total nitric acid was added at one time, the reaction between the coal and acids would actually slow
down as a result of the large amount of watet in the concentrated nitric acid (more than 30%) absorbing
the heat.

Hydrochloric acid is used for dissolution of coal and, more importantly, for preserving mercury
in solution.

Bloom (4) and other researchers (5) reported that most trace metals, including mercury, are
completely leached from silicate and sulfide minerals by hot acids; thus there is no need for complete
hydrofluoric acid breakdown. Trials using hydrofluoric acid at the end of the digestion stage were
carried out in this investigation. The analysis results showed no difference. Therefore, hydrofluoric
acid was not used in the digestions.

A comparison was made of digestions with and without sulfuric acid. The results showed a 50%
longer digestion time for complete dissolution without sulfuric acid. Adding a mixture of the acids to
the coal sample instead of adding them separately was tested. Longer digestion times and incomplete
digestions resulted in poor precision and accuracy.

Efficiency of Digestion

Although many studies have been devoted to evaluate recoveries of trace metals from coal
matrices, little has been done to establish how completely the coal was digested. If a clear and
colorless solution resulted, it has been assumed that digestion was complete. A visible residue of
silicate material (a grayish color) often remained. In the case of high-ash coals, the presence of this
residue made confirmation of complete digestion even harder. Matusiewicz et al. (5) used total residuat
carbon to evaluate the degree of completion of digestion. This digestion method was used in several
interlaboratory proficiency studies and round-robin studies for mercury and other trace metals, and the
overall results indicate that this digestion method is precise and accurate.
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Pressure Evaluation

The pressure of the first stage was set at 40 psi, and the power was set with slow ramp. The
running time should be adequate to allow the sulfuric acid to react with the coal completely. The
maximum pressure in the second stage was raised to 70 psi, because after additional nitric acid is
added, the reaction between inorganic carbon and nitric acid can be very violent and large amounts of
gases can be generated, resulting in a rapid pressure increase and membrane blowout. The pressure
control was connected to the vessel containing the largest and, presumably, the most reactive sample
when different types of samples were digested at the same time. Different types (i.e., different ranks)
of coal have different responses to microwave pressure. Low-rank coal tends to be digested fairly
easily because of its loose organic structure and low carbon content. High pressure is generated in the
first couple of steps as a result of the rapid chemical reaction. A low percentage of microwave power
should be applied to such samples.

Potential Sources of Interference and Contamination

Organic matrices cause interference on inorganic instrumentation. Some researchers used
postdigestion methods such as a potassium persulfate digestion after the microwave digestion to reduce
the organic matrices. But we found the method presented here provides a good, complete digestion
with good precision and accuracy without any postdigestion. Also, postdigestion can potentially
become a source for contamination.

Matrix-matched standards were used to compensate for any contamination from the trace-metal-
grade acids used.

The mineral content in coal gave very small or no interference on instrument readings because
of the very small amount of mineral content left after the complete digestion.

A digestion blank is very important for accurate analyses of the trace level of analytes in most
fossil fuel samples. As impurities in the acids used are compensated for using matrix-matched
standards, the digestion blank will verify other potential sources of contamination occurring during the
digestion period.

Precision and Accuracy

Without any other laboratory’s involvement for testing the method, we cannot verify this
method’s precision and accuracy, but we can discuss the data we generated from the perspective of
precision and accuracy. Tables 2 and 3 show the instrumental precision and digestion precision and
accuracy for the three standard reference materials used in this investigation.

A relatively large sample size, about 0.5 g compared with most other methods using 0.1-0.2 g,
gives more analyte in the solution provided, resulting in a more accurate reading, since mercury in
most of the coals are at trace levels and are barely above the instrument detection limit after the
dissolution.

Instrumens Detection Limit

The instrument detection limit for coal matricés was calculated based on the seven readings of
several different low-level mercury matrix-matched standard concentrations (between 0.1 and 0.5 ppb).
The method used for calculation was Code of Federal Regulations 40. The detection limit for coal on
the instrument used in this study is 0.1 g/L in digestion solution or 0.01 pg/g in solid, based on 0.5 g
of coal digested and brought to a final volume of 50 mL.

CONCLUSION

Sample digestion in pressurized Teflon vessels using microwave heating proved to be a very
rapid method for the complete digestion of fossil fuel samples. Results obtained from this study for
trace mercury in coal are in good agreement with certified values. The use of HCIO, at high
temperature and high pressure should be avoided because of the potentially explosive nature of the
acid. Multiple digestions and analysis for other important trace metals in a certified standard reference
material (National Institute of Standards and Technology) [NIST] 1635 and South Africa Reference
Material [SARM] 19) were carried out by the Analytical Research Laboratory investigators at the
Energy & Environmental Research Center. Data showed that this digestion method is a good coal
dissolution method for other trace metals (As, Cd, Ni, Se, Cr, B, etc.) in coal.
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TABLE 1

The Microwave Setup
Coal Digestion Step 1 Coal Digestion Step 2
Stage 1 2 3 4 Stage 1 2 3
Power 25 35 40 40  Power 40 45 50
PSI 30 40 45 50 PSI 30 40 60
Time (min) 10 10 60 60  Time (min) 10 10 30
TAP (min) 1 1 60 60  TAP (min) 1 1 30
Fan 100 100 100 100 Fan 100 100 100
Coal Digestion Step 3 Coal Digestion Step 4
Stage 1 2 3 Stage 1 2 3
Power 30 50 60 Power 35 50 60
PSI 60 85 100 PSI 80 90 100
Time (min) 10 10 20 Timme (min) 10 10 20
TAP (min) 1 1 20 TAP (min) 1 1 20
Fan 100 100 100 Fan 100 100 100
TABLE 2
Instrumental Precision
1635 SARM 19 SARM 18
% RSD * 2.40 2.45 2.43
* % relative standard deviation (RSD) was from seven
readings.
TABLE 3
Digestion Precision and Accuracy

SARM NIST SARM 18 Commanche Absaloka Blacksville
Uncertified Value 0.2 0.02 0.04 NA* NA NA
EERC Result : 0.207 0.0186 0.024 0.071 0.049 0.084
% RSD** 11.9 32.8 2.56 8.2 19.0 23.9
Number of Digestions 14 12 8 . NA NA NA
% Recovery 104 * 93 " 60 NA NA NA

® Not applicable.
. ** % RSD was calculated from number of digestions.

’ 819




PRECOMBUSTION REMOVAL OF MERCURY FROM COAL BY MILD PYROLYSIS
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INTRODUCTION

Coal combustion is one of the most popular sources for energy in the United States.
However, increasing environmental regulations concerning the emissions of various pollutants
resulting from coal combustion are being promulgated. Title 111 of the 1990 Clean Air Act
Amendments specifies that air toxics will be controlled to the maximum extent technically
possible (maximum available control technology, MACT). A number of compounds listed as
toxic are found in coal and are released into the atmosphere when coal is burned. Under Title
III, a plant that emits over 10 tons/year of any one of the listed toxic compounds, or emits
over 25 tons/year (or more) of any combination of these pollutants are required to comply to
the control standards. Mercury is present in coal at varying ppm (ug/g) levels and is
considered to pose a significant environmental health risk from coal combustion. Reviews' on
mercury in the ambient air have suggested that the average concentration of mercury in the gaseous
form in regionally polluted areas, such as the east coast, are in the range between 3 to 4 ng Hg/m’.
And in urban air the average concentrations may be as high as 10 ng Hg/m®. Coal combustion has been
estimated to account for over 8 % of the mercury emissions to the atmosphere.” Lindberg® reported
that in the plume of a coal-fired power plant, gaseous mercury is present in excess of 1000 ng Hg/m’®
within a few kilometers of the source. ~ Material balances on mercury in power plants have
shown that only approximately 10% of the total mercury from the coal is found in the fly ash,
and the remainder exits the stack in vapor form. ** Other studies investigating the effects of
existing flue gas clean-up (FGC) technologies on mercury concentration in flue gases report that
varying levels of removal can be achieved, ranging from 10% to 90% removal.* ™ *® This large
variation is most likely due to differences in combustion reactors as well as differences in the
chemical form of mercury and variations in chlorine levels in the feed coal.

The terminology of pyrolysis is used to refer to the processes in which coal is heated in the
absence of oxygen. The coal partially decomposes and produces gaseous, liquid and solid
residuals. Mild pyrolysis is performed using low temperatures (<600°C), low pressure (about |
atm.) and usually low heating rates. The original coal matrix remains largely intact while the
heating value of the coal is retained. Mild pyrolysis of coal has been shown to be an economically
and technically viable method of desulfurization and denitrification.'™ ' Most “organic” sulfur in
Ohio #8 coal is released below 500°C in the form of H,S which can be quickly scrubbed by solid
sorbents. During pyrolysis the majority of trace elements in coal are retained in the solid residue,
but volatile elements such as mercury, bromine, and antimony are released in vapor form.
Elemental mercury has a low boiling point (356 °C ) and has been shown to be released from coals
at the lower temperatures indicative of mild pyrolysis.*'*'* The release of mercury from the coal
structure before combustion by mild pyrolysis offers the greatest potential for the separation of
mercury and its compounds from the evolved gases and vapors. The concentration of these
species are at their greatest in the vapor phase during this period and may be collected by means
of adsorption or chemisorption to solid sorbents. This precombustion removal represents a
pollution prevention strategy. (Regulations controlling the release of mercury will most likely be
promulgated in the future for coal burning power plants.)

This study investigates the influences of temperature and residence time on the evolution
of mercury from coal during mild pyrolysis. While optimizing the temperature and residence time
50 as to maximize the evolution of mercury, it was also important to maintain the original heating
value of the parent coal.

MILD PYROLYSIS METHODOLOGY

A Lower Freeport #6A coal mined in Harrison County, Ohio was the primary coal
investigated in this study. The Lower Freeport sample was sieved to 115 x 150 mesh (~115um)
size prior to shipment. During the sieving and shipment time period the sample lost some moisture
and became slightly oxidized. The condition of the sample as received was maintained by storing
it with CO; headspace in poly-urethane containers. A Pittsburgh #8 Coal mined in Greene
County, Pennsylvania was also used in this study so as to provide a comparison. This sample was
also sieved to 115 x 150 mesh (~115um) size and was maintained in an as received condition by
storing it with CO; headspace in poly-urethane containers. The two parent coal samples examined
in this study are high volatile bituminous coals. The original samples were riffled for
characterization tests, and a summary of the test results is shown in Table 1.
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The mild pyrolysis process was carried out in a Lindberg tube furnace with nitrogen flow.
A diagram of this system is shown in Figure 1. It is a well known fact that trace values for
mercury in coal vary largely even within a single coal seam. Before pyrolyzing the coal samples, it
was necessary to extract a portion of the coal (~10grams), cone and separate that portion so as
to produce a homogenized sample, and then determine a mean value for the mercury content of
that homogenized sample. Samples to be pyrolyzed were then extracted from the homogenized
sample, weighed to 0.5g + 0.1mg, and placed in nickel alloy sample boats. The tube furnace was
stabilized at a predetermined temperature, and the nitrogen flow was regulated so that the gas
velocity in the hot zone of the tube was maintained at approximately 3cm/s.

Each sample was placed in the cool zone of the tube and purged of any trapped gases by
the nitrogen flow. The sample was then pulled into the hot zone of the tube furnace and heated
for a predetermined time. The sample was then pushed back into the cool zone of the tube where
it remained in a nitrogen atmosphere until room temperature was achieved. The pyrolyzed coal
was then analyzed for total mercury content using the ASTM D3684-78 procedure. The ASTM
method was written specifically for fresh coal samples, but should effectively mineralize the
pyrolyzed coal as well.

EXPERIMENTAL RESULTS AND DISCUSSION

Coal samples were subjected to mild pyrolysis conditions and percent removal of mercury
was determined by comparing the final total mercury content of each pyrolyzed sample with an
inittal mercury value. The initial mercury value for each sample was calculated by multiplying the
weight of the sample prior to pyrolysis with the mean mercury value which was established for the
homogenized coal from which the sample was extracted.

The results are shown in Table 2, and graphical representations of the mercury removal as
a function of temperature are shown in Figures 2 and 3. The data indicate a general trend within
each residence time data set in which the percent removal increases with temperature rise, peaks
at some temperature, and then declines. Thermomechanical analysis of both parent coals revealed
that the two coals become-fluid at about 400°C and remain fluid until resolidification occurs at
464°C for the Lower Freeport sample and 477°C for the Pittsburgh coal sample. When a coal is
heated at temperatures in which it becomes plastic, a soft layer develops on the outside of the
coal particles and internal depolymerization occurs. As the carbon becomes soft, it swells and
traps gases. Once the coal becomes more plastic, the gases break through. It is possible that
once the coal becomes plastic, the evolution of the mercury is greatly inhibited by this trapping
action. The increased heating rate accompanying the higher temperatures increases the trapping
because the devolatilization is greater than the plasticity.

Within each temperature range data set, a general trend exists in which the removal of
mercury initially increases rapidly with residence time and then levels off as it seemingly
approaches an asymptotic limit. This suggests that under the conditions given in the
methodology, the rate of evolution of total mercury is proportional to the fraction of mercury and
its compounds remaining in the char at any time multiplied by some reaction rate coefficient
dependent on temperature. This can be expressed as a first order homogeneous decomposition
with an asymptote dependent on temperature, time, reactor configuration, pressure, heating rate,
and particle size:

i =1- e—lu
X max
Where: X = percent conversion
Xnax = maximum percent available for conversion under a specified set of conditions
t = reaction time (min)
k = reaction rate coefficient (min™)

By maximizing the regression coefficient when comparing the experimental data to the
linear form of the equation, Xn.« can be obtained for each temperature. The slope of the
linearization provides a value for k, the reaction rate coefficient. Table 3 lists the values of Xpmax
with the corresponding R* and  for both coal samples and all temperatures. A comparison of the
Lower Freeport #6A data with the above equation indicates a reasonable agreement between
theory and measurements for all temperatures except 275°C and 325°C. The Lower Freeport #6A
data indicates an interesting trend once a pyrolysis temperature of 325°C is achieved. Below this
temperature, analysis results in a maximum possible removal of 100%, but after 325°C, Xmax
increases with temperature until it peaks at 500 °C. A comparison of the Pittsburgh #8 data with
the equation, however, indicates a reasonable agreement between theory and measurements only
within the temperature range of 325°C to 400°C.

By applying Arrehnius’ law to the Lower Freeport #6A experimental data, a plot of In(k)
vs. T results in figure 4. The plot shows two regimes for mercury removal in the Lower
Freeport #6A coal. The data produces a straight line with a large slope in the 275°C to 400°C
temperature range. This indicates a large activation energy, E, which can be associated with
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chemical reaction control. The temperature at which the plot’s slope changes dramatically,
indicating a shift in controlling mechanism of the reaction, coincides with the coal’s plastic zone.
Application of Arrehnius’ law to the Pittsburgh #8 experimental data results in figure 5. The plot
indicates that the Pittsburgh #8 coal behaves similar to the Lower Freeport #6A coal under the
pyrolysis conditions given in the methodology. The activation energies for the mercury removal
in the lower temperature region (<400°C) are calculated using information from the equation of
the straight line plotted in that temperature region. The activation energies for mercury removal
from the Lower Freeport #6A coal and the Pittsburgh #8 coal are 6615 cal/gmol and 4939
cal/gmol respectively.

After treating a coal by mild pyrolysis, it is important to examine what effects the pyrolysis
process has had on the overall heating value of the coal. An oxygen bomb calorimeter was used
to determine the net heat of combustion of each of the Lower Freeport #6A pyrolyzed samples.
These values were compared to an initial heat of combustion value which was calculated using the
inital sample weight and a mean value for the net heat of ¢ombustion of the parent Lower
Freeport #6A coal. Figure 6 shows a plot of this comparison. The results indicate that there is
little change in the overall heating value of the Lower Freeport #6A pyrolyzed coal until pyrolysis
temperatures are greater than 400°C. During the 200-400 °C temperature range, there is
apparently little carbon loss although devolatilization of other components does occur. Once
temperatures exceed 400 °C, there is a decrease in overall heating value which drops with
temperature rise.

CONCLUSIONS .

Given the conditions of the reactor used in this study, mild pyrolysis of coal can achieve
up to 74% removal of mercury from the Lower Freeport #6A coal investigated and up to 80%
removal of mercury from the Pittsburgh #8 coal investigated. The results show that
precombustion removal of mercury from coal by mild pyrolysis can be modeled as a homogeneous
reaction with a distinct maximum percent mercury available for conversion and a distinct reaction
rate coefficient for each temperature range. The results also indicate that removal of mercury
" occurring when pyrolysis is performed at low temperatures (<400°C) on plastic or caking coals is
characterized by chemical reaction control. At these low temperatures, the coal matrix suffers
little destruction. The results verify that the overall heating value of the coal is essentially
unaffected by mild pyrolysis at temperatures lower than 400°C.

Table I: Summary of Characterization Analysis on Original Coal Samples

Lower Freeport #6A Pittsburgh #8
(Harrison Co., OH) (Greene Co., PA)
As Dry Basis As Dry Basis
Determined Determined )
%Ash 11.52 11.65 10.00 10.25
%Carbon 68.03 68.78 73.41 75.22
%Hydrogen 5.07 5.13 5.2 5.33
%Nitrogen 1.62 1.64 1.67 1.7]
YoSulfur 4.24 4.29 1.09 1.12
%0Oxygen (diffcrence) 9.52 9,62 8.63 8.84
Y%Moisture 1.09 (residual) 240
Density, g/cm’ 1.294 1.293
Hg Conc., ppm - 0.57 +0.07 0.12 +0.04
Surface Area, m*/g 1.105 1386
Btu/lb 12,870 13,019 13,207 13,532
kl/kg 29,933 30,280 30,717 31,473

Figure 1: Furnace with Nitrogen Flow
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Table 2: Mild Pyrolysis Test Results

Lower Freeport #6A Pittsburgh #8
%Removal of Mercu %Removal of Mercury
Temp. | 2 Minute | 4 Minute | 8 Minute [ 10 Minute] 2 Minute | 4 Minute | 6 Minute | 8 Minute | 10 Minute
°C Recid Recid, e | Resids e | Resid: Recid Recid e | Resid Reacid. Recid.
Time Time Time Time Time Time Time Time Time
275 0 5.5 5.6 53 - - - - -
300 0 8.0 149 24.2 - - - - -
325 0 37.6 29.5 41.4 0 0 - 36.1 52.0
350 14.0 33.6 44.8 48.6 - - - - -
400 39.9 50.3 57.7 57.7 53.0 70.6 79.6 - -
450 9.7 58.8 68.4 68.1 47.0 46.6 46.9 - -
500 - 62.4 73.9 - - - - - -
600 - 49.5 59.1 - - - - - -
Figure 2: Lower Freeport #6A Figure 3: Pittsburgh #8
Mild Pyrolysis Data Mild Pyrolysis Data
80 80
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70 4 % 4minutes 70 + —%—4 minutes
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Temperature (C)
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Table 3: Values of X, ,R?, and &

Lower Freeport #6A Pittsburgh #8
Temp.(°C) | Xuas R’ kmin") | X R? | k(min")
275 1.00 0.683 0.006 - - -
300 1.00 0.939 0.028 - - -
325 1.00 0.657 0.044 1.00 0.850 0.071
350 0.54 0.993 0.234 - - -
400 0.58 0.972 0.502 0.86 0.998 0.441
450 0.70 0.931 0.449 1.00 0.598 0.097
500 0.77 0.999 0.422 - - -
600 0.62 0.999 0.386 - - -
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Figure 4: Arrehnius Plot of
Lower Freeport #6A Data

Figure 5: Arrehnius Plot of
Pittsburgh #8 Data
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ABSTRACT °

Of the trace elements known to exist in fossil fuels, mercury (Hg) has emerged as one of the
greatest concerns. Mercury has been found to be emitted from combustion in at least two different
chemical forms: elemental Hg and oxidized Hg compounds. Precise identification of the oxidized
compounds emitted has not been accomplished to date. However, most workers in this field
assume that mercuric chloride should be the predominant oxidized species. Mercuric chloride
should be readily removed in a™wet scrubber system because of its relatively high solubility in
water. However, it has been presumed, and we have shown, that elemental Hg will pass through
a wet scrubber system with little or no removal being effected. Therefore, it is important, in order
to obtain a high total Hg removal, to study methods that might result in a removal of gaseous,
elemental Hg from a flue-gas stream. [n this regard, we have been studying the effect of dilute
halogen-containing solutions on elemental Hg in gas streams of vartous compositions. In
particular, the results of passing Hg through bubblers containing solutions of iodine, chlorine, and
chloric acid are described. Mercury found in the bubbler solutions is an indication of the extent of
reaction (oxidation) of elemental Hg with the halogen species, since we have found very little Hg
transferred to the liquid phase when only distilled water is used in the bubblers. Results using
commercial iodine, sodium hypochlorite, and NOXSORB™ solutions are presented and discussed.

INTRODUCTION )

The 1990 Clean Air Act Amendments designate 189 substances as hazardous air pollutants also
called “air toxics.” Mercury (Hg) has emerged as one of the air toxics of greatest concern.
Mercury has been found in the stack emissions from U.S. power plants {1]. Coal-fired power
plants account for the vast majority of the estimated total Hg emissions from all U.S. power plants.
Mercury emitted from coal-fired power plants has been found in a variety of chemical forms,
including elemental Hg and oxidized Hg compounds, such as mercuric chloride [1]. Highly
soluble Hg compounds, such as mercuric chloride, are assumed to be readily removed in a wet
scrubber system. However, elemental Hg, because of its very low solubility in water, has been
shown not to be captured in a laboratory-scale wet scrubber system [2]. Therefore, in order to
remove elemental Hg with a wet scrubber system, an additional method must be incorporated into a
typical wet flue-gas scrubbing process.

We have been studying methods to oxidize gaseous elemental Hg in a typical flue-gas
environment, which includes the presence of other potentially reactive gases in the gas mixture,
such as oxygen (O,), nitric oxide (NO), and sulfur dioxide (SO,). In this paper, we summarize
results of Hg removal found by bubbling various gas mixtures containing elemental Hg through
solutions of iodine, chlorine, and chloric acid. Although there are some literature references to
reactions of elemental Hg with these reactants, we believe that this is the first study that also
includes NO and SO, in the gaseous reaction mixture. Results for iodine solutions showed that a
very high Hg removal was obtained only when the gas phase mixture consisted of Hg and nitrogen
(N,). When other gases were included in the feed gas mixture, the amount of Hg found in the
liquid phase was drastically reduced. With chlorine solutions, a more complex behavior was
observed that depended on the feed gas mixture and concentration of chlorine used. Chloric acid
solutions were prepared from a commercial NOXSORB™ preparation obtained from the Olin
Corporation. These solutions showed a moderate amount of Hg removal (14-27%) for the
concentrations studied when only O, and N, were added to the feed gas mixture. Substantially
more Hg was removed (34-70%) when NO was added to the feed gas mixture. Finally, when SO,
was added to the mixture with NO, a moderate decrease in Hg removal from that observed with
NO alone was noted (23-49%). All the results are presented and discussed more fully below.

EXPERIMENTAL SETUP AND PROCEDURES

A calibrated and certified Hg permeation tube from VICI Metronics was used as a constant source
of vapor-phase, elemental Hg. The permeation tube was placed in a constant temperature water
bath controlled to about = 0.5°C. Bottled, high purity (99.998%) nitrogen gas flowed around the
permeation tube to produce a gas stream with a constant concentration of elemental Hg. This gas
stream was then combined with another gas stream containing nitrogen and other gaseous
components, including O,, carbon dioxide (CO,), NO, and SO,. Carbon dioxide was used as a
carrier gas for the NO. Oxygen was used from a laboratory air line without further purification.
Carbon dioxide, NO, and SO, were used from bottled gases without further purification. Nominal
purities for these gases were as follows: CO,, 99.5%; NO, >99.0%; SO,, >99.98%. Gases were
blended and their initial composition checked with the following Beckman instruments: O,, Model
755 Oxygen Analyzer, CO,, Model 864 Infrared Analyzer; NO, Model 951A NO/NO, Analyzer;
S0O,, Model 865 Infrared Analyzer. Typical concentrations of the various gas components were as
follows: O,, 5%; CO,, 15%; NO, 250 ppm; and SO,, 1000 ppm. After the feed gas composition
had stabilized, a valve was tumed to admit the gas mixture to a series of three bubblers, each
containing 150 mL of solution. The first bubbler contained the solution to be studied, while the
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second and third bubblers usually contained distilled water. Commercial solutions of iodine,
chiorine (sold as sodium hypochlorite), and chioric acid (sold as NOXSORB™ by the Olin
Corporation) were used without further purification. Each test was performed by allowing the gas
mixture to bubble through the bubblers for exactly 30 min. Liquid phase samples from each
bubbler were saved for total Hg analysis. Mercury analyses were performed by a standard cold-
vapor atomic absorption spectrophotometric method (U.S. EPA Method 7470A, SW-846).
Mercury concentrations were determined 1o + 0.02 pg Hg/L.. Estimated accuracy for this method
is £ 10%.

RESULTS AND DISCUSSION

The purpose of the tests described above was twofold. First, we wanted to study the effects on
Hg removal from additions of the gases NO and SO, to a Hg-containing gas strearn. Second, we
wanted to learn about the Hg removal process in regard to gas phase versus liquid phase reaction
mechanisms. We realized, after we began testing, that only minimal information on our second
objective could be gained from these experiments. We could presume that Hg found in the second
bubbler was due to gas phase reactions, assuming that liquid carryover from the first bubbler was
negligible. However, the situ#ition in bubbler #! is more complex. From these tests, we cannot
distinguish in bubbler #1 between gas phase reactions inside the gas bubble followed by rapid
dissolution of products in the liquid phase, and gas-phase dissolution at the gas-liquid interface
followed by rapid liquid-phase reaction.

Before tests were performed with various solutions in bubbler #1, initial baseline tests were carried
out with only distilled water in all three bubblers. When no elemental Hg was added to the gas
stream, no Hg was found in any of the bubbler solutions. This result demonstrates that our system
is free of Hg contamination to the detection limit (+ 0.02 pg Hg/L or £ 0.003 pg Hg in 150 mL of
water) of the Hg analytical method described above. Such baseline tests were run periodically to
ensure that no Hg contamination had built up during the course of testing described in this paper.
A second baseline test was performed with Hg added to the feed gas stream, but again with only
distilled water in all three bubblers. For this test, amounts of Hg barely above the detection limit
(0.004-0.005 1tg Hg in 150 mL) were found in each of the three bubblers. This amount of Hg
may be compared with the calculated amount of Hg in the gas stream of 1.9 pg for the 30-minute
test. This result shows that the amount of Hg removed in this experimental apparatus by using
only distilled water is less than 0.3%. Therefore, any amounts of Hg found in the bubblers greater
than this baseline amount must be from reactions of elemental Hg with components of the various
solutions tested in bubbler #1.

in Juti

Commercial iodine solutions generally contain potassium iodide as a stabilizer, as well as dissolved
iodine. A cornmercial preparation of 0.100 N iodine solution was diluted to make up various
iodine concentrations. Previous experiments in our laboratory had shown that iodine solutions
react rapidly with elemental Hg vapor [3] in gas streams containing only Hg and N,. However,
those tests had been performed by using only a gas-phase Hg analyzer to measure the elemental Hg
concentration in both the feed and effluent gas streams. The analyzer used in those tests has
recently been shown by us to be unreliable for measuring Hg in various complex gas mixtures.
The tests reported here are the first ones where Hg in the liquid phase has been analyzed. Using a
solution of about 125 ppb iodine in bubbler #1, we found that more than 90% of the gas-phase Hg
was in the bubbler solutions when only N, and Hg were in the feed-gas stream. When O, and CO,
were added to the gas mixture, Hg removal was reduced to about 6%. Only one test was
performed with a higher iodine concentration in bubbler #1 (~250 ppb iodine). This test, for a gas
stream containing only Hg and N,, did not give a result substantially different from the lower
concentration test (~81% Hg removal). However, when either NO or SO, (or both) were added to
the gas mixure, the amount of Hg found in the bubbler solutions went either to zero (for NO and
for NO plus SO,) or close to zero (~1% for SO,). lodine solutions were not investigated further in
these bubbler tests.

In earlier unpublished work in our laboratory, we found that the concentration of gaseous
elemental Hg was substantially reduced simply by passing Hg vapors (mixed with nitrogen gas
only) over an agitated iodine solution (~250 ppb). These tests showed that the most likely Hg
removal mechanism was a rapid gas-phase reaction between iodine vapors and elemental Hg,
probably yielding mercuric iodide. This gas phase reaction is probably why a considerable portion
(~35%) of the total mercury found in the liquid phase was found in bubblers #2 and #3. However,
as discussed above, we cannot exclude the possibility that some of the Hg found in bubbler #1 is
from a liquid-phase reaction at the gas-liquid interface. Indeed, a published report on the reaction
of iodine in solution with dissolved Hg stated that “the rate was too fast to measure” |4]. The
product of the solution reaction was shown to be mercuric iodide by its ultraviolet spectrum [4].
Therefore, without further modeling studies and knowledge of the rate constants (no experimental
data on the gas phase reaction of Hg with iodine could be found in the literature), we cannot
specifically analyze how much of each reaction (gas phase versus liquid phase) is responsible for
the Hg found in bubbler #1.

We conclude that the reaction of Hg with iodine is extremely rapid in the gas phase. However, the
presence of other gases readily interferes with this reaction. Whether this interference is caused
only by reaction of iodine with the other gaseous components, or whether another mechanism is
responsible for the interference cannot be determined from these tests. In any case, iodine would
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not seem to be an attractive option for oxidation of elemental Hg in the presence of gases other than
nitrogen.

Solutions of molecular chlorine (Cl,) are more complex than those of iodine because of the greater
tendency of Cl, to disproportionate in agueous solution to hypochlorous acid and chloride ions.
Commercial chlorine solutions are sold as sodium hypochlorite because in alkaline solutions the
equilibrium between Cl, and hypochlorite ions greatly favors the latter. Nonetheless, because of
the various equilibria involved, detectable amounts of Cl, will exist both in the gas and liquid
phases. Results for the removal of Hg by chlorine solutions appeared to depend both on the
composition of the feed gas mixture and, in some cases, on the concentration of the chlorine
solution. These results are presented in Table 1 and discussed below.

The results in Table 1 are given as a percentage of the total gas-phase mercury found in the liquid
phase of all three bubblers; that is, we calculated the total amount of Hg in the gas phase that
passes through the bubblers from the known rate of Hg generation by the permeation tube times
the 30 min duration of each tést. Then the total Hg in the bubblers is found by simple addition of
the amounts found in the individual bubblers (in general, bubbler #3 was not analyzed for Hg
unless a significant amount was found in bubbler #2). Finally, the total liquid-phase Hg is divided
by the total gas-phase mercury and the result is multiplied by 100%. As can be seen from Table 1,
removal of Hg in gas mixtures containing only O, and N, did not change much for different
chlorine solution concentrations. Some literature data are available on the gas phase reaction of Hg
with Cl,. Recent modelling work has assumed the rate constant to be very small [5). On the other
hand, laboratory experiments have shown conflicting results. Some workers have found this
reaction to be slow [6] while others have found it to be relatively fast [7]. Still other work has
shown the reaction of Hg with Cl, to be surface catalyzed [8]. It appears from these conflicting
results that one must be very careful in interpreting data for this reaction. Qur data suggest that the
rate of reaction between Hg and Cl, is not fast, because not much change in Hg removal was
observed with increasing chlorine concentration. Our conclusion on the gas-phase reaction of Hg
with Cl, is that it is slow unless there is an appropriate surface available to catalyze the reaction.

For the gas mixtures containing NO and NO plus SO,, Hg removal increased with increasing
chlorine concentration. However, the rate of increase differed for the two gas mixtures studied.
Addition of NO to the feed-gas mixture appeared to have a definite positive effect on the amount of
Hg transferred to the liquid phase, when compared to the removals obtained with only O, and N,
present. An explanation for this behavior might be that NO reacts with Cl, to yield nitrosyl
chloride (NOC!). This reaction has been described in the literature and appears to occur rapidly at
room temperature [9]. Although we could not find a literature reference to the reaction of NOCI
with elemental Hg, there was a paper which found that NOC! oxidizes mercurous chloride to
mercuric chloride as well as oxidizing elemental zinc and copper [10]. Our conclusion for the
reaction of Hg in the presence of NO 1s that NOCI probably reacts faster with Hg than Cl, does.

Also, as can be noted in Table 1, when SO, is added to the feed-gas mixture, Hg removal is much
lower at the lower chlorine concentrations than when SO, is not present. However, at the highest
chlorine concentration studied, the Hg removal performance with SO, present actually slightly
exceeded performance without SO,. Tt is well-known that sulfite ions will reduce molecular
halogens to their corresponding halides. Because of this reaction, it is hard to understand how the
presence of SO, could actually increase the oxidation of Hg by Cl,. Perhaps the improvement in
Hg removal with chlorine concentration can be understood as simply being caused by the presence
of an excess of Cl, that swamps the reaction between dissolved bisulfite (from absorbed SO,) and
Cl, and/or hypochlorite ions in solution.

Plotted in Figure 1 is a graph of the fraction of Hg found in the liquid phase as a function of the
logarithm of the initial chlorine concentration in bubbler #1. The data for the tests with NO and no
SO, in the feed gas mixture are shown with a straight line fit, while the data for the tests with NO
and SO, in the feed gas mixture are shown with a power curve fit. The curve fits are only a guide
to show the difference in the removal dependencies with chlorine concentration for the two gas
mixtures. A fuller understanding of this behavior will require more detailed testing.

Chiloric Acid Solutions

Chloric acid solutions (HCIO,) were prepared from concentrated NOXSORB™ solutions.
Concentrated NOXSORBTM, sold by the Olin Corporation, has a nominal composition of 17.8%
HCIO, and 22.3% sodium chlorate. Tests with two different HCIO, concentrations were
performed: 0.71% HCIO, (25:1 dilution of the concentrated stock solution) and 3.56% HCIO, (5:1
dilution). The primary vapor-phase species above these solutions is thought to be chlorine dioxide
(C10,). However, CIO, is very reactive and readily photolyzes to Cl, and O,. Also, in the
presence of moisture, ClO, can produce a number of different chlorine oxyacids, such as HOCI,
HCIO,, etc. Therefore, a large number of different species may be present in the vapor above a
HCIO, solution. To the best of our knowledge, the reaction of Hg with either ClO, or chlorate
anions has not been studied previously. Results of our tests with two different chloric acid
concentrations are shown in Table 2.

From the results shown in Table 2, we first note that the change in Hg removal from a solution of

0.71% HCIO, concentration to Hg removal from an HCIO, solution with about a five times higher
concentration is about the same for each of the three different feed-gas mixtures; that is, Hg
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removal was about a factor of two higher with the higher concentration HCIO, solution. Next, we
note that gas mixtures which contained NO showed a higher Hg removal that the gas mixture
without NO. This result is similar to that observed with chlorine solutions. However, in this case,
a mechanism different than that proposed for Cl, is probably responsible. It has been postulated
that reaction of NO with NOXSORB™ solutions produces hydrochloric and nitric acids among its
products [11]. Because nitric acid dissolves liquid elemental Hg, we propose that this gaseous
nitric acid by-product causes the improved Hg removal when NO is present in the gas stream.
Contrary to the behavior observed with chlorine, we found that for both concentrations studied, the
presence of SO, in the feed-gas stream reduced the Hg removal by about 30% from the level
without SO, but with NO. Also in contrast to the behavior observed with Cl, solutions, it appears
as though the mechanism that causes a reduction in Hg removal when SO, is present cannot be
overcome with higher HCIO,; concentrations. This result again points to the possibility that a
mechanism different from Cl, oxidation of Hg is operating for these HCIO, solutions. These tests
with HCIO, suggest that the gas-phase reaction of Hg with nitric acid might be rapid and should be
examined further.
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TABLES

Table 1. Summary of Hg removal results for tests with chlorine solutions (Cl) in bubbler #1

removal from Cl i 3
Feed Gas Composition 2.5 ppmCl 250 ppm C1 2500 ppm Cl
0,+N, 12 14 9
0, +N, + NO + CQ, 19 42 60
0,+N,+NO +CQ, + SO, 0.5 14 66

Table 2. Summary of Hg removal results for tests with HCIO, solutions in bubbler #1

Hg removal from HCIO, Solution (%)

Feed Gas Composition 0.71% HCIO, 3.56% HCIO,
O, +N, 14 27
0,+N, +NO + CO, 34 70
0, +N, + NO + CO, + SO, 23 49
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THREE WAY CONVERSION CATALYSTS FOR AUTOMOTIVE POLLUTION
ABATEMENT
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INTRODUCTION

The revisions to the Clean Air Act of 1990 and recent regulatory actions taken by the California
Air Resources Board mandate the development of automobiles with much lower tailpipe
emissions. For the original equipment manufacturers (OEM's) to meet the target fleet emissions
numbers for automobiles defined in California's Low Emission Vehicle program, the OEM's
must qualify each model into one of the emissions categories defined in Table 1. The emissions
are calculated using the Federal Test Procedure (FTP) protocol wherein a test vehicle fitted with
a catalytic converter is driven on a chassis rolls over a tightly defined driving cycle. A key
feature of the evaluation is that the FTP is conducted after the catalyst has dealt with 50,000 -
100,000 miles of raw engine exhaust. During the FTP, 50 - 80% of the total pollutants emitted to
the atmosphere by the vehicle occurs immediately following the startup of the engine when the
engine block and manifold are cold, and the catalytic converter has not reached high conversion
efficiencies, and arc known as "cold start" emissions. The stringency of the regulations becomes
evident when to qualify for either Low Emission Vehicle (LEV) or Ultra Low Emission Vehicle
(ULEV) status, the hydrocarbon engine out emissions of 2.0 g/mile, typical for a six cylinder
vehicle, must be reduced over the entire FTP by 97% and 99%, respectively. These regulations
spurred a variety of new technology thrusts aimed at attacking the cold start hydrocarbons
including electrically hcated catalysts, hydrocarbon traps, exhaust gas burners, and close coupled
catalysts (1).

The FTP test poses a unique catalytic challenge. After tens of thousands of startups and
shutdowns, the three way conversion (TWC) catalyst must respond excellently, and rapidly to a
wide range of operating conditions: Gas hourly space velocities and exhaust gas temperatures
can both quickly jump two orders of magnitude in either direction, and the reactant species
present in the exhaust gas vary moment-by-moment in composition, concentration, and relative
ratio of oxidants to reductants. To meet these stringent emission levels three way conversion
catalyst technologies have undergone a fundamental shift in composition and structure to address
the needs for lower light-off temperatures, higher thermal durability, and better tolerance to
sulfur poisoning. Much of the research effort has been devoted to mediating the primary
deactivation mode for TWC catalysts, thermal sintering of both the precious metals and the basc
metal oxides. This talk will discuss the base metal and precious metal chemistries that have been
blended into these durable heterogeneous catalysts for the efficient conversion of auto exhaust
gases.

RESULTS AND DISCUSSION

Palladium has a well documented reputation for both hydrocarbon and CO oxidation (2). When
our research began on palladium, this metal was known to damage rhodium's NOx efficiencies
via the formation a palladium/rhodium alloy and by itself would give only moderate to low NOx
conversion efficiencies. Since the functionality of the precious metal is strongly influenced by
the surface upon which it sits, rare earth oxides were examined for their NOx promotional effects
on palladium. The palladium-only catalysts were formulated utilizing washcoated cordierite
(400 cpsi) substrates prepared from slurries containing mixtures of catalyst powders impregnated
with palladium nitrate solutions and other oxide additives. All catalysts were aged to simulate
in-use catalyst performance in a laboratory honeycomb reactor kept at 1223 K for 12 hr using a
simulated auto exhaust gas stream or as full size pieces aged on engine test beds for 75 - 95 hr
with a maximum bed temperature of 1193 K. Figures 1(a) and 1(b) summarize laboratory reactor
data showing the promotional effects of the rare earth oxides on palladium for NOx reduction
and CO oxidation respectively. In the absence of sulfur, the oxides of lanthanum, neodymium,
and cerium improved NOx performance, whereas CO performance was only improved by the
ceria. Interestingly, only ceria caused both the CO and NOx performances to increase as the
temperature was raised. Apparently in the low temperature regime, the catalysis occurs on the
palladium, whcreas at higher temperatures the catalytic functionality of the ceria is activated and
moves the palladium CO/NOx catalysis to a new performance level. However, the benefits of an
intimatc palladium-ceria interaction for CO/NOx proved a detriment for hydrocarbon activity,
especially at elevated temperatures.
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With lead levels in the U.S. fuel supply now well below 1 ppm, the most influential fuel
component on catalyst performance is sulfur. Sulfur poses a number of challenges to the
functioning of- TWC catalysts via its interference with both precious metal and base metal
function. The sulfur effect on the rare earth oxide promoters for the palladium-only catalysts was
examined in the laboratory reactor. Figure 2 demonstrates how lean aging in the presence of
sulfur lowered NOx activity via formation on an intermediate surface oxysulfate on the rare earth
oxide. The loss in high temperature ceria performance was particularly notable, but fortunately
the oxygen storage function can be restored by subsequent stoichiometric operation.

These findings were then used to create a new palladium-only catalyst architecture wherein the
NOx and HC activities were segregated into separate catalytic layers. For best NOx performance
the topcoat was formulated to contain thc oxides of lanthanum, neodymium, and cerium so that
their NOx promoting activity would have first access to the CO for NOx conversion. The bottom
coat was kept ceria-free so as to maintain palladium's hydrocarbon and CO oxidation activity. A
0.69 liter palladium-only honeycomb catalyst, at 3.5 g/l palladium, was aged on an engine test
bed using 300 ppm sulfur containing gasoline for 75 hr along with a production 5/1
platinum/rhodium catalyst at 1.41g/l of precious metal. The total FTP hydrocarbon/CO/NOx
conversions efficiencies for the palladium-only catalyst on a 4.6 1 vehicle was
95.1%/84.4%/84.1% versus the platinum-rhodium catalyst performance of 89.8%/80.5%/81.9%.
The palladium catalyst gave the best hydrocarbon and NOx efficiencies and proved the catalyst
formulation strategy of keeping the NOx reduction function separate from the hydrocarbon
oxidation components..

The palladium-only catalyst showed sensitivity to the sulfur concentration in the exhaust gas in
the low temperature regimes. In seeking to maintain the excellent hydrocarbon activity of
palladium, but instill better sulfur tolerance into TWC catalysts, we investigated augmenting the
best features of the palladium-only catalyst with platinum and rhodium. A Box-Behnken
experimental design was employed with the metal loadings of 0 to 0.47 g/ for platinum, 1.41 to
5.65 g/l for palladium, and 0.09 to 0.37 g/l for thodium. The catalysts were aged in 10% H,0/
90% air at 677 K for four hours. The catalysts were then evaluated on an engine test stand and
the results of sweep test evaluations carried out at 673 K under stoichiometric conditions are
summarized as contour performance plots for each pollutant in Figure 3. The contour plots show
the metals work together synergistically to deal with the pollutants.  Palladium makes the
greatest contribution to the performance of the trimetal catalysts leading to improved
performance for all three pollutants as the palladium content in the catalysts increases. The roles
of platinum and rhodium can also be discerned from the contour plots where rhodium contributes
to NOx conversion and the platinum, especially at high palladium levels contributes significantly
to CO and NOx activity. The trimetal formulations also showed an improvement in sulfur
tolerance. Experiments were conducted with a produetion 5/1 platinum/rhodium TWC eatalyst
at 1.41 g/l of precious metal versus a trimetal catalyst designated ETM II with a precious metal
loading of 3.71 g/l with a platinum/palladium/rhodium ratio of 1/14/1. Both catalysts were aged
on a fuel cut aging cycle with an inlet temperature of 1173 K. FTP tests were conducted at
various fuel content levels on a 2.0 liter vehicle fitted with multiport injectors. The catalyst
volumes used in these experiments were approximately one-half what would be used in serial
production to accentuate the impact of sulfur on TWC performance. At 300 ppm fuel sulfur,
ETM II outperformed the platinum/thodium catalyst for all three pollutants giving FTP g/mile
emissions for hydrocarbons/CO/NOx of 0.79/3.4/1.05, whereas the platinum/rhodium catalyst
gave 0.76/4.5/1.4.  Sulfur had little impact on either catalyst for hydrocarbon conversion
between sulfur concentrations of 50 - 300 ppm. However, when the sulfur content in the fuel
was raised from 50 and 150 ppm both catalysts showed deterioration in CO and NOx conversion
efficiencies. The platinum/rhodium catalyst allowing tailpipe CO and NOx emissions to increase
from 3.4 to 4.4 g/mile and 1.15 to 1.45 g/mile, respectively. ETM II showed the same trends
with CO increasing from 3.1 to 3.4 g/mile and NOx from 0.80 to 1.05 g/mile. Although ETM 1l
proved more resilient to sulfur and the deactivation is reversible by high temperature exposure,
continued research is required to develop strategies that mediate sulfur's impact on both the
precious metal and oxygen storage components.

SUMMARY

The NOx performance of palladium-only TWC catalysts were substantially improved by
bringing oxides of lanthanum, neodymium, and ceria into intimate contact with the palladium in
the topcoat of a two coat catalyst formulation. The concepts used to improve the palladium-only
catalyst were successfully applied to trimetal formulations which in turn proved to be more sulfur
tolerant than corresponding platinum/rhodium catalyst.
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Table 1.
California's Low Emission Vehicle Program Certification Standards

Federal Test Procedure (grams/mile)®

Low Emission Nonmethane CO NOx
Vehicle Category Organic Gascs

Transition 0.125 34 04
Low 0.075 3.4 0.2
Ultra Low 0.040 1.7 02
Zero 0.000 0.0 0.0

3 Emissions after 50,000 miles
Figure | (a & b). Laboratory reactor data on aged Pd cores containing 1.75 g/l Pd and 12.2 g/l rare earth oxides
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evaluated in a simulated exhaust gas of 0.75% CO, 0.25% H,, 0.6% O,, 1600 ppm NO, 280 ppm propene, 16.3%
CO,, 10% H,0 and N, balance at 50,000hr".
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Figure 2. Laboratory reactor data on Pd cores containing 1.75 g/l Pd and 12.2 g/l rare earth oxides after aging in
10%H,0/90% air and 40 ppm SO,.
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THE CLEAN AIR ACT. IMPACT ON THE FUELS INDUSTRY.
BACKGROUND. .. AND FUTURE?

James M. Kulakowski
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The C . _p ion Topics (S1i

Environmental regulations, including the Clean Air Act have a profound impact on the 4
petroleum industry. For example, a recent study by the National Petroleum Council found

that compliance with environment, health and safety regulations would cost the US refining ] )
and marketing industry some 37 billion dollars in the 1990s. This is greater than the entire ,
31 billion dollar asset base in 1990. £

The federal Clean Air Act is arguably the most comprehensive single piece of legislation ever

passed by Congress. The act was originally passed in 1963 and has had several revisions,

the most recent being in 1990. The act has provisions that cover many pollutants and r
different sources of pollution. g

This paper will only discuss limited portions of the clean air act that impact “mobile
sources”, that is fuels and vehicles. In addition to a discussion of the background for several
of these issues, the paper provides a report of the current status. Finally, some
recommendations are made to improve the flexibility in the act and the regulations it
requires.

Setting Air Ouality Goals (Slide 2)

The clean air act requires that the EPA set standards for air quality. The “criteria”

pollutants include sulfur dioxide (SO,), particulate matter, nitrogen dioxide (NOx), carbon

monoxide (CO), ozone and lead. Areas that meet a standard for a pollutant are in

“attainment”, while those that do not are in “non-attainment”. The clean air act specifies

attainment dates for areas based on the level of a pollutant in a base year. For example, an

area with ozone between 138 and 160 ppb ozone is classified as “moderate” and must attain

the standard by 1996 while an area with greater than 280 ppb ozone is classified as

“extreme” and must attain the standard by 2010. These ambient air quality standards also

indicate how often an area can exceed the standard and remain in attainment. For example,

the fourth 1 hour measurement over the 120 ppb ozone standard in 3 years puts an area in

non-attainment. Stated another way, an area may exceed the standard 0.011% of the time

and remain in attainment. The EPA has set standards for many pollutants but those that most

impact mobile sources are ozone, carbon monoxide and particulate matter. It should be i
noted that EPA is considering a revision to the ozone standard. One revision being K
considered would increase the number of ozone non-attainment areas by 60%, from 79 to

119 based on estimates by the American Petroleum Institute.

Tropospheric (low level) ozone, or “summer smog” is a secondary pollutant, that is a
pollutant which is formed in the atmosphere as opposed to being directly emitted from a
source. The primary reactants are hydrocarbons and oxides of nitrogen, or NOx. Under
certain conditions, these reactants, in the presence of sunlight which acts as a catalyst, react
to form ozone. The atmospheric chemistry is very complex and is dependent on the ratio of
hydrocarbon and NOx. In some areas, reducing one reactant can actually increase ozone.

Tropospheric ozone should not be confused with stratospheric ozone, the subject of global
warming concerns.

Carbon monoxide (CO) pollution is typically a winter time problem. CO is directly emitted,
primarily from gasoline powered vehicles (as opposed to diesels).
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Particulate matter is the fine particles suspended in the air. The current standard only covers
particles less than 10 microns in diameter (PM10). This would include windblown dust as
well as man made particulates. EPA is considering a new standard that would cover smaller
particles and would focus more attention on man made particulate emissions.

State lmpl ion Plans (Slide 3

States have the primary responsibility for meeting the federal air quality standards. They are
required by the Clean Air Act to submit a plan to the EPA detailing how they will meet these
standards. This plan is called the State Implementation Plan or SIP. Failure to submit a SIP
can result in sanctions against an area in the form of lost federal highway funds. Actuat
demonstration of attainment is determined by monitoring ambient air quality.

Once a SIP is accepted by EPA, the regulations contained therein are federally enforceable.

Clean Air Act - Specific C M Slide 4

The Clean Air Act includes mandated measures for certain areas. For example, the 9 areas
with the highest ozone levels are required to include federal reformulated gasoline in their
SIPs. Areas in non-attainment for CO are required to implement an oxygenated gasoline
program. States with higher levels of ozone or CO are required to implement an enhanced
vehicle inspection and maintenance program. The EPA-designed inspection and maintenance
program is very specific as to type of test equipment, testing frequency and repair cost limits
10 earn a waver from the program.

al . - Reformulated Gasoline (Shide 5

The reformulated gasoline (RFG) program is contained in the clean air act. The act-specifies
several elements of the program, while leaving other key elements to the discretion of EPA.
The statutory provisions for the RFG program contain both performance and prescriptive
standards. For example, RFG must attain certain emission reductions, which are
performance based, for toxic compounds, hydrocarbons and NOx. In addition, RFG is
mandated to contain a minimum of 2.0 wt% oxygen and less than 1 volume % benzene.
These are prescriptive standards that must be met irrespective of the emissions performance
of the fuel.

As was noted earlier the 9 worst ozone areas are mandated to have RFG. The act also
provides the opportunity for other non-attainment areas to “opt-in” to the program. Several
areas did this, and subsequently desired to opt-out of the program. EPA allowed these “opt-
outs”, changing the overall volume of RFG demand. This change in RFG volume had the
potential to drastically reduce the value of investments made for RFG compliance.

The enforcement program for RFG is very complex. In essence, it requires tracking of every
molecule of gasoline from cradle to grave. Some of the elements include independent
sampling and testing, year-end audits of production, and periodic reporting. Several of these
provisions also apply to non-reformulated, or conventional, gasoline.

The RFG program includes two phases. The first phase, which was effective in 1995,
includes stawtorily developed targets for toxic and hydrocarbon emission reductions as well
as a requirement that there be no increase in NOx emissions. In the second phase, EPA was
given discretion over the level of the more stringent standards required by the act. EPA
included a requirement for NOx reduction not originally conceived of in the act, in addition
to further reductions in hydrocarbon and toxic emissions. This second phase is effective in
2000.

Clean Air Act - Regi ir Ouality Organizations (Slide 6

The Clean Air Act provides for several regional air quality organizations. This was done in
recognition that some pollutants may be transported from one air basin to another and impact




air quality in these “downwind” areas. An example is the Ozone Transport Assessment
Group which consists of representatives of the 37 states east of the Rocky Mountains. These
states are evaluating a host of measures that could assist downwind ozone non-attainment
areas to reach the standard. The analysis of transported pollutants and their impact on ozone
is exceedingly complex and is only now beginning.

These organizations face an implicit political problem. Namely, it will be difficult for an
elected official to pass a regulation which will cost his constituents when the benefits will be
realized by others, perhaps in another state.

What' i ?

Several initiatives are underway which could further impact the fuel and automotive
industries. '

As mentioned above, the OTAG is looking at options, some of which include further fuet
reformulation to address the issues related to pollutants transported from attainment to non-
attainment areas.

e
EPA is considering revisions to the air quality standards for ozone and particulate matter,
These standards are expected to be more stringent than the current standard and will put

pressure on states to find more emission reductions.

EPA is considering revisions to allow attainment areas to opt-in to federal RFG. This could
drastically increase the volume of RFG requirements. There are significant legal questions

regarding whether the Clean Air Act grants EPA the authority to allow attainment area opt-
ins.

California has included in its ozone SIP a measure that calls on EPA to adopt more stringent
emissions standards nationwide for diesel trucks. This is driven by the fact that a significant
portion of the Los Angeles NOx emissions inventory is sourced in out-of-state trucks visiting
the area. EPA is working with California regulators and the engine manufactrers to
determine whether these standards are attainable. At this point, it appears that changes to
diesel fuel will not be immediately considered as a part of this strategy.

Finally, the auto makers are calling for a “nationwide fuel” that would have tighter
specifications than those of the American Society for Testing Materials (ASTM) whose
specifications are enforced by most states. The environmental necessity of such a fuel is
questionable, as many areas of the country in which the fuel would be sold already attain
federal air quality standards. Such a requirement would provide a fuel with less variability
and assist the auto makers in the design of their vehicles, but would also represent a costly
reformulation of gasoline for most refiners.

None of these initiatives were considered in the 37 billion dollar investment cited earlier.
Needless to say, there will be continued pressure on the petroleumn industry to deliver cleaner
products to market. ‘

What Needs to Happen? (Slide 8)

There are several areas where the Clean Air Act and the regulations it spawns can be
improved. The items detailed below are but a few ideas.

Use of performance based standards will allow greater compliance flexibility and result in
lower compliance cost. However, recent regulations that are advertised as performance
based, are overlaid with elements of the command and control regulatory mind set. For
example, if a party were to develop an additive that was demonstrated to reduce vehicle
emissions to the same level as RFG, that party would have several regulatory hurdles to clear
to certify that additive as a part of the RFG program. Hopefully, as more experience is
gained in implementing performance based regulations, this will change.
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The practice of air quality management needs better tools with which to do the job. An
example js the Urban Airshed Model for predicting ozone. These models are tremendously
complex, needing super computers to run efficientty. However, even with this complexity,
their predictive capabilities are only marginal. Another area which needs improvement is the
type of test used to characterize vehicle emissions. There are recognized shortfalls in the
“federal test procedure”. For example, it does not adequately test al} driving modes (e. g.
high acceleration) and is capped at 55 miles per hour. Finally, there needs to be testing of
reformulated fuels on prototype advanced vehicles. Questions regarding the need for, and
performance of these fuels of the future in the vehicles of the future have not been addressed.

There needs to be a consideration of risk-based air quality standards. Can our society afford
to guarantee pristine air in all air basins regardless of the levels of population and economic
activity? Risk-based, rather than health-based air quality standards will allow EPA to
consider these types of questions.

Finally, there needs to be an explicit requirement that major regulations be subjected to some
type of cost effectiveness test. To their credit, EPA generally has attempted to apply this
type of analysis to fuels regulations. The California Clean Air Act contains such an explicit
requirement. This has impacted the decisions of California regulators. It is time for all
parties to recognize the need for air quality regulations to provide the necessary emissions

reductions at the lowest possible cost.

The Clean Air Act.
Impact on the Fuels Industry.
Background... and Future?
Mike Kulakowski
Texaco Refining and Marketing
ACS Meeting - Orlando Florida
August 1996

Air Quality Goals

o Health-based standards set by EPA
— Ozone (formed by hydrocarbons and NOx)
— Carbon monoxide
- Particulate matter
Attainment deadlines set by initial ajr
quality levels
~ Higher levels of poliutant resulta in more
time to attain standard
~ Example: Moderate ozone 1996. Extreme
ozone 2010

Clean Air Act
Presentation Topics

s The Clean Air Act:
— Sets air quality goais
- Outlines process by which states develop
clean air programa
— Qutlines specific measures
» Reformulated gasoline
» Vehicle inspection and maintenance
~ Establishes regional air quality
organizations

State Implementation Plans
(SIPs) s

« SIP details bow an area will meet
federal air quality standards
— Quantifiable
- Enforceable

o Regulations in SIP are federally
enforceable

» Very specific guidance to states by
EPA

« State maintains autonomy
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Clean Air Act .
Specific Control Measures

¢ Reformulated Gasoline (RFG)
- 9 mandatory areas specified in Act
- Opt-in of ozone non-attainment areas
allowed
¢ Oxygenated Gasoline
- Winter carbon monoxide strategy
o Vehicle inspection and maintenance

- Goal - On road vehicles' emission
performance maintained at or near design
levels

Clean Air Act - Regional Air b
Quality Organizations

@ Examples
- Ozone Transport Commission (OTC)
~ Ozone Transport Assessment Group (OTAG)
- Grand Canyon Visibility Task Force

# Recognition of transported pollutants
and precursors

# Allow for coordinated planning

# Political Issnes

Clean Air Act
What Needs to Happen?

hased regul

o Better perfo
— More flexibility
~ Lower cost
-0 ities for new
o Better tools
- Air quality models
o Risk-based air quality standards
o Explicit requirements for cost benefit
tests for new regulations

Clean Air Act
Reformulated Gasoline

s Performance standards
- Hyd boryNOx/Toxic
«» Prescriptive standards
— Oxygen/benzene fuel content
e 2 Phases to program
~Phase [ - 1995
- Phase II - 2000
& “Anti-dumping” controls
s Very lex enfor

What's Going on Now?

o OTAG - Regi ide fuel standards?

o EPA reasaessment of ozone and
particulate matter standards

o EFA - Attainment area opt-in to RFG?

o EPA - Nationwide diesel engine

standards?

— Driven by Loa Angeles’ ozone non-
attainment

A kers - desire for nati ide

fuel specifications.
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IMPACT OF FUEL CHARACTERISTICS ON
IN-USE PERFORMANCE OF EXHAUST CATALYSTS
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Milford, M1, 48380
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ABSTRACT

In order to improve air quality, California has implemented a plan requiring tow emission
vehicles with advanced technology exhaust catalyst systems. These vehicles are certified
and intended to operate on an advanced reformulated ‘gasoline (California Phase 2).
Other states have or intend to adopt a similar vehicle program, but although these vehicles
will also be certified and designed for operation on the California Phase 2 gasoline, they
will in practice be operated on a variety of gasolines, both reformulated and
unreformulated. In some regions, enhanced inspection/maintenance tests will periodically
be required which includes a test of the exhaust emission control system using a transient
driving schedule. These tests will be performed using available commercial fuels, thus we
have undertaken a study to determine the impact of several individual fuel properties on
the resulting emissions produced during such a test. Properties varied individually include
distillation, oxygenate content and sulfur level.  in addition, the impact of each variable
was measured at several different test temperatures to gain insight on the effect of ambient
temperature on in-use emissions. We will discuss the result of these impacts and possible
explanations based on additional insight gained from modal (second-by-second) emissions
data as well as catalyst temperatures logged during the tests.

INTRODUCTION

One of the requirements for improving air quality called for by the Clean Air Act
Amendments of 1990 involves the improvement of current programs in which vehicles are
inspected in-use for emissions compliance. The enhancement -as proposed by the
Environmental Protection Agency for many non-attainment and neighboring areas requires
vehicle owners to pass an emissions test at either a centralized inspection station or a
qualified repair-and-test facility station in order to obtain a permit to register their vehicle
[1]. In addition to the emissions test, the fuel vapor recovery system on the vehicle must
also be checked for system integrity, and the OBD-Il system checked for an activated MIL
and stored fautt codes.

One of the enhanced inspection/maintenance tests supported by the EPA involves an
exhaust emissions compliance test in which tailpipe emissions of hydrocarbon, carbon
monoxide and oxides of nitrogen are measured while the vehicle is driven over a transient
schedule for 239 seconds [1-3]. This test, called the IM240 (inspection/maintenance 240)
requires a relatively sophisticated chassis dynamometer and emissions measurement
bench and is best administered at a centralized facility. It is already being utilized in
enhanced |/M programs in Arizona and Colorado, and is being implemented in states such
as Wisconsin, Maryland and Connecticut. ~Although alternative I/M tests may be adopted
by other states, we will use the IM240 as the focus of this study.

As stated earlier, we are particularly interested in varying some fuel characteristics and the
ambient test temperature to determine the impact on the resulting emissions. Such tests
serve to probe the variety of test conditions that can be anticipated for I/M tests performed
in the 49 states outside California, and allow us to compare such tests to those that would
more closely represent conditions anticipated within California, recognizing that California
has adopted a strictly controlled low-sulfur reformulated fuel to be sold state-wide {4].
This may be particularly important for Low Emission Vehicles which may be held to strict
emission standards, even in in-use tests. Although these vehicles were originally
proposed by California as part of their state plan to achieve better air quality, member
states of the Ozone Transport Region (13 Northeast states and the District of Columbia)
have or are in the process of considering adoption of the California Low Emission Vehicle
program to meet their state implementation plan (SIP) requirements, wnthout also adopting
the California Reformulated Fuel Program.

For this study, then, we compare IM240 tests performed using a pre-production

Transitional Low Emission Vehicle under relatively moderate temperatures using low-sulfur-
content California reformulated phase 2 fuel to similar tests performed under a range of
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temperatures and using federal fuel surrogates with various distillation, oxygenate and
sulfur content properties.

EXPERIMENTAL

The vehicle used for the enhanced inspection maintenance testing was a 2.2 L OHV
Corsica equipped with a 4-speed automatic transmission and linear EGR. The vehicle was
configured as a production-intent 1996 MY California TLEV and included a complete OBD-
Il system. The inlet of the single underfloor converter used with this vehicle is located
approximately 50" from the exhaust manifold, and the converter itself is 110 cubic inches in
volume, containing 2 oval cross section monoliths of the same size. The forward monolith
contained a palladium technology washcoat, while the rear contained platinum and
rhodium. A single converter was used for these tests and had accumulated 89,000 miles in
customer service. This converter was evaluated for FTP performance using certification
fuel on this vehicle with the following results: 0.089 g/mi THC, 2.28 g/mi CO and 0.32 g/mi
NOx (all values comply with TLEV standards).

The vehicle was also configured with a converter inlet tap for modal engine-out emissions
measurements. In addition, several locations in the exhaust stream and in the converter
monolith beds were instrumented with thermocouples for monitoring the temperature at
those locations. A portable laptop computer equipped with a serial port and an
analog/digital conversion board was used to log selected engine operation and
temperature data in real time during the IM240 test schedule.

The reference fuel used for this study conformed to the California Phase Il reformulated
gasoline standards, and contained sulfur at a level of 32 ppm. A relatively high vapor
pressure fuel used as Wintertime surrogate contained sulfur at a higher level (485 ppm)
and was used both with and without oxygenate modifications. A lower vapor pressure fuel
used as a Summertime surrogate also contained sulfur at a higher level (480 ppm) and was
also used with and without oxygenate modifications. MTBE was used in any oxygenate
modifications. A summary of the fuel properties is listed in Table 1.

IM240 tests described in this study were conducted using a single 48” dynamometer roller
which was electrically-loaded. This test site was capable of collecting both bag (integrated)
and modal (second-by-second) emissions data, and is located in an environmental cell
capable of test temperatures between -9°C and 36°C. Testing at low temperature with the
high volatility Winter fuel simulates an IM240 test that would be encountered in much of the
U.S. (outside of California) in the Wintertime.  In practice the IM240 test may be runin a
heated/closed bay; however, the vehicle will be exposed to cold temperatures during the
urban driving phase and time at idle, and may also encounter these conditions during the
exhaust test itself. Since the climate in the highly populated areas of California is
moderate for the entire year, testing at ambient temperature with the strictly controlled
California reformulated fuel simulates a California IM240 test for a majority of the state and
for most of the year. Whenever fuels were changed in these tests, a purge procedure was
followed to allow the vehicle sufficient exposure to the new fuel prior to conducting tests.

The IM240 emission tests were conducted using a procedure described in a previous
publication {5] and was used to simulate typical customer driving history prior to an I/M test
and to obtain highly repeatable results. This procedure generally included a soak period
followed by an urban driving phase (bag Ii of the FTP), followed by an idle for 15 minutes,
and finally the IM240 test (the 15 min waiting period for an IM test is considered to be
representative of a typical wait time in the field [6]). For the purpose of this discussion we
will focus on the modal emissions data generated during the IM240 portion of this study.
Following the IM240 test, the vehicle was left to soak at the test temperature for at least 1 h
with the fan directed into the radiator, and the entire test procedure (FTP Bag 2 + idle +
IM240) could then be repeated. This entire procedure was repeated to produce two
complete IM240 measurements for each fuel and time at idle matrix element.

RESULTS AND DISCUSSION

The first set of IM240 tests were run using the California Phase 2 reformulated fuel at 74°F
(23°C). We found that the engine-out FTP emissions of 1.7 g/mi HC, 8.9 g/mi CO and 1.9
g/mi NOx were relatively consistent with the engine-out IM240 emissions of 1.3 g/mi HC,
9.2 g/mi CO and 2.7 g/mi NOx. The relative agreement in the engine-out emissions values
provides further support for the IM240 test procedure as a relatively rapid surrogate for the
FTP test. The tailpipe emissions performance on the IM240 was the following: 0.119 g/mi
THC, 1.633 g/mi CO and 0.384 g/mi NOx, which also compare favorably with the FTP
results at 0.089 g/mi THC, 2.28 g/mi CO and 0.32 g/mi NOx. In this case, the IM240
results were 34% greater for THC, 40% greater for CO and 20% greater for NOx when
compared to an FTP test result.  As will become apparent later, the IM240 results were
consistently larger than the corresponding value obtained during an FTP test.
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Our discussion will now turn to IM240 test conditions that can be commonly expected
when Wintertime oxygenated fuel is available, typically November to March. In this study
we ran IM240 tests at 20°F (-7°C), 40°F (4°C) and 60°F (16°C) to cover a wide range of
ambient temperatures that can be expected for most of the country during the Winter.
Although the numerical results are not reported here, the engine-out emissions obtained for
these tests at the three temperatures mentioned above generally remained the same for all
test temperatures and was similar to the results obtained using the California reformulated
fuel, with the exception of NOx, which increased by roughly 45% as the temperature was
decreased to -7°C from 16°C.  The tailpipe emissions, however, are clearly impacted by
both fuel property and test temperature. For example, test results obtained using the
federal fuel at 16°C are between 40 and 100% greater (88% for HC, 85% for CO and 45%
for NOx) when compared to test results using the California fuel at 20°C. Tailpipe
emissions continue to increase dramatically with further decreases in test temperature,
even with the same federal fuel being used for the tests. At -7°C, the tailpipe emissions
levels are between 200% and 300% greater than the results obtained using California fuel
at a test temperature of 20°C (specifically, 275% for HC, 275% for CO and 230% for NOx).
Although the observed increase in the tailpipe emissions for NOx can be partly attributable
to an increase in engine-out NOx levels under colder test conditions, most of the observed
increase in HC, CO and NOXx tailpipe emissions can be attributable to differences in the fuel
properties and test conditions. As will be suggested by the following results, fuel
oxygenate can influence tailpipe emissions, but not at all temperatures. At the lowest
temperature used in this study (-7°C), tailpipe emissions are affected more by sulfur
content and distillation.

A similar set of IM240 tests were also performed at 20°F (-7°C), 40°F (4°C) and 60°F
(16°C) using the same fuel base, but with no oxygenate present. Tests using this fuel also
resulted in increased tailpipe emissions when compared to tests using the California Phase
2 Reformulated fuel, and the increases were generally similar when compared with the
oxygenated Wintertime fuel, except that CO was affected more and NOx was affected less
with the non-oxygenated fuel at test temperatures above -7°C. Tests using this fuel at
16°C, for example, produced 0.205 g/mi HC, 4.38 g/mi CO and 0.401 g/mi NOx. This
represents increases of 88% for HC, 150% for CO and ~0% for NOx when compared to the
California fuel. Further decreases in test temperature to -7°C did result in further increases
in tailpipe emissions, reaching 0.392 g/mi HC, 6.55 g/mi CO and 1.37 g/mi NOx, which
represents increases of 260% for HC, 273% for CO and 230% for NOx. At moderate test
temperatures of 16°C and 4°C, then, the addition of oxygenate to the fuel does reduce CO
emissions as demonstrated in prior published studies. At -7°C, however, the presence of
oxygenate in the fuel has no influence on the tailpipe emissions. A summary of the tailpipe
results for both types of higher vapor pressure fuels are shown in Figure 1.

The observed IM240 tailpipe emission increases attributable to fuel and test condition
effects are in good agreement with our previously reported study [5] of IM240 tests in which
a similar test comparison was made between tests using commercial Winter fuel and
California Phase 2 fuel using a similar TLEV. These results are in contrast to the typically
cited 10-20% in-use emissions increases predicted by MOBIL5a to account for differences
in the fuel properiies, the latter forming the basis for the most stringent IM240 cutpoint
tables. As mentioned above, although the increase in the tailpipe emissions for NOx can
be partly attributable to an increase in engine-out NOx levels under colder test conditions,
most of the observed increase in HC, CO and NOx tailpipe emissions can be attributable to
factors which directly influence catalytic converter performance. It turns out that such
factors are not related to converter temperature, since this was found to be similar
regardless of the test fuel or test temperature, but rather to a combination of the influence
of sulfur, operating air/fuel ratio, and HC composition and combustion characteristics of the
fuel on converter efficiency as suggested by the modal data. A thorough discussion of
these impacts is beyond the scope of this paper, but will be discussed more completely in a -
future paper.

Similar tests were conducted using a lower vapor pressure fuel to represent a summertime
blend, but with an elevated sulfur (475 ppm) level. Tests were conducted both with and
without oxygenate (~11% MTBE), and at test temperatures of 20°C, 16°C, and 4°C (the
fuel drivability was poor at -7°C, thus tests were not run at that temperature). We found
that in general, use of this fuel did not affect engine-out emissions when compared to the
California Reformuiated fuel (except that NOx was increased by 20% at 4°C, similar to the
Wintertime fuel), but increases in the tailpipe emissions were observed. These increases,
however, were not as significant as with the Wintertime fuel for the same test temperature.
For example, tests at 16°C resulted in increases of ~30% for HC, 55% for CO, and 25% for
NOx when compared to similar tests at 20° using the California fuel.  Further decreases in
test temperature did result in further increases in tailpipe emissions, but these increases
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were not as significant as with the Wintertime fuel. When a similar set of tests were run
with the oxygenated version of this fuel, a similar trend was observed in that the tailpipe
emissions increased with decreasing test temperature. However, the magnitude of the
increase was smaller than observed for the non-oxygenated version of this fuel for a given
test temperature.  In summary, then, of the four federal fuel surogates used in these
tests, the highest tailpipe emissions were generally observed for vehicle operation at
relatively low temperature (-7°C) using the high vapor pressure (or Wintertime) fuel blend
with  oxygenate present. The lowest tailpipe emissions were observed for vehicle
operation at relatively moderate (~20°C) temperature using a lower vapor pressure fuel
(Summertime) with oxygenate present. For comparison, the California phase 2
reformulated fuel produced even lower tailpipe emissions when tested under a moderate
temperature condition. As we have mentioned previously, modal data indicates that the
large observed difference in the tailpipe emissions (particularly hydrocarbon) when
comparing low vapor pressure fuel tested at moderate temperature with high vapor
pressure fuel tested at relatively low temperature can be attributed primarily to effects of
the operating air/fuel ratio and the fuel hydrocarbon composition and combustion
characteristics on converter efficiency. Colder test conditions lead to poorer air/fuel
control, while higher vapor pressure fuels contain a larger relative percentage of relatively
unreactive short-chained saturated hydrocarbons, part of which escapes combustion in the
engine and/or oxidation in the catalyst.  The presence of higher sulfur levels appears to
accentuate these effects.

SUMMARY

We have investigated the effects of several fuel properties and test temperatures on the
IM240 tailpipe emissions performance of a 1996 Corsica TLEV. We found that in all
cases, the lowest emissions were obtained using a California phase 2 reformulated
gasoline in tests at 20°C, while tests using federal fuel surrogates all produced higher
tailpipe emissions, and the highest emissions were produced when high vapor pressure
fuels were used under relatively cold temperatures (-7°C).  In the latter case, the tailpipe
emissions were between 200% and 300% greater than similar tests run using the California
fuel at 20°C.  The large increase in the emissions observed when tests were run on the
federal fuels can be attributable to a combination of higher sulfur levels, lower test
temperature, and different fuel hydrocarbon makeup (indicated by high vs. low vapor
pressure).

REFERENCES

1. "Inspection/Maintenance Program Requirements", Federal Register Notice,
November 5, 1992; 40 CFR, Part 51, Subpart S.

2. "High-Tech I/M Test Procedures, Emission Standards, Quality Control
Requirements, and Equipment Specifications: Final Technicai Guidance",
U.S.E.P.A. Document No. EPA-AA-EPSD-IM-93-1, April, 1994,

3. W. M. Pidgeon and N. Dobie, "The IM240 Transient I/M Dynamometer Driving
Schedule and the Composite I/M Test Procedure®, U.S.E.P.A. Report No. EPA-
AA-TSS-91-1, January, 1991.

4, Title 13, California Code of Regulations, Sections 2262.1-2262.7.

5. D. D. Beck, W. A. Short, T. A. Angelos and R. R. Dils, “IM240 Emissions tests with a
2.2 L Corsica TLEV”, SAE Paper No. 942001, 1994,

6. R. Babcock, presentation at the Tenth Annual Clean Air Act Conference, Estes
Park, Colorado, September 27-29, 1994.

Table 1.
Summary of Selected Properties of Test Fuels
Fue! Description Vapor Pressure  Oxygenate  Sulfur Saturates/Olefins/Aromatics
{psi) (% vol.MTBE)  (ppm) (%)

California Phase 2 6.6 111 29 73/5/22
federal fuel -

(high vapor pressure) 118 * 480 711/7/22
federal fuel

(low vapor pressure) 79 - 475 7474122

* Each of these fuels were used with no MTBE added and with 11.5% vol. MTBE added.
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A. Introduction

In the drive for a cleaner environment of the transportation
sector not only ‘the vehicles,but also the fuels are studied for
further improvements. Europe and Japan are no exceptions,although
in motorgasolines the US is clearly leading.

While diesel is only 17% of US motor fuels,it is more important
in Europe,Japan and the rest of the world with some 45%-plus,and
so is its reformulation. s
Recently an extensive European 0il/Auto test program,called EPEFE
has been completed inorder to decide on new "Europe-wide"specs.
for both diesel and motorgasolines.

Later this year the European Commission and-Parliament will deci-
de on the specifics,the time schedule etc. after having heard

all parties concerned.

Much earlier work and study has preceded this;but in the final
judgement both any extra CO, and costeffectiveness will be consi-
dered, plus special local problems (big cities:Milan,Athens,etc.}

CONCAWE, the "0il Companies’ European Organization

for Environment,Health and Safety"”,
established in 1963,has played as important role in this and ear-
lier test programmes as well as ACEA (Auto Co's) and national
institutes active in the collective interest.

The Japanese situation,on-the-ground at least as difficult as
southern Europe/California,is different:

--Tight regulations on emissions

--A severe testing schedule,and young vehicle population,

~--Good fuels,see later.
Their extensive statistics,reporting "road-side 50x and -NOx" de-
monstrate the results of their efforts.As in Holland and Germany
S0x and HC are coming down, but NOx stays high. Because yes,weall
are driving more and more using ever more motor fuels!
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B . Diesel Fuel Studies_in_ Europe

During the last decade the improvement of diesel engines and fuel
has been high on the agendas of both manufacturers and refiners,
Like in gasoline,most progress has been made in engine design,and
most recently,with catalytic soot filters.

In the recent past CONCAWE had already shown that:

a) The Cetane Number is the most important parameter for most
emissions; much more than Density,Aromatics,and T90. The
latter have varying effects of some 5% at best within the
limits of commercial interest.

b) Catalytic filters are able to reduce CO/HC/PM by some2(C-25%,
moreover all fuel effects become smaller,see 1it.2&3.

The Furopean Programme on Emissions,Fuels and Engine Technology,
EPEFE, described above, had selected for experiments those areas
that had not been covered sufficiently earlier or elsewhere in
the US and Japan.

An outstanding feature of their recent series is the use of en-
gines with "year 2000"-technology, so not today's engines.

This choice shows clearly in the level of emissions,Table 1,in
particular the low HC/CO/PM -values. They could even be compara-
ble to California TLEV 's.

However,in ‘hese vehicles the effects of variations in diesel-
properties ,even over i wide range are limited,see table no L.
When comparing Lhe resulls in Light Duty and Heavy Duty vehicles
table 2, the plusses and minusses do not even match always, so a
"Solomon's Judgement" is needed!

Table 3 gives the principle characteristics of the average diesel
fuels of the US,Japan and Europe, plus some of the "talked about”
changes in specs,which now have entered the environmental-econo=
mic-political arena in Brussels.

The costs of diesel reformulation has been calculated for several
scenarios by CONCAWE,lit.S5)table 6 has been derived from a still
"modest" scenario. A cetane spec.change to 58 min indeed looks
unlikely seen the costs of widespread deep aromatics hydrogena-
tion and the extra energy—to—CO7!

C. Motorgasolines Studies, Europe

With all the work done in this particular area in the US and the
results of actions in California,the EPEFE program has only tried
to fill in some blank spaces because of the different car popula-
tion,and the speedier driving habits: the European tests are now
containing a 120 km/hr. section:

Here also cars with "yr-2000" engines have been used, which shows
up in their low av. emissions. One car has such a good, flexible
air:fuel ratio controler that its NOx is 0.07 g/km for all fuels.
[ts other emissions were also so low that no fuel quality effects
could be detected! Table 4 has the results of this section of the
recent European tests. Earlier US conclusions regarding Sulphur
were confirmed;all other parameters gave "plusses & minusses"

Although the general feeling is strongly in favor of "one percent
Benzene max,these and other health risk studies suggest this is
not necessary now and in the nearby future.

Table 5 compares the average values of motor gasoline inspections
of the US,Japan and Europe.(only some essential items)

The octanes are slightly higher in Europe,even of the lead-free
grades. All new cars are designed for RON,/MON=95/85.

Re-setting the specs to the values "talked about" will have enor-—
mous consequences for the refining industry.

A "reg-neg" process,as in the US,leading teo Simple and Complex
models is not feasible in Europe. A gradual introduction of new
specifications,allowing the industry time to invest, both the

auto makers and the refining side,is most likely.

Table 6 summarizes the costs of the above depicted targets of re-
formulation of both gasoline and diesel fuel: virtually every
refinery will need new equipment,particularly hydrocrackers and
hydrotreating/hydrogenation units. (from 1it.5)
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In Japan a further study as a result of the "1995 White Paper on
the Environment" is expected to lead shortly to new legislation.
However,an increasing part of acid rain seems to come from the
rapidly developing neighboring countries!

D. Concluding Remarks

~--Reformulation of motorfuels in Europe is now under general
scrutiny; tighter specs on both diesel and gasoline are expec-
ted,rather than "complex or simple models"

--Major improvements can only be expected from new engine-and
exhaust treatment technology; first indicationsare that also
here some 10% reduction of emissions can be obtained from
so-called cleaner fuels.

~--NOx from diesel .engines could be the remaining problem; a
catalytic solution is highly desirable! ( See 1lit.6)

Literature:

1--Petroleum Industry in Japan, 1995, by "The Japanese Committee
for World Petroleum Congresses'{fax +81-3-5395-5384)

2--Concawe Report no.92/54

3-~- " " no.94/55&56

4- ~-EPEFE report,Diesel Project, WEFA conf.'95 .M,Hublin
5--Concawe Report no.95/54

6--Motor Vehicle Pollution, Reduction Strategies beyond 2010.
OECD-publication 1995. Paris.

TABLE 1
Diesel Reformulation Test results
European -EPEFE test program with
"Yr.-2000 engines and catalysts"”

A Light Duty Vehicles ~ ------ooe- grams per km.----
co Hc NOx M

-— Emissions level of
testvehicles 0.45 0.10 0.55 0.06

-- Vehicle Euro-specs.

'95/'96 2.1 0.25 0.62 0.12
California TLEV 2.1 0.15 0.3 0.08
-~ Major Improvements
by Reformulations % 253) 2530 3420 oD
B Heavy Duty Vehicles = = —------- grams per KWh-----
-~ Test vehicle level 0.59 6.3 3.6 3.6
-- Euro-specs. 4.0 1.1 7.0 0.15
-- Calif.'94 level 11.0 1.0 6.7 0.11
-- Major Improvements
by Reformulation % 10%) 6.3 361 3.62)

€. Fuels Programme:
1)Density decrease: 0.855 to 7.828
2) Poly Aromatics%: from 8 to 1%
3)Cetane Number i« 50 to 58
4) T-95,degrees C : 370 to 325

r

/

7




Comparison

TABLE 2

of effects of fuel properties

..Light and Heavy Duty Vehicles...

co HC NOx PM
DENSITY LLD* -17.1% -189% +1.4% -19.4%
855-828 kg/m3 | HD** +5.0% +14.3% -3.6% -1.6%**
poly-aromatics | LD* +4.0% +5.5% -3.4% -5.2%
8-1% HD** -0.1%*** -4.0% -1.7% -3.6%
cetane number | LD* -25.3% -26.3% -0.2%*** +5.2%
50-58 HD** -10.3% -6.3% -0.6% 0.1 %% >
T95 LD* -1.8%*** +34%r** +4.6% -6.9%
370-325deg € | HD™* +0.0% +13.4% -1.7% 0.0%***

. e

¢ Statistically non significant

ECE+EUDC cycle
ECE R49 13-auwle cyele

TABLE 3

Average Properties of Diesel Fuels

(excl.

Density,g/ml
Aromatics
Poly~ Arom.
Cetanes:
-number
-index

o0 o0

Sulphur ppm

T20 C
T50 C
T95 C

0

color,cold flow,stab.etc.)

Changes
us JAPAN EUROPE "Talked-
about”
.848 0.838 0.840 "down"
30 23 25 25 max.
- - 4-6 ?
46 55 S1 55 min.
47 57 53 -
—————————— 500 max-—--~--—-- "down"?
240 240 215 -
270 260 265 -
315 345 360 2
TABLE 4

Motor Gasoline Reformulation Europe,
Results of the recent EPEFE test programme

Test Vehicles used,
"Yr. 2000 technology"”

Euro/EFTA-specs.
California TLEV

Japan '94

1) S from 400 to 20 ppm
2) Aromatics from
50% to 20%

3) E100°C 60% to 40%
4) T90 °C 185 to 165
5) Benzene 2.5%-0.95%

co HC NOx
————————— grams/km =-------
1.41 " 0.16 0.18 %)
2.0 0.25 0.12
2.1 0.16 0.62
2.1 0.15 0.24

all emissions down 10%!

CO/HC down 10%: NOx up 10%.

no effect.

CO/HC down 5%: NOx,see 2); no change.
down from 5% to 3,5% in HC emitted.

a) One vehicle,with a new very good A~F ratio controler
tested 0.07 g NOx per km!
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TABLE 5

Typical Properties -Motor Gasolines '94

..... Averages, Summer.....

Us us JAPAN
Baseline '90 RFG-II
RVP. psi 7.8 6.7 8
Sulphur,ppm 338 140 40
Oxygen % - 2.1 0.5
Aromatics % 28.6 25 30
Olefins % 10.8 12 16
Benzene % 1.6 0.95 2.5
RON/MON —---- 95/84~---~ 94/84
T50 °F 207 200 204
T90 °F 332 313 300
E200°F,vol % 46 49 51
E300°F,vol % 83 87 91
"Europe” may reduce in) Sulphur to
stages the following )-- Aromatics to
items: ) Olefins to
Benzene to
Oxygen to
TABLE 6

EUROPE

7-9
300
0.6

35
12
2.1

96.5/86

200
320
45
84

100 ppm max.
25 % max.
10 % max.

1 % max.
1.5% min.

Economic Impact of Reformulation
of Gasoline and Diesel-- Europe.
(Concawe Report no.95/54,yr.2000)

A) Diesel
Capital All other Total
charge op.costs
———————————— $/mTon-~——----
Cctane No.
=55 15 5.5 20.5
Cetane No.
=58 20 19 39

Compare with the late '95 prices of av.
.in bulk ,tax free: $/ton 170
.at the pump,
incl. all ‘taxes : “

di

700-1200

- quality,appr.table 3;200 ppm S; 100 x 10%tons/yr.

Extra CO
Refining,
kg/ ton

from

50
350 N

esel fuél:

Capital Charge,excl.for MTBE: $/ton.. 16
Other fixed & variables " _6,
" 22
Compare with:..'95 market price, éxcl. taxes: $/ton 200

"At-the pump} incl.rtaxes...: "
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AQIRP AND EPEFE - A COMPARISON OF THE
PROGRAMS AND THEIR RESULTS

Brian H. Rippon
Ford Motor Company
The American Road, Room 255 WHQ
Dearborn, Michigan 48121-1899

Keywords: Gasoline, Emissions, AQIRP, EPEFE

ABSTRACT

Since it was established in 1989 by 14 oil companies and three domestic automakers, the U.S. Auto/Oil
Air Quality Improvement Research Program (AQIRP) has made substantial progress in developing an
information base of fuel and vehicle effects on emissions. This program was the largest and most
comprehensive project of this nature ever attempted. More recently, the European Programme on
Emissions, Fuels, and Engine Technologies (EPEFE) marked an unprecedented cooperation between the
European motor and oil industries to extend the information on fuels and engine technologies for the
European continent. AQIRP and EPEFE were the first large scale systematic efforts to develop
extensive data on the inter-relationships among fuel composition, vehicles, emissions, and air quality.
This scientifically based information will allow legislators and regulators to design cost effective
methods with which to achieve their clean air goals.

INTRODUCTION

Motor vehicles have historically been viewed as one of the main sources of ozone and carbon monoxide
pollution in the United States. But over the past three decades, the contribution of the automobile to
urban pollution has been steadily decreasing. Nationwide, emissions of HC, CO, and NO, from on-road
vehicles have declined in absolute quantity, as well as relative to other sources of air pollution.

Even though today's new vehicles produce substantially less ozone-forming HC and NO, emissions
than the new vehicles of 25 years ago, ozone concentrations in 33 urban areas remain above the current
federal air quality standard. In the same time frame, nine cities were above the carbon monoxide
standard. While these numbers represent a major improvement from prior years, significant future
reductions in emissions from a variety of sources — stationary and mobile — will be required to help meet
the ozone standard in the remaining areas.

Similarly, many European cities are experiencing unique and significant problems caused by the use of
diesel fuel by both passenger cars and trucks and the consequent increased burden of particulate matter.
Reductions from many sources, including mobile, will be needed to tackle the air quality problems.

Mobile source reductions will be achieved in many ways. Future vehicle systems are being designed to
achieve lower emissions. In addition, gasoline and diesel fuels are being reformulated in some areas to
reduce emissions from both existing and future vehicles. Alternative fuels also may play a role in
decreasing emissions.

In the past, the successful achievement of these goals has been hampered by a lack of scientific
knowledge in a variety of areas. For instance, one specific need has been comprehensive data about the
interrelationships among fuel composition, vehicles, emissions, and air quality. The U.S. Auto/Oil Air
Quality Improvement Research Program (AQIRP) and the European Programme on Emissions, Fuels,
and Engine Technologies (EPEFE) were created to develop that knowledge.

AQIRP

The Auto/Oil Air Quality Improvement Research Program (AQIRP) was established in 1989 by 14 oil
companies and three domestic automakers. The program has made great progress in developing an
information base on fuel and vehicle effects on emissions. The overall objective of AQIRP has been to
provide this data to help legislators and regulators achieve the nation's clean air goals through a research
program that included:

(1) Estimation of potential reductions in vehicle emissions from changes in fuel composition.
(2) Estimation of potential improvements in air quality - primarily ozone - and fuel reformulation.
(3) Estimation of the relative cost effectiveness of some fuel/vehicle systems.
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This program was the largest and most comprehensive project of this nature ever attempted.

Over the course of the six-year program, AQIRP conducted more than 5,000 emissions tests using over
80 fuel compositions in over 100 vehicles. The tests measured engine, tailpipe, evaporative, and
running-loss emissions, and quantified the concentrations of 153 different organic compounds plus
oxides of nitrogen (NO,) and carbon monoxide (CO). Using the 175 megabytes of data generated by
these tests, AQIRP has developed an extensive data base of fuel composition and vehicle effects on
emissions.

The emissions data were employed in air-quality modeling studies for New York City, Los Angeles, and
either Chicago or Dallas-Fort Worth, using state-of-the-science models and emissions inventories. In
these studies, AQIRP focused on fuel and vehicle changes that would reduce predicted ozone air
pollution. Extensive refinery modeling studies were also conducted to develop cost estimates for
producing various research gasoline formulations.

AQIRP found that the following changes can be effective in reducing vehicle mass emissions and/or
improving ozone air quality.

® Lowering the aromatic content of gasoline lowers toxic emissions.

*

Lowering the Ty and/or T, (boiling range) of gasoline reduces ozone and exhaust HC emissions.

*

Lowering the sulfur content of gasoline decreases exhaust emissions of HC, CO, NO,, toxics, and
ozone.

* Lowering the olefin content of gasoline reduces NO, and ozone, but increases exhaust HC emissions.
* Adding oxygenates to gasoline reduces CO in older and current technology vehicles.

* Lowering the Reid vapor pressure (RVP) of gasoline reduces evaporative emissions, exhaust HC and
CO emissions, and ozone.

-* ldentifying and repairing high-emitting vehicles reduces evaporative emissions, exhaust emissions
and ozone.

* The introduction of newer vehicle technology has resulted in decreases in regulated emissions, toxics
and ozone.

EPEFE

The European Programme on Emissions, Fuels, and Engine Technologies (EPEFE) began in 1994, It
was an essential part of the European Auto-Oil Programme which constituted a new approach in setting
environmental legislation and which harnessed the expertise of the European Commission, industry, and
consultants in Europe. The intent of the Auto-Oil Programme was to identify which new measures may
be required to meet rational air quality objectives in the most cost effective way, derived from
scientifically sound data. The EPEFE program was designed to extend the information on the
relationships between fuel properties and engine technologies and to quantify the reduction in in-use
emissions that can be achieved by combining advanced fuels with the vehicle/engine technologies under
development for the year 2000. Specifically, EPEFE included:

(I)  Assessment of the current state of emissions relationships available from fuels/vehicles.
(2)  Generation of new data for the air quality modeling program in Europe.
(3)  Estimation of the cost benefit of fuel/vehicle technologies relative to the year 2000 requirements.

During its two years of activity, EPEFE examined 12 gasolincs in 16 gasoline-powered vehicles, and 11
diesel fuels in 19 light duty vehicles and 5 heavy-duty engines. More than 2000 emissions tests were
performed, providing over 500,000 measurements of HC, CO, and NOx exhaust emissions, and diesel-
generated particulates.
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The emissions data from EPEFE were used in air quality modeling studies for seven European cities
including London, Cologne, Hague, Lyon, Athens, Milan, and Madrid. Additional studies are also
being conducted to identify the most cost effective way to implement the findings.

The following EPEFE results confim that both fuels and engine technologies are important
determinants of motor vehicle emission levels.

* Lowering the aromatic content of gasoline decreases exhaust HC and CO.

* Reducing the aromatic level of gasoline reduces CO, at each E100 volatility level with no impact on
fuel consumption.

*

Increasing the mid-range volatility of gasoline decreases exhaust HC.
* Decieasing the T90 (boiling range) of gasoline reduces light-duty PM and heavy-duty exhaust NO,
* Lowering the sulfur level of gasoline. reduces exhaust HC, CO, and NO,

* Decreasing the density of diese! fuel reduces light-duty diesel HC, CO, and PM, and reduces heavy-
duty diese] NO,

* Decreasing the polyaromatic content of diesel fuel reduces light-duty diesel NO, and PM, heavy-duty
diesel HC, NO, and PM.

* Increasing the cetane rating of diesel fuel reduces diesel HC and CO.

Conclusions About AQIRP and EPEFE

These landmark cooperative research programs have contributed enormously to the understanding of the
relationships between fuels and vehicles.

AQIRP was a milestone in cooperatively developing a sound technical database for use by regulators. In
addition to developing new test techniques for measuring and speciating emissions, the program also
made significant contributions to the development of atmospheric models and the understanding of how
fuels impact atmospheric pollution.

The California Air Resources Board (CARB) has adopted gasoline specifications based on program
findings. CARB and the U.S. Environmental Protection Agency have both made use of AQIRP's data in
developing mathematical models to predict emission changes from changes in fuel properties. AQIRP
data will continue to influence decisions on air quality improvement control options for years to come.

EPEFE, which was inspired by the AQIRP, is providing similar benefits for Europe as it provides a
scientific basis for the establishment of cost effective European exhaust emission standards for the year
2000. The program brought together European Union Commission, the European oil industry, and the
European auto industry for the first time in a large scale cooperative research program. The program
enhanced the body of data already in existence within Europe and from AQIRP to expand on the
relationships between fuels and automotive emissions. The EPEFE process aided the search for a
balanced set of measures which could help meet the European Union's air quality objectives.

These programs have shown that:
* 0il and automotive industries can work together effectively on important research objectives.

* Both programs have made important findings and have substantially increased the body of knowledge
of vehicle/fuel effects.

* Matching fuels to vehicles is critical. They form a "system" which maximizes the potential of each.

Controlling mobile source air pollution requires a detailed understanding of fuel/vehicle systems,
inventories, atmospheric chemistry, and cost effectiveness.
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Results
(Gasoline)
AQIRP EPEFE

¢ Aromatics (per vol. % & Aromatics (per vol. % dcerease)*
decrease) FTP Cycle MVEG 11-second Cycle
HC CO NOx * @ E100=35%
0.2 0.5 NS HC €O NO
Note: AQIRP results are for “Current” -1.1 0.6 +H5
N \ herwi
'I:';::]r.lolug vehicles unless otherwise * @ E100 = 50%
HC €O NOx

04 06 +03
* @E100 =65%
HC €O DNOx

0.3 -0.6 +0.1
* 5% CO, reduction from high to low aromatics

Results
(Gasoline cont.)
AQIRP EPEFE
& T, (per 5°F decrease) & Ty~ held constant in EPEFE
HC co NOx matrix for each level of E100
-1.4 NS +0.3 & E-100 (per % evaporated)
& T, (per 5°F decrease)* * E-100 @ 20% Aromatics

HC CO0 NOx HC €O - NOx

21 NS 413 08 00 +0.2

. * E100 @ 35% Aromatics
* HC results for 180 - 240°F range HC Cco NOx
CO and NOx results for 185 - 215°F range -1.2 -0.1 +0.4

* E100 @ 50% Aromatics
HC CO NOx

-14 0.1 +0.7
Results
(Gasoline cont.)
AQIRP EPEFE
& Sulfur (per 50 ppm decrease - @ Sulfur (per 50 ppm decrease)
not linear) FTP Cycle * MVEG Cycle - composite new 11
HC co NOX sec. idle
-22t0 -24t0 -lto HC €O NOx
-2.9 2.8 -1.8 1.2 -1 -4
* EUDC Portion (Sulfur results)
HC €O NOx

71 -58 28

* ECE Portion (Sulfur results)
HC €O NOx
NS -0.9 NS

~~

I4l

/i




Results
(Gasoline cont.)
AQIRP EPEFE

® Olefins (per vol. % decrease)
HC co NOx
+0.4 NS -0.4

® Oxygenate (per wt. % increase)
HC co NOx
-1.9 -4.1 NS

® RVP (per psi decrease)
HC [ol4] NOx
-4% -9% NS

Results
(Diesel)
AQIRP
@ Diesel - not tested ® Reducing Density 0.855 - 0.828 g/l
HC €O NOx PM
LD
-18.9 -17.7 +14  -194
HD
+143 +5 -3.6 NS
® Reducing Polyaromatics 8 to 1% m/m
LD
+55 +4 -34 -5.2
HD
-4 NS -1.7 ~3.6
Results
(Diesel cont.)
AQIRP EPEFE
® Diesel - not tested @ Increasing Cetane number 50 to 58
HC CO NOx PM™M
LD
-26.3 -253 NS +5.2
HD

63 -103 06 NS

o Reducing T, from 295 - 370°C
LD

NS -18 +46 6.5
HD

+13.4 +66 -17 NS
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CHEMICAL KINETICS OF CETANE NUMBER IMPROVING AGENTS
K.Hashimoto, Y.Akutsu, M.Arai and M.Tamura

Department of Chemical System Engineering, School of Engineering, The University
of Tokyo

7-3-1 Hongo Bunkyo-ku Tokyo 113 Japan

INTRODUCTION

The increasing demand for diesel fuels has resulted in the use of greater
percentage of cracked distillates having poor ignition properties. The ignition
properties of diesel fuels can be rated in terms of their cetaﬁe number and diesel fuels
having low cetane number may have poor ignition properties such as diesel knock,
difficulties to start engines in the cold weather and so on. Such diesel fuels need
cetane number improving agents. In the 1940s and 1950s alkyl nitrates, alkyl nitrites
and organic peroxides were found to be effective cetane number improving additives
(1). Our recent study suggests that free radicals produced from thermal
decomposition just before ignition should have an important role to improve their
ignition properties (2). However no studies on the reaction mechanism for improving
effect of these additives have been attempted because of complex nature of
spontaneous ignition reaction of hydrocarbons. In order to clarify the reaction
mechanism for improving effects of cetane number improving agents. We here have
attempted to simulate the spontaneous ignition of n-butane as a model compound in

the presence of alkyl nitrites as cetane number improving agents.

CALCULATION METHOD

Calculations are performed using Chemkin and Senkin programs from the Sandia
National Laboratories. Simulation reactions are assumed to be carried at under
adiabatic condition at constant volume. Kozima's model (3) partly revised by adding
thermal decomposition of cetane number improving agents was used for spontaneous
ignition of n-butane in the presence of cetane number improving agents. Batt and the
other's kinetic data (4) were used for simulation of the thermal decomposition of"
alkyl nitrites. Unknown thermochemical data were estimated by using the THERM

program (5).

RESULT AND DISCUSSION
Addition effects of n-amyl nitrite addition on ignition delay period of n-butane are

shown in Fig.1. Fig.1 shows that n-amy! nitrite addition to n-butane reduces ignition
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delay period suggesting that this reaction model can simulate the effect of cetane
number improving agents on ignition delay period.

Fig.2 shows the mechanism for thermal decomposition of n-amyl nitrite. In the
thermal decomposition of n-amyl nitrite, weak N-O bond is dissociated to produce n-
amyloxy radical and nitric oxide. Then beta-fission of n-amyloxy radical
immediately produce n-buty! radical. Under the preignition conditions of n-butane, n-
amyl nitrite may be thermally decomposed to induce complex radical reactions that
enhance the n-butane ignition reactions. Thus n-amyl nitrite would reduce the
ignition delay period of n-butane spontaneous ignition.

Fig.3 and Fig.4 show effects of initial pressure and temperature on ignition delay
period of n-butane in the presence of n-amy! nitrite respectively.

Table I shows additive effect of n-amy! nitrite, n-propyl nitrite and t-amy! nitrite
on ignition delay of n-butane. The effect of n-amyl nitrite is larger than that of n-
propyl nitrite and t-amyl nitrite. Our previous experimental results (2) show that the
effect of n-amyl nitrite on cetane number is larger than that of n-propyl nitrite and t-
amyl nitrite. The present calculation results would be much in agreement with the
experimental results. )

Fig.5 shows the mechanism for thermal decomposition of n-propyl nitrite and t-
amyl nitrite. Thermal decomposition of n-propyl nitrite and t-amy! nitrite can
produce ethyl radical. We suggest that larger ignition delay reduction effect of n-
amyl nitrite than that of n-propy! nitrite and t-amyl nitrite should be due to larger
reactivity of n-butyl radicals than ethyl radicals under the preignition condition of n-
butane.

CONCLUSION

In order to clarify the reaction mechanism for improving effects of cetane number
improving agents, we have attempted to simulate the spontaneous ignition of n-
butane in the presence of alkyl nitrites. As a result, it is shown that n-alkyl nitrite can
reduce the ignition delay period of n-butane. It is known that cetane number
improving agents decompose to produce alkyl radicals under operation conditions of
diesel engine. We suggest that alkyl radicals produced would enhance the pre-
ignition reactions of hydrocarbons to reduce ignition delay period. And it is also
shown that the cetane number improving agents having higher cetane number can
reduce the ignition delay period of n-butane more effectively. We also suggest that
more reactive radicals should have larger effects on reduction of ignition delay

period.
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Fig.1 Ignition delay period vs additive concentration

Additive : n-Amy! nitrite
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n‘C4HQCH20_NO —_— n-C4HgCH20' + NO

n-C4HQCH20' —_— n-C4H9- + CHQO

Fig.2 Mechanism for thermal decomposition n-amy! nitrite
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n-CoHsCH,O—NO ——  N-CoH5CH,0e

+ NO
n-CZHSCHZO' — n-CgHs' + CHQO
CHs CHj,
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Table 1 Ignition delay period in spontaneous ignition of n-butane
in the presence of additives

Additive concentration : 0.1 vol %
Initial temperature : 800K
Initial pressure : 20atm

Additives Ignition delay period / 107s
n-Amyl nitrite 1.76
t-Amyl nitrite 1.92
n-Propyl nitrite 1.92
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THE PERFORMANCE OF DI-TERTIARY-BUTYL PEROXIDE AS CETANE IMPROVER
IN DIESEL FUELS

Manish K. Nandi
ARCO Chemical Company, Newtown Square, PA 19073.

Key Words: Diesel Fuel; Cetane improver; Heavy-duty diesel engine emissions

Abstract

Increasing the cetane number of diesel fuel, either by lowering aromatic content of the fuel
thronégh hydrotreating and/or by addition of chemical cetane improvers, is a cost-effective option
to reduce diesel engine emissions. It is generally recognized that chemicat cetane improvement
additives represent a fow cost alternative to aromatic reduction. Although both methods .
significantly reduce engine emissions, deep hydrotreating tends to adversely affect some fuel
properties. We are evaluating the performance of a peroxide based cetane improver for diesel
fuel. A comparison is made between the performance of di-t-butyl peroxide and the conventional
cetane improver, 2-ethylhexyl nitrate. Correlation between the cetane resr)onse of the peroxide
with the different fuel properties is discussed. Both the additives significantly reduce all regulated
and unregulated emissions including NOx emissions. The NOx emissions from the peroxide
treated fuels are consistently lower than those for the nitrate treated fuels at similar cetane level.
The chemistry for the synthesis of di-t-butyl peroxide is discussed.

Introduction

The implementation of stringent diesel engine emissions regulations is growing worldwide.
In the United States, the 1990 Clean Air Act mandates lowering oxides of nitrogen (NOx)
emissions to 4.0 grams per horsepower-hour (g/hp-hr) in 1998. Future proposals by EPA call for
a further reduction of a combined NOx and HC to 2.5 g/hp-hr for the year 2004 for heavy-duty
trucks and buses. Such emission reduction will require a combination of new engine technology
and economically viable low emission diesel fuels.

It is widely accepted that increasing the cetane number represents one option for
production of cleaner burning diesel fuels. Numerous studies, including the Coordinating
Research Council VE-1 and VE-10 programs, have demonstrated that increasing the cetane
number of the fuel significantly reduces all the regulated emissions.1 Increasing the cetane
number of diesel fuel can be achieved by lowering aromatic content of the fuel through
hgdrotreaﬁng and/or by addition of chemical cetane improvers. It is generally recognized that
chemical cetane improvement additives represent a low cos! alternative to obtaining higher cetane
number achieved through aromatic reduction. Moreover, deep hydrotreating to reduce aromatics
tend to adversely affect some fuel properties, e.g., waxing and cold flow.2

Chemical cetane improvers are those compounds that readily decompose to form free-
radicals, which in-tum promote the rate of initiation. This increased rate of chain initiation leads to
improved ignition characteristics of diesel fuel. Chemicals selected from alkyl nitrates, certain
peroxides, tetraazoles, and thioaldehydes can serve as cetane improvers. Due to their low
costs, alkyl nitrates have played the most significant role in commercial use. 2-Ethylhexyl nitrate
(EHN) has been used as a commercial cetane improver for a number of years and today is the
predominant cetane improving additive in the marketplace. Di-tertiary-butyl peroxide (DTBP)
was first recognized as an effective cetane improver in the 1940's.3 Due to its higher cost, DTBP
has not achieved the same wide spread usage as EHN. New technology has been developed
by ARCO Chemical Company that will substantially reduce the cost of DTBP to a level
comparable to that of EHN. Moreover, DTBP has a potential advantage over alkyl nitrates in
reducing NOx emissions since it does not contain nitrogen.4 DTBP is currently used in limited
amounts in an after market fuel treatment package.5 This fuel additive package containing DTBP,
has been evaluated, certified and approved for use by the Department of the Navy.6

Synthesis

Dialky! peroxides can be synthesized by the reaction of an alcohol and/or an olefin with an
organic hydroperoxide, using an acidic catalyst. In the process developed at ARCO Chemical
Company, t-butyl alcohol and/or isobutylene is reacted with t-butyl hydroperoxide in the
presence of an acidic resin catalyst.?

Cetan onse

Cetane response, which may be defined as the relationship between the change in
cetane number of the fuel and the concentration of the cetane improver, is a key factor for
commercial acceptance of a cetane improver. We have studied, in details, the cetane response of
DT8P in a variety of commercial diesel as well as in various diesel fuel blend stocks, worldwide.8
The relative effectiveness of DTBP versus the commercial cetane enhancer, EHN, was
determined in numerous base fuels with varying fuel properties as well as different blend stocks.
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On an average, DTBP is between 85% to 90% as effective as EHN in increasing cetane number
of diesel fuels.

It is also very important to understand the relation between the diesel fuel composition or
properties and its cetane response for DTBP. We have developed a predictive cetane response
equation for DTBP based on various fuel propetties, viz., aromatics, mid-range distillation point
(Tso), flash point, and pour point. The regression equation describing the change in cetane
number due to the addition of DTBP is:

AC = (39.8727 +0.02335 * Z,- 0.0823 * Z, + 0.1405 * Z, - 0.0777 * Z)
+ (-0.1176 % Z5+ 0.0430 * Z5) * X + (-0.1190 * Z,- 0.0113 * Z5) * X2

with R2 = 0.889 and RMSE = 1.6846

where AC = expected change in cetane number,
X = concentration of additive (wt%)
Z, = flash point (°F)
Z3 = aromatics (Wt%)
Z, = pour point (°F)
Zs = mid-range distillation point, Tsq (°F)

Thus, given the values for appropriate fuel properties, the above equation can be used to
predict, within their limits of uncertainty, the expected change in cetane number due to the addition
of a specific amount of DTBP. However, it is recommended that this equation be used within the
valid range of the experimental data used to generate it and the results not be extrapolated
beyond an additive concentration of 0.75 wt%. Since this equation reduces to a simple quadratic
form on substitution of the fuel properties, it can also readily be solved to determine the amount of
additive required to increase the cetane number of the fuel by a desired amount.

Although the cetane response equation was generated based on several fuel properties,
statistically, the two most influential fuel parameters were the aromatic content and the mid-range
distillation temperature (Tsq).

The cetane response of DTBP was inversely related to the aromatic content of the fuel.
Thus, low aromatic fuels will respond well to the additive. On the contrary, fuels with high
aromatic content or highly aromatic blend stocks like light cycle ail (LCQO) or light cycle gas oil
(LCGO) will respond very poorly to cetane improvers. Indeed, a highly aromatic (87%) LCGO
blend stock did not respond at all to either of the cetane improvers, DTBP or EHN. Assuming the
cetane improvers react through formation of free radicals to accelerate combustion, this low
response for the aromatics may be attributed to the higher activation energy required for the
nitrate or peroxide free radicals to react with an aromatic fragment compared to a aliphatic
hydrocarbon fragment of the fuel. This, in fact, follows a similar trend for natural cetane for ditferent
fuel fragments, where aromatics have poor natural cetane numbers while straight chain aliphatic
hydrocarbons have the highest natural cetane numbers.

The relationship between the cetane response of the two additives for the different fuels
and the mid-range distillation temperature of the fuel is less clearly understood. In general, it was
observed that the lighter fuels respond better to cetane improvers compared to the heavier fuels,
especially at low additive levels. More work is needed to understand this effect.

1t must be emphasized that although the cetane response equation, described here, use the
base diesel fuels’ properties to compute the expected change in its cetane number, the
relationship between these changes and the fuel properties are by no means causal. Rather, the
fuel properties are merely manifestations of some other more fundamental attributes of the fuel.

Engine Emissions
Numerous studies by the Coordinating Research Council and others have shown that

increasing the cetane number through the use of additives reduces all regulated emissions.! The
Coordinating Research Council's VE-10 program addressed the effect of cetane additives on

dieset emissions.? The first part of this study, using two ditferent 1994 heavy-duty engine.

technologies, demonstrated that the use of cetane improvement additives produces significant
reduction in carbon monoxide and oxides of nitrogen emissions, with hydrocarbon and particulate
matter being either unaffected or slightly reduced. Cetane additives including DTBP and EHN at
levels up to 1.25 wt% were included in the continuation of this study using 1998 engine
technology. Even using 1998 engine technology, having lower emissions than any diesel engine

on the road today, increasing the cetane number with either EHN or DTBP reduced all engine
emissions.

~ ARCO Chemical Company has conducted extensive testing on the effects of cetane
additives on emissions from heavy-duty diesel engines. 10 This testing was conducted on a 1991
Detroit Diese! Series 60 heavy-duty diesel engine, typical of an engine currently in service, using
the 1992 Federal Test Procedures for transient testing of heavy-duty engines. A total of four
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fuels, representative of those currently commercially available, were used. The properties of the
four test fuels are described in Table 1. One of these fuels, designated C, is a standard 2-D fuel,
which meets the requirements for a diesel engine certification fue! as defined in CFR 86.1313-
94(b)(2). The effects of both the cetane improvers, including a mixture of the two additives in
fuel C, on engine emissions are summarized in Table 2.

Table 1: Test Fuels Properties

Fuels
Property A B c D
Cetane Number (D613} 46 41 43 38
Aromatics, vol% (D1319) 20 25 32 35
Sulfur, wt% 0.01 0.01 0.03 0.01
API Gravity, (D287) 37.9 35.4 357 33.4
Distillation Range (D86)

IBP, °C 200 168 178 181

50% Point (T50), °C 243 247 259 248
EP, °C 328 333 334 344

Table 2: Effect of Cetane Improver on Regulated Emissions

Base it Additive Incriera‘ase Hydrocar- | Carbon Particulate
Fuel | Additive (lft‘ﬁ,zl) ﬁs::;; bon Monoxide NOx Matter
A EHN 0.40 10 -41% -27% -1.9% 11%

DTBP 0.50 1 - 43% - 29% -2.2% 12%

B EHN 0.70 15 - 59% - 40% -2.8% 0.7%
DTBP 0.80 16 - 58% - 40% - 3.9% 2.5%

C EHN 0.60 9 - 60% - 37% -1.9% 2%
DTBP 0.65 10 - 59% - 36% - 5% - 4%
EHN/DTBP | 0.31 10 - 59% - 37% - 2.6% - 6.6%
D EHN 0.65 10 - 75% - 47% - 2.8% - 40%
DTBP 0.75 10 - 77% - 48% - 3.3% - 40%

As evident from the results increase in cetane number can significantly reduce hydrocarbon
and carbon monoxide emissions in all the fuels. The NOx emission from the cetane improved
fuels showed a small reduction compared to the base fuels, with the limited number of tests used
for these study. The NOx emissions from the peroxide treated fuels, although not statistically
significant, were lower than that from the nitrate treated fuels, in each of the base fuels. The
peroxide produced about 0.5% to 3% lower NOx when compared to the nitrate at the same
cetane level. These results indicate that when blended to comparable cetane numbers, DTBP
produces lower NOx emissions than EHN. This trend is not only observed in this work but also
in other works with different fuels, different engines, and using different international test protocots.

Gaseous Toxics Emissions

The use of a cetane enhancer substantially reduces the four gaseous toxic emissions of
1,3-butadiene, benzene, formaldehyde, and acetaldehyde.10 Typical reductions in these four
gaseous toxic emissions achievable by increasing the cetane number of a fuel by ten numbers,
which on average required 0.65% cetane improver, vary from 30% to 70%.

Ozone Forming Potentia

Complete speciation of the volatile hydrocarbons, aldehydes and ketones into C;-Cy»
fractions was included as part the test program conducted by ARCO Chemical Company. Using
standard Minimum Incremental Reactivity (MIR) values, the ozone forming potential was
calculated.® Typical reductions in the ground level ozone forming potential achieved by a ten
number increase in cetane using additives is between 50% to 75%. With ground level ozone, a
major cause of smog, becoming an increasing problem in metropolitan areas, significant reductions
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in ground level ozone attributed to diesel engine emissions can be obtained through the use of
cetane improvers.

Soluble Organic Fraction of Particulate Matter

The use of DTBP produces substantial reductions in the soluble organic fraction of the
particulate matter.12 These reductions in the soluble organic fraction of the particulate matter are
expected in-turn to reduce the emissions of both polyaromatic hydrocarbons and nitrated
polyaromatic hydrocarbons.

hermal and Oxidative Stability

A cetane improvement additive that is thermally or oxidatively unstable under actual
conditions impacts on the fuel quality and could lead to poor engine performance resulting from the
decrease in cetane number or fuel degradation. Thus, for commercial acceptance the peroxide
based cetane improvement additives must be stable, thermally and oxidatively, at actual use
temperatures.

The thermal stability of DTBP was demonstrated by determining the effects of heating on
the treated fuels and also by measurement of the decomposition rates in a low sulfur diesel fuel.8
A fuel treated with DTBP showed no statistically significant loss in cetane number after heating for
100 hours at 92°C. The half-life for DTBP at 70°C in diesel fuel is in excess of 10,000 hours, with
greater than 97% of the additive remaining after nearly 700 hours. Even at 100°C, the half-life of
DTBP in diesel fuel is over 300 hours. Even though the rate of thermal decomposition of the
peroxide is five to ten times faster than the nitrate, the peroxide additive is very stable under
typical fuel system temperatures.

Additives can cause diesel fue! degradation if they are not oxidatively stable. The oxidative
stability of DTBP was demonstrated by the standard ASTM methods. Both the accelerated
oxidative stability test (D274)12 and the long term storage stability test (D4625)13 did not show
any gum formation in most of the diesel fuels tested. In some inherently unstable fuels
degradation was observed. But they can be controlled easily by addition of very small amount
of antioxidants.

Conclusjon

Increasing the cetane number by addition of chemical cetane improvement additive is a cost
effective way to produce cleaner burning diesel fuels. A peroxide based cetane improvement
additive, di-t-butyl peroxide, can be very effective as a cetane improver. DTBP can be
synthesized cheaply by the reacting isobutylene with t-butyl hydro peroxide. It is comparable in
performance to 2-ethylhexy! nitrate, the cetane improver currently used commercially. DTBP has
the potential of reducing NOx emissions more that the nitrate at comparable cetane level. The
additive is thermally and oxidatively stable in diesel fuels at typical fuel systems temperatures.
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3-13 Kanagawa-ku, Yokohama 221, Japan
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Abstract
We have taken note of the transesterification reaction as a highly safe process of dimethyl

carbonate (DMC) production for fuel additives. The reaction proceeds under the low corrosiveness
and in the relatively mild condition. We have aimed to use an inorganic solid catalyst for this
process. The inorganic solid catalyst is thermally stable and can be used in the large-scale fixed bed-
reactors without a catalyst separation unit.

Through the transesterification of ethylene carbonate(EC) with methanol, DMC and ethylene

glycol (EG) are co-generated as the products(.

H2C—O, H2C—OH CH3O<_
| C=0 +2CH30H ———» | + /€=
H2c—0” H2C—oH CH3O

EG is one of the bulk chemicals produced in the large scale plant comparable o one for the fuel
additives. The market balance is important in the co-production process. On the assumption that the
amount of the co-production meets the market balance, the co-production of DMC and EG is
commercially viable. If we can control the amount of the EG co-production in this process, it makes
the process more flexible in the commercial production. Accordingly we have proposed a
conceptual process scheme to control the amount of the EG co-production.

In this symposiun, the inorganic solid catalyst system applying to the transesterification process

and the conceptual process scheme how to control the amount of co-product will be discussed.

1.Introduction

Dimethyl carbonate (DMC) is very attractive as for use as an oxygenate for the fuel additives.
Many routes of the DMC synthesis have been proposed. Among those routes, the DMC production
process for the chemical raw material has been commercialized. The process for the fuel additives
should be casy to scale up in the capacity to satisfy the large demand. Moreover, it is also required

10 be safe in the operation and to be stable in the supply.

2.Selection of DMC synthesis route
2-1 Probable routes of DMC synthesis

DMC is produced several ten thousands ton per year in the world as chemical raw material used
in (he carbonylating and methylating agent, etc. DMC had been formerly produced from phosgene.
The proposed synthesis methods including commercialized routes as non-phosgene DMC
production are classified generally into the following 4 routes. Fig.1 shows the relation of raw
materials and intermediates of those routes. All routes start from methanol. There is the other route
to produce DMC using nitrous acid ethers® except in Fig.1. This route has been in commercial for
the chemical raw material use. Though the nitrous acid ethers are less toxic than phosgene, they are
still considered as toxic materials. Accordingly, we put the process using nitrous acid ethers out of

our research scope. The investigation results of the routes shown in Fig.1 are the following.
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2-2 Oxidative carbonylation route

Oxidative carbonylation processcs in both the liquid phase and the vapor phase have been
developed. The liquid phase oxidative carbonylation is the oxidation of carbon monoxide with
oxygen in methanol in the prescnce of copper chloride®. The catalyst is used in a slurry mixture.
Now, DMC for the chemical use is being produced in this oxidative carbonylation process. In the
vapor phase oxidative carbonylation, paltadium chloride-copper chloride!, cupric chloride on
activated carbon®, etc. is proposed as the catalyst. All of these oxidative carbonylation processes
including technologies under development incvitably need the presence of both oxygen gas and
chloride.

In these situation, Chiyoda Corporation has tried to investigaie halogen-free solid catalysts to
improve the oxidative carbonylation process in the view point of less corrosiveness and the
separability of the catalyst. We have succeeded to find the zeolite fixed the cation of copper as this

kind catalyst which is particularly effective as the catalyst of the following reactions.

2CuCl + 2CH30H + 1/202 — g 2Cu(OCHB3)CI + H20

2Cu(OCH3)Cl + CO —— = (CH30)2CO + 2CuClI

2-3 Esterification route
The route from carbon dioxide and methanol into DMC through the dehydration is the simplest
one. We have tried it challengingly. Since this reaction is very disadvantageous in the equilibrium,
the reaction could not be successfuily proceeded.
CH3O

2CHIOH + CO2 —m _  >C=0+ H20
CH30”

2-4 Route through urea

In this route, firstly urea is synthesized from carbon dioxide and ammonia. Subsequently, the
urea reacts with methanol into DMC.

NH2

CO2 + 2NH3 ———m D

C=0 + H20
NH2 ~

NH2 CH30
2CHIOH+ Cz0 —— = N

C=0 + 2NH3
NH2 7~ CH10”

Though methyl carbamate is easily generated as mono-changed intermediate in the second

reaction step, the intermediate can not be transformed into DMC.

2-5 Transesterification route (glycol co-production route)

As shown in Fig.1, ethylene carbonate (EC) is used as the raw material instead of the direct
reaction of carbon dioxide in the transesterification route. The EC is commercially produced from
carbon dioxide and ethylene oxide. Subsequently, DMC is obtained from the EC through the

transesterification with methanol. Ethylene glycol (EG) is converted from ethylene oxide as a main
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co-product in this route. EG produced conventionally through the hydration of ethylene oxide is
one of the bulk chemicals quantitatively comparable to fuel additives. In this transesterification
route, the dried EG can be produced.

We have studied zeolite catalysts applying to the co-production of DMC and EG through the
transesterification reaction. Zeolite catalysts have the excetlent properties of resistance to heat and
organic solvents and can be used in the large fixed bed reactors without a catalyst separation unit.
We have found that some of zcolites have catalytic activity to the transesterifieation reaction. These
results were presented at 207th ACS National Meeting. The catalytic activity depends on the
Al203/Si02 ratio which represents the quantity of active sites. Since zeolite A has a maximum value
of the Al1203/SiOz ratio at ().5 in the various type zeolites, the zeolite shows the highest activity.
The cation species in the zeolite have an influence to the catalytic activity, the order of the activity is;

3A (KA) > 4A (NaA) > 5A (CaA).

2-6 Selection of the DMC synthesis route
Transesterification reaction is mild with small exotherm, and is carried out in the liquid phase

without any toxic or corrosive chemicals. Therefore, it is essentially safe. Moreover, these features
will be the merit in scaling up, because the large production will be able to perform with a low fixed
capital.

In consideration of the above, we have selected the transesterification route as the most suitable
one to large scale production of DMC for fuel additives and proceeded the further research in focus

on this route.

3.The conceptual process of DMC production for fuel additives
3-1 The co-production of DMC and EG through the transesterification _reaction

Fig.2 shows the conceptual process scheme of DMC production through the transesterification

route. Fig.3 shows the concrete concept of the process scheme. The scheme consists of 9 units
(blocks), ie. transesterification reactor, DMC-McOH / EG-EC separation unit, MeOH separation
unit, EC hydration reactor, etc. In the scheme, EG is co-produced quantitatively comparable to
DMC.

3-2 The concept to control the EG co-production

If we can produce the only DMC or control the amount of the EG co-production in the selected
route, it will make the process more flexible in the commercial production: This concept means that
the large DMC production is possible freely from the demand of EG. Fig.4 shows the process
scheme of the advanced concept. In this scheme, the co-produced EG is required 10 re-convert into
the started EC. Accordingly, we have investigated the reaction to re-convert EG into EC.

In the first, we have conducted a test of the transesterification of EG and DMC, which is a
reverse reaction of DMC and EG co-production. EC and methanol were generated with intermediate
in stoichiometric proportions. It has been confinmed this transesterification is a reversible reaction.
Therefore, we have considered EG would be able to re-convert into EC on the preferable catalyst.
From the investigation of various reaction with the catalyst, we have confirmed that EC is generated

from EG using urea instead of DMC.

H2C—OH NHz. H2C—0_
: + C=0 —» =0+ 2NH3
H2G—OH NH2/ Hz(l‘;o/C *

/)




3-3 The conceptual process of DMC production controlled the EG co-production

It is considered the combination of the EC regeneration reaction and urea synthesis makes the
DMC production process controlled the EG co-production possible, Fig.5 shows the conceptual
process scheme. In the scheme, urea is the intermediates synthesized from carbon dioxide and
ammonia. Since the process of urea synthesis from carbon dioxide and ammonia had been
established commercially, we can avail the process into the our proposed process complex without
basic research. Fig.6 shows the total reaction scheme on which this conceptual process are based.

In this reaction scheme, the DMC is synthesized from carbon dioxide and methanol through the

dehydration reaction by the several steps.

4.Conclusion
we have selected the transesterification route as the most suitable one to large scale production of

DMC for fuel additives. Transesierification reaction is mild with small exotherm, and is carried out
in the liquid phase without any toxic or corrosive chemicals. Therefore, it is essentially safe.
Moreover, these features will be the merit in scaling up. Zeolites can be used as the catalysts of this
reaction. The zeolite catalysts have the excellent properties of resistance to heat and organic solvents
and can be used in the fixed bed reactors without a catalyst separation unit.

EG is co-produced with DMC in the transesterification route. EG is one of the bulk chemicals
quantitatively comparable to the fuel additives. On the assumption that the amount of the
co-production meets the markel balance, the co-production of DMC and EG is commercially viable.

As the option for this process, we have investigated the concept for the only DMC production or
the control of the amount of the EG co-praduction. This concept means that the large DMC
production is possible freely from the demand of EG. We have proposed the conceptual process
scheme of the DMC production controlled the amount of the EG co-production. The conceptual
process is consist of the urea synthesis and the re-conversion of EG into EC. In this conceptual
process scheme, the DMC is synthesized from carbon dioxide and methanol through the
dehydration reaction by the several steps. We have confirmed that EC is generated from EG using
urea with the catalyst. However, the improvement of the catalyst and the investigation of the

reaction conditions for the EC regencration are required to rise the DMC yield in the total process.
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INTRODUCTION

The hydrogenation of CO to oxygenates is a field of growing interest due to their properties as
gasoline blends and the necessity to search for alternatives for future automotive fuels (1). While
methanol synthesis from syngas is a well established process, the work on higher alcohol synthesis
has been less successful. The demand for MTBE (Methyl-fert-butylether) is shifting the interest
from higher linear alcohols towards the branched members, mainly isobutanol.

The application of slurry reactors for exothermic reactions has gained considerable interest in the
industrial and academic world. For synthesis gas conversions the LPMeOH process by Air
Products is a well known example (2). This prompted us to apply this technology to isobutanol
synthesis which runs under more extreme reaction conditions.

Because of much easier and faster handling and the necessity to compare results from slurry
reactions with the fixed bed reactions cited in literature fixed bed reactor systems are preferred for
catalyst development and optimization. The main differences e.g. temperature gradients,
backmixing and particle sizes will obviously have major influence on a reaction which
mechanistically consists of a network from parallel and consecutive steps (3).

Due to this objective, a fixed bed reactor study has been performed running a typical isobutanol
catalyst with different particle sizes and linear velocities. The catalyst developed by us consists of a
potassium promoted ZrO2/ZnO/MnO possessing high activity for isobutanol and methanol (4).
These tests provide data to study the behaviour of residence time and temperature on reaction
products. Furthermore mass transfer limitations which affect activity and selectivity (5) can be
determined.

EXPERIMENTAL AND EQUIPMENT

The catalyst was prepared by coprecipitation of the metal nitrates with potassium hydroxide at 80
°C, keeping the pH constant at 11 £ 0.2. The precipitate was washed, pelletized and dried at 130
°C. After calcination at 450 °C for 3 hours (heating rate: 4°/min) the resulting catalyst was
powdered, pressed and sieved to sizes 0f 0.25-0.50 mm and 1.60-2.0 mm.

For catalytic testing a continuous lab scale unit was set up which can be operated at temperatures
up to 500°C and pressures up to 40 MPa. The unit was constructed to switch directly from fixed
bed to slurry reactor. A Process management system and on line GC analysis with gas partitioner
as well as an automatic product sampler for off line analysis allows continuous operation.

Catalyst activations and reactions have been carried out in a fixed bed reactor from stainless steel
with an inner diameter of 9 mm. Catalyst particles have been mixed with an equal amount of
copper particles of the same size. Glass particles were added on top as a preheating zone.

The catalyst was activated in situ by pressurizing with hydrogen (30 NI'h"*, 3 MPa) and heated to
225 °C with a rate of 4°min keeping this temperature constant for 120 min. Subsequently the
reactor was pressurized with H/CO (1/:1) to 25 MPa while temperature was increased up to
reaction conditions with 4°/min.

All reactions were conducted at 25 MPa varying temperature from 430 °C to 370 °C in steps of
30°. Afterwards the measurements at 430 °C were repeated to test reproducibility. At each
temperature linear gas velocity was changed in six steps from 24 to 227 NI'h™". All setpoints were
allowed to come to steady state for 75 min. Then the first on line measurement was started
followed by collecting one off line sample. A second on line measurement 75 minutes later ended
each analysis.

Using this procedure, four test runs have been performed changing bed volume from 2 ml to 4 ml
of catalyst and particle sizes from 0.25-0.50 mm to 1.60-2.00 mm.

RESULTS AND DISCUSSION

Typical reaction conditions of the potassium promoted ZrO/ZnO/MnO catalysts are above 400
°C. Data to show yields of typical products from fixed bed reactions are given in Table 1. Runs up
to 415 °C using a 300 ml CSTR with decalin as inert liquid proved the possibility to perform the
isobutanol synthesis under slurry conditions. The advantage of removal of exothermic heat by an
inert liquid is diminished by approaching the critical temperature. The differences in heat removal
between decalin and the syngas itself become very small in high temperature reactions (6).
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The fixed bed reactor study resulted that the CO conversion towards alcohols shows a clear
dependence upon variation of particle size. All measurements show that activity increases with
decreasing particle size which can be interpreted as mass transfer limitation by porous diffusion.
As presented in Figure 1, CO conversion to isobutanol is showing this behaviour in a typical way.
Activity increases with increasing temperature following Arrhenius’ law. The smaller particle sizes
show higher conversions than the larger ones which is an effect of mass transfer limitation. The
difference in activity between the two particle sizes grows with temperature due to the
temperature dependence which is smaller for mass transfer than for chemical reaction kinetics.

The opposite behaviour can be observed in for the CO conversion to methanol (Figure 2). The
activity decreases with temperature which can be explained through an approach to chemical
equilibrium. At higher temperdtures the values are close to equilibrium and no dependence on
residence time can be seen. The measurement at 370 °C shows the characteristics discussed above
reaching a steady state value at long residence times in the catalyst bed.

Film diffusion might be an additional limiting step in heterogeneously catalyzed reactions. The
influence of film diffusion increases with temperature in the same way as porous diffusion and
decreases with linear velocity by reducing laminary films covering the catalyst pellets. Figure 3
exhibits that film diffusion has no influence on CO conversion to isobutano!l at 370 °C and only
little effect at 430 °C. '

The most accepted reaction network for higher alcohol synthesis given by Klier at al. for cesium
promoted Cu/Zn-oxide catalysts describes the mechanistic differences between the reaction paths
to methanol and isobutanol (3). The first step in higher alcohol synthesis is hydrogenation of CQ
to a surface intermediate which is very similar to methanol. Linear primary alcohols are built by
linear chain growth including CO insertion steps. Isobutanol and 2-methylbutanol-1 origin from p-
addition including aldolic condensation. Formation of 1-propanol can be reached via both
pathways (Scheme 1).

Isobutanol and 2-methylbutanol-1 do not undergo consecutive reactions following this network.
They cannot react further in aldolic condensations and the probability of linear chain growth is
low. On the other hand the linear alcohols are able to undergo linear chain growth as well as -
addition.

The CO conversions to the afore mentioned alcohols ethanol, 1-propanol and 2-methylbutanol-1
are plotted in Figures 4, 5 and 6. The branched alcohol 2-methylbutanol-1 shows similarities to the
conversion to isobutanol with an increasing activity with temperature (Figure 4). The conversions
to ethanol (Figure 5) and l-propanol (Figure 6) show a similar behaviour as described for
methanol. They cxhibit a lower activity at higher temperature and seem to be independent from
linear gas velocity at 430 °C.

CONCLUSIONS

The fixed bed reactor study with the potassium promoted ZrO,/ZnO/MnO catalyst proved that
mass transfer limitations occur at high temperatures even with lab scale particle sizes of 1.60-2.0
mm. Further it could be shown that CO conversion to methanol follows an equilibrium behaviour
at higher temperatures, whereas isobutanol does not. For the conversion towards linear alcohols a
similar behaviour as observed for methanol was found, where 2-methylbutanol-1 follows the
characteristics as pointed out for the other branched member isobutanol.

Future studies adress a further optimization of the ZrO»/ZnO/MnO system in order to achieve
milder reaction conditions which will benefit slurry reactor operations.
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L. 4

o —r—

T[°C) 370 430
GHSYV [h'] 12000 23250 12000 23250
STY [g/(h)]

Methanol 478 748 242 516
Ethanol 37 43 17 30
1-Propanol 34 38 - 15 29
Isobutanol 34 35 176 265
2-Methylbutanol-1 11 12 19 29
Uco [%] 25 16 48 42
Scoz [%] 50 39 56 49

Table 1. Space time yields to alcohols with ZrO,/ZnO/MnO/K catalyst in fixed bed reactor (Vcu =

4 ml, Particle size: 0.25-0.50 mm)

a-Insertion l
~OH
a-Insertion l
p-Addttion p-Addition
~OH » OH
a-Insertion l Y
~~_OH p-Addition \)\,OH

Scheme 1. Reaction Network for alcohol synthesis from CO/H,
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Figure 1. Effect of particle size on CO conversion to isobutanol (Vca = 4 ml)
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Figure 3. Influence of catalyst bed length on CO conversion to isobutanol
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The objects of this paper are:

o To review the manufacture of ethanol and methanol.

¢ To compare current costs of manufacture.

o To look at current use situation.

¢ To comment on the current government subsidies for methanol and ethanol
produced from renewable resources.

e To consider the possibilities of making methanol and ethanol from various
renewable resources.

METHANOL

Methanol, known as "Wood Alcohol" for generations, was initially produced as a
by-product from the destructive distillation of wood. Pyroligneous liquor, from heating
wood in the absence of air, contains some 4 percent methanol and 7 percent acetic
acid. Thus, wood produced the majority of methano! (and other by-products such as
charcoal and fuel gas) until the mid 1920's.

Synthesis of methanol directly from H2 and CO appeared in the 1920's (in some cases
methanol was a step in the purification of H2/N2 mixtures on route to ammonia
synthesis). Methanol is still made directly from H2 and CO, which can be made from
any hydrocarbon source. At present, natural gas is the major source, however, coal,
oil, solid waste, and wood can and are being used to make methanol.

Methanol use (and price) have climbed, particularly in the past few years as shown in
Figure #1. Figure #1 also illustrates that MTBE has been the significant driver of
methanol demand in recent years.

The overall methanol market in the U.S. is expected to continue increasing by perhaps
10% in the next four years. At the same time, because of gas limitation in the U.S.,
imports are projected to increase from low priced gas locations with relatively low
shipping costs to the U.S.

MTBE, the major driver in the past few years, has recently suffered some setback but is
expected to continue growing at a moderate rate instead of the explosive rate of 1990
through 1995. The ETBE/Ethanol situation, briefly discussed below, has and will have
considerable effect on the MTBE and methanol demand.

Federal Tax Credits in the past years for so-called renewable feed based fuel and
gasoline additives (currently 54¢/gal. for ethanol and 60¢ for methanol) from 1978
raised production of ethanol from 800,000 short tons to 3,500,000 short tons by 1984.
The credits or subsidies boosted the uneconomic use of corn based ethanol (food to
fuel) but, unfortunately, did nothing for the biomass to methanol industry which makes
considerable sense in the U.S. for several reasons:

1. Biomass* is available up to a large percent of our fuel use.

2. Methano! produces the most economical fuel oxygenate, MTBE.

3. Methanol itself is an efficient, clean burning fuel. As the biomass to fuel industry
develops, it will compete with gasoline with no subsidy.

*Biomass includes:
- Solid waste
- Wood
- Agricultural residues (see Table 5)

ETHANOL

Known as "Grain Alcohol” for the millennia, ethanol has been the basis of recreational
beverages forever. It can be made from fruit or sugar containing materials such as
880
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molasses. For fuel use in the USA, it is made from starchy materials such as corn,
barley and sorghum. These are all renewable resources and require, for example,
about 0.38 bushel of corn per gallon of 100% ethanol. There are various by-products
depending upon which system is used.

The "Wet Mill* system produces by-products such as germ, gluten and a small amount
of CO2. The "Dry Mill" process produces DDGS (an animal feed supplement) and a
small amount of CO2. There are disagreements in the industry as to which process is
most economical. Apparently, it depends largely on the return from by-products at any
particular time in the overall economy.

-Ethano! is also made from petroleum sources by reaction of ethylene to ethyl sulfates
and then hydrolysis to crude ethyl alcohol and dilute sulfuric acid (which is then
concentrated for re-use). Another process produces ethanol directly from ethylene via
hydration over a catalyst.

Subsidies to the ethanol industry have resulted in rapid changes in the past 15 years.
Plant capacity in 1979 of only 20 MM gallons PA became 750 MM gallons PA in 1986
and in 1994 was some 1,400 MM gallons (renewable resource based). At the same
time, because of variations in the cost of grain, raw materials (approximately 45% in
1994) and apparent reduction in demand (July 1994 data show 8% reduction in
demand over 1993), many U.S. Government loan guaranteed ethanol plants have had
difficulty.

The dramatic changes in ethano! demand in the USA over the last 30 years are
illustrated in Figure #2.

In the recent pase two things have happened to the ethanol/fuel industry:

1. The corn price has gone up from $2.75 in August 1995 to a current price of
$3.90/bushel. At .38 bushels per gallon, this equals some 38¢ per gallon net
increase (see Figure 9).

2. The public is at last becoming aware of the give-away of public funds by both
political parties to corporations using corn uneconomically to make ethanol.

PRODUCTION COSTS

Methanol

Although methanol can be produced from various raw materials, natural gas remains
‘the major raw material for production of methanol as illustrated in Figure #3.

This, of course, is the result of lower capital and operating costs for natural gas based
methanol production versus methano! produced from other feedstocks as shown in
Figure #4. ’

The result is that locations with low cost natural gas are able to make methano! and
ship it to markets. This provides a means of using remote natural gas and shipping it to
market as methanol for low polluting direct fuel use or as a raw material for MTBE (36%
methanol), the leading current gasoline additive.

If it were decided to make methano! from wood, then costs might be some $200/Ton or
$80.00/Ton above the cost from natural gas (approximately 25¢ per galion above
natural gas cost). Given the government tax credit of 60¢ per gallon for methanol made
from sources other than petroleum, natural gas or coal, production from wood may be a
very attractive option.

Ethanol
Assume corn as the feed stock and other utilities as follows:
Steam . ..., e $6.00/2000 ib. ton
Power....................... $0.05/KWH
Corm ..o $2.25/bushel [now $3.90]
By-product Sales .............. 65% of corn cost (Wet Mill)*

50% of corn cost (Dry Mill)*
Depreciation, Taxes, Insurance and Maintenance = 18% PA
*Assume 50% increase in by-product return with $3.90/bushel corn.
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Capital costs versus plant capacity are as given in Figure #5 for methanol plants based
upon conventional reforming of natural gas, wet mill ethanol process. plants, and dry
mill ethanol process plants. Then production costs versus plant capacity are as given
in Figure #6.

Thus, methanol can be made from natural gas ($2.00 /MM BTU Gas) versus ethanol
- from corn ($2.25/bushel) [$3.90/bushel] for approximate prices shown in Table 1.

However, if corn based ethanol receives 54¢ per gallon credit, in the $2.25/bushe! corn
it is somewhat less expensive than methanol per gallon. Also, since methanol has only
73% of the heating value of ethanol, ethanol should then win hands down as a direct
fuel.

On the other hand, if renewable resourced methano! were used at 78¢ per gallon with a
60¢ per gallon credit, it would compete well with 98¢ ethanol (i.e. 78 - 60 = 18¢
methanol versus 98 - 54 = 44¢ ethanol). Also, methanol is 50% oxygen versus ethanol
at 34.7%. Thus, if the water separation problem with direct methanol addition is solved
with other additives, oxygen addition is easier with methanol.

Both the above paragraphs are considerably changed by the current $3.90 per bushel
corn price. Thus, methanol without the tax credit is clearly ahead of ethanol on price at
$3.90/bushel for corn with the tax credit (see Table 1 and Figure 9).

MTBE and ETBE

Major gasoline additives containing methanol and ethanol are MTBE (Methyl Tertiary
Butyl Ether} and ETBE (Ethyl Tertiary Butyl Ether).

Table 2 shows the cost of production for MTBE based on:
1. approximate cost of methanol production at 50¢ per gallon
2. current methanol market price of $.45 per galion
3. subsidized methanol price of $.78* - .60 (tax credit) = 18¢ per gallon
*Methanol from renewable resources (biomass)

The same table also shows the production cost of ETBE based on:
1. approximate cost of ethanol production at $1.10 per gallon [1.35}*
2. subsidized price of $1.10 [1.35] - .54 (tax credit) = 56¢ per gallon [81¢]
*l 1= based on corn at $3.90/bushel

Figure #7 is a plot of estimated production costs of MTBE and ETBE versus plant
capacity showing the variation of production costs with ethanol / methanol feedstock
prices. It shows relative per ton costs of MTBE (36% Methanol) and ETBE (45%
ethanol). It does not show the effect of oxygen content on RFG mixtures. Oxygen
contents are as follows:

Ethanol - 34.7%
MTBE - 18.2%
ETBE -157%

Thus, for 2.0% and 2.7% oxygen mixtures the costs per gallon of RFG are shown in
Tabte 3 for Ethanol, ETBE and MTBE.

In spite of the above figures, which show that ethanol is by far the most economical
oxygenate of these three, particularly with the U.S. Government subsidy and other
State benefits, and that ETBE (with the Tax Break) and MTBE are quite competitive,
the published information to date shows that marketers are choosing MTBE by some
80% to 10% with another 10% undecided. There is some indication that ethanol may
be in short supply, however, prices do not show as much variation in ethanol price as
has occurred in methanol, for example. Thus, a more important consideration for
ethanol may be the vapor pressure effects in summer and the problems with switching
from one oxygenate to another as well as the question of who makes which material
and whether blenders are concerned with cost of production or market price.

US Gulf Coast market prices for MTBE and Ethanol are illustrated in Figure #8.
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ENERGY USE

A brief review of the cost of energy use in the manufacture of ethano! and methanol
(see Table 4) indicates that per gallon of either energy costs are similar neglecting the

energy required to make corn fed into the ethanol process.

While manufacture of methanol from natural gas seems to use the least energy,
methanol from wood (including the woad), costs only 40% more for energy than the dry
mill ethanol system (excluding the cost of corn).

Figures prepared by the U.S. Dept. of Energy indicate that some 40 quadrillion
BTU/year can be available through wood utilization in our forests. Another 4.2 quads is
available from forest residues. Of this, the Department of Energy estimates that 6
quads can be captured. Other agricultural residues and municipal solid waste add up
to some 4 quads for a total of some 10 quads that can be converted to ethanol or
methanol.

Table 5 shows the estimated production of ethanol or methano!l from these materials.
The projected amounts are 54 x 10° gallons of ETOH in the year 2000 or 154.7 x 10°
gallons of MEOH in the year 2000 - (equals 8.7 quads of energy). Total energy use in
the U.S. in 1992 has been estimated at 82 quads.

CONCLUSIONS

1. Methanol can be made for about half the cost of ethanol per gallon.

2. More methanol than ethanol (about 3 times as much) can be made from
renewable raw materials available.

3. Subsidies and loan guarantees to ethanol producers have benefited a few but by
and large they have not brought about a strong ethanol based fuel sector. (Note
the upset in ethanol caused by the high price of corn this year.)

4. It appears that encouraging ethanol production from corn over methanol from
natural gas actually results in use of more fossil fuel for energy than if the energy
were used directly. Further, it appears that methano! from wood using 16¢ worth
of power per gallon will consume less fossil fuel energy than ethanol from corn
(20¢/gal., excluding the energy used in growing the corn).

5. The current tax subsidy for renewable resource based methanol and MTBE, the
use of wood as a feedstock may be an attractive option.

6. Use of corn to make fuel seems to be a waste. Cornis a food. It could be used to
feed people in areas of the world suffering from lack of basic food.
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500 STD 64.50]  [135.00] 100.00] [140.00] 99.00 [73.00] 35.00
1000 STD 53.25| [126.00] 91.00] [133.00} 92.00 [76.20] 38.30
1500 STD 4861 [122.00) 87.00] [130.00) 89.00 [77.40] 43.40

[@ $3.90/bushel. Includes 50% increase in by-product sales price]

RAW MATERIALS
Isobutylene for MTBE Ton $200 0.64| $25,640
Isobutylene f_or ETBE Ton $200 0.55 $25,555
Methanol Ton 0.364 |see below
Ethanol Ton 0.45 see below
Catalyst Ton $4,550| 0.00018 $164 $190
UTILITIES
Steam Lb $0.006 1,000 $1,202 $1,394
Power kwh $0.05 $80 $93
Cooling Water 1000 gal $0.113 $97 $113
LABOR
Operating MH 20.00 24,000 $480 $480
Overhead (150%) $720 $720
REPAIR & MAINTENANCE $698 $768
LABORATORY, SUPPLIES, & MISC. $175 $175
TOTAL OPERATING COST $29,256 $29,488
INTEREST (10% Debt) $1,396 $1,536
TAXES & INSUR. (2%) $465 $512
DEPRECIATION $2,327 $2,560
NET PRODUCTION COST WITHOUT MEOH/ETOH $33,445 $34,095
PRODUCTION COST / ST MTBE WITHOUT MEOH $166.96
PRODUCTION COST /ST ETBE WITHOUT ETOH $146.76
PROD. COST / ST MTBE - MEOH AT $0.50 / GAL. $221.56
PROD. COST / ST MTBE - MEOHR AT $0.45/ GAL. $216.10
PROD. COST / ST MTBE - MEOH AT $0.18 / GAL. {(.78-.60) $186.62
PROD. COST /ST ETBE - ETOH AT $0.95 / GAL. [at 1.35/gal] $276.11
[330.57]
PROD. COST / ST ETBE - ETOH AT $0.39 / GAL. (with $0.54/gal $199.86
Tax Subsidy) [$0.81/gal.) [257.05)
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Ethano! - Wet Milled [7.25] 5.24 7.08
(TB) [4.15) (3.23) (4.36)
Dry Milled [7.66] 5.30 7.16
(TB) [4.55] (3.28) (4.44)
ETBE - (ETOH Cost) [14.04] 11.75 15.86
(ETOH, TB) [10.92] (8.49) (11.46)
MTBE - (MEOH Cost) 8.12 10.956
(MEOH/TB) (6.84) (9.23)
TB = With Tax Break
[ ]=Com at $3.90/bushel

Ethano! *Neglects corn use  and
Wet Mill energy required
Steam & Power 0.24* to produce it. 30¢/gal. [52]
Dry Mitl
Steam & Power 0.20* 45.5¢/gal. [79)]
Methanol **Includes Natural
From Natura! Gas Gas at $2.00/MM
Natural Gas & Power 0.186** BTU and wood at
(-178 from gas) $20.00/ Ton
From Wood 0.28**
(.12 from wood)

[ ] = com at $3.90/bushel

23.5 v 86.3

21.8

258

Wood 80.2 20.2 74.2
Agricultural residues 9.1 334 10.3 38.1 1.3 415 13.1 48.1
Grains

Comn 23 21 0.9

Wheat 1.2 14 1.6 20
_Grain Sorghum Q4 03 03 03
Total Grains 39 38 2.8 23
Sugars

Cane 0.2 07 0.7
_Sweet Sorghum 02 3.0 8.3
Total Sugars 0.4 37 9.0
MSW 2.2 8.6 23 9.2 2.5 9.9 2.9 11.6
Food Processing Waste

Citrus 0.2 0.2 0.3 0.4

Cheese 0.1 0.1 0.1 0.2

All Other 0.2 0.3 0.3 0.3
Total Processing Waste 0.5 0.6 0.7 09
TOTAL 39.2| 128.3] 39.2| 1275 412| 1256 54.0 1547
Based on following biomass-alcohol conversion factors: Wood and agric. residues-173 gal methanol per
dry ton, 47 gal ethanol per dry ton. Com-2.6gal ethanol per bushel. Wheat-2.7 gal ethanol per bushél.
Grain sorghum-2.6 gal ethanol per bushel. Sugars-136 gal ethanol per ton fermentable sugars.
MSW-100 gal methanol per dry ton, 25 gal ethanol per dry ton. Citrus waste-107 gal ethanol per dry
ton. Cheese waste-95 gat ethanol per dry ton. Other food processing waste-90 gal ethanol per dry ton.J
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/ Figure #4: MEOH PRODUCTION COST VS. FEEDSTOCK COST
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Figure #7: ESTIMATED PRODUCTION COSTS

MTBE VERSUS ETBE

B [erree]
% ] ETBE (ETOH $1.10/gal)
= - bk
[
e
o]
I
7]
o
1]
o e
w O

MTBE (MEOH $0.18/gal)
$150 L 1 1 i
20 400 600 800 1000 1200

PLANT CAPACITY - SHORT TONS PER DAY

R ————————

—\C

FIG. 8: MTBE & ETHANOL SPOT PRICES
US GULF COAST
1.2
1 ["MTBE]
LY BE)

L e ——————— "

Q os ’\‘\ F"\

3 |® oy

S oe P AN ol ‘

g P -

2 - '_—]Eh .................
04 \I / [ thanol
0.2IlllJ_llLIIllJ_LllJIIIlllllllLIll

Oct-93 Fab-94 Jun-94 Oct-94 Feb-95 Jun-95 Oct-95 Feb-96

J

o

Figure #9: ETHANOL FEEDSTOCK PRICES

45

4

w
o

& Barley
- Sorghum
- Corn

$ per Bushel
w

[
o

N

T T Y T T T N Y T T T T Y Y O A O O |
May-94 Sep-94 Jan95 May-95 Sep95 Jan-96

889



Maximizing the FCC’s Potential for RFG Production

Lark E. Chapin
Stone & Webster Engineering Corporation
1430 Enclave Parkway
Houston, TX 77077

Keywords: Propylene, Catalytic Cracking , RFG

INTRODUCTION

The Fluidized Catalytic Cracking (FCC) unit has traditionally been the dominant conversion
process in U.S. refineries. It has served as a major source of high octane naphtha for blending
into the gasoline pool. With the passage of the Clean Air Act, U.S. refiners are reformulating
their gasoline blends utilizing increasing volumes of ‘tlean burning” alkylate and ethers. Both
of these premium products use light olefins including propylene as feedstocks. Environmental
trends in other major world markets will force much of the world FCC operating capacity to
follow the same path.

Concurrently, the petrochemical demand for light olefins, in particular propylene, has
outpaced conventional supply routes (ie., steam crackers). Propylene production from steam
cracking is highly dependent on the overall economics for ethylene production. Given the
current and anticipated demand for propylene relative to ethylene and the fact that the Steam
Cracker can not offer the necessary flexibility to modify yields, it is likely that refinery sourced
propylene will grow in importance. Obviously, a need for an economical light olefin
generating process is required to meet the demand of these light olefins. New catalytic
cracking technologies, such as Deep Catalytic Cracking(DCC), appear to be very promising

for this application. -

DCC is a new commercially proven fluidized catalytic cracking process for selectively
cracking a wide variety of feedstocks to light olefins. The technology was originally
developed by the Research Institute of Petroleum Processing (RIPP) and Sinopec both located
in the Peoples Republic of China. Stone & Webster is the exclusive licensor of this
technology outside of China. Currently three units are operating in China and another three
are under construction. One of the units under construction is part of a Stone & Webster
grassroots DCC complex in Thailand for Thai Petrochemical Industry Co. Ltd.

Although DCC can readily be integrated into either a refinery or petrochemicat facility, the
intent of this paper is to quantify its impact on the gasoline pool and overall profitability of a
U.S. Gulf Coast refinery dedicated to making reformulated gasoline (RFG).

PROCESS DESCRIPTION

DCC is a fluidized catalytic process for selectively cracking a wide variety of feedstocks to
light olefins. Propylene yields over 20 wt% are achievable with paraffinic VGO feeds. A
traditional reactor/regenerator unit design is employed using a catalyst with physical
properties similar to traditional FCC catalyst. The DCC unit may be operated in one of two
operational modes: Maximum Propylene (TYPE I) or Maximum Iso-Olefins (TYPE II).
Each operational mode utilizes an unique catalyst as well as reaction conditions. DCC
Maximum Propylene (Type I) uses both riser and bed cracking at severe reactor conditions
while Type II utilizes only riser cracking like a modern FCC unit at milder conditions.

The overall flow scheme of DCC is very similar to that of a conventional FCC. However,
innovations in ‘the areas of catalyst development, process variable selection, and severtiy
enables the DCC to produce significantly more olefins than FCC. A detailed process
description has been published previously™ and is not included in this paper.
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DCC PRODUCT YIELDS

DCC reaction products are light olefins, high octane gasoline, light cycle oil, dry gas and
coke. Typical Type I and II DCC yields are shown in the Table 1. Yields for FCC in a
maximum olefin operating mode with a low rare earth , high mesopore activity, and high
ZSM-5 catalyst are shown for comparison.

Although large amounts of
dry gas are produced in the

TableI DCC Type I operation it is

DCC vs. FCC Yield Comparison, wt% rich in ethylene and may be

desirable for petrochemical

Products & ~“"DCC Typel :: DCC Type Il FCC - enduse. Propylene is
DryGas 109 56 32 abundant in the DCC LPG
LPG 41.0 342 318 stream and considerably

higher than FCC. The DCC

Naphtha 26.6 39.2 34.6 LPG is also rich in
Lcomco 12.7 15.9 252 butylenes making it an ideal
Coke 88 46 5.2 MTBE and/or alkylation
Total 100.0 100.0 100.0 feedstock.  Of particular

: . ! ) . interest is the selectivity of
Ethylene i 6.1 23 0.9 bottn Type I and I tf)wards
Propylene 205 14.3 114 IC/. The ratio of
Butylene 143 146 1.2 isobutylene to total butylene
L - is much higher for DCC
in which IC, 54 6.1 4.2 than FCC( 38-42 vs. 17-33
Amylene - 9.8 8.5 wt%). The same result is
in which ICs® - 6.5 43 true for the isoamylene to

total amylene ratio.
Obviously , this can have a significant impact on downstream MTBE and TAME production
capabilities. The high olefin yields are achieved by selectively overcracking naphtha.

Because of the high conversion, all of the DCC Cs+ liquid products are highly aromatic.
Consequently the octane values of the naphtha are quite high: 84.7 MON and 99.3 RON .
The BTX content of the naphtha is over 25 wt % making it suitable for extraction. The
naphtha will need to be selectively hydrotreated to improve its stability due to the di-olefin
content. This is easily accomplished without octane loss.

The LCO will need further upgrading before it can be included in the diesel pool or it can be
used as an excellent cutter stock due to its low viscosity and pour point. The HCO and small
amounts of slurry oil can go directly to fuel oil blending or be used as hydrocracker feedstock.

CASE STUDY BASIS
In order to illustrate the overall economic impact of adding either DCC Type I or II versus an

FCC in a U.S. Gulf Coast refinery dedicated to the production of reformulated gasoline three
possible  processing

LR Tt 1s0M - options were
ap REFORMATE examined. Each case
R " (LG REF o7 cenosene| WaS  analyzed with
H DHT d t the
. METHANOL— mrBE regard 0
El e |eet o [ e | PROPYLER disposition of
: ALKY ALKYLATE H
vao anT H-» ?: ] Atk ] CAT NAPHTHA,, propylt;ne ( 1€,
pec —— alkylation or
- petrochemical  sales).
we | exr [ _ An overall onstream
ASOMERATE. _ o/
i summmuns [ factor of 94 % was
A eemat] used for the 100,000

) BPD refinery. The
production rate was optimized based on producing prime fuels and fuel grade coke from an
Arabian Light Crude source. Wright-Killen’s ‘Refine” model was used to evaluate the
different processing scenarios. A simplified overall Block Flow Diagram is shown above.
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Purchased feedstocks included butanes, methanol and MTBE. The primary products were:

LPG( Cy/ Cy’s)
Reformulated Gasoline
Jet/ Low Sulfur Diesel
Fuel Grade Coke
Sulfur

The feedstock and product prices are reported in Table 5 which can be found at the end of the
paper. These prices represent typical current U.S. Gulf Coast Basis. Product specifications
used to constrain the model are reported in Table 6. Key gasoline blending parameters were
set so that the resulting reformulated gasoline pool would :

. Not exceed 1 LV% Benzene
o Contain 2 Wt% Oxygen, and
Meet EPA mandated reductions in emissions

A simple economic evaluation was performed utilizing the following assumptions:

Delta Capital Cost: Estimated for U.S. Gulf Coast The  price of
Project Life: 20 years from completion propylene was
Depreciation: 10 years straight line varied from +/-
Salvage Value: 20% of original investment 30% of the base
Tax Rate: 35% starting in year 1 cost to determine
Inflation Rate: 0% . the sensitivity to
Feedstock Prices: Constant based on current U.S. Gulf Coast prices propylene cost.
Product Prices: Constant based on current U.S. Gulf Coast prices
g;mlgai;:; (()?onstant current average prices RESULTS .
Investment Timing: All in year 0 The follown.ng
tables summarize

the gasoline pool quality, operating severities, revenues,and overall economics for each case.
As previously mentioned the price of propylene was varied to determine its impact for the
cases where propylene is routed to sales and is shown in Figure 1 later in the paper.

The impact of switching propylene from petrochemical sales to alkylation and ultimately to
the gasoline pool is readily apparent in each case. as shown in Table 2. The DCC operation
magnifies this effect over the FCC operation. DCC Type I produces the largest amount of
propylene and the least amount of gasoline. The isobutane requirment for the cases where the
propylene goes to alkylation is quite substantial for the DCC options. In addition, the
increased isobutylene yield with both DCC Type I & II significantly reduces the purchased

Table 2
Feedstocks and Products

‘Feedstocks, BPD "Base Case . Casel

et ity i ¢ FCC 'peel ‘pecu

C3= Disposition Alky  Salés . Alky Salés’+i  Alky :.'Sales”,

Crude 100,000 BPD 100,000 BPD 100,000 BPD

Isobutane 4684 1174 ¢ 14433 17050 11831 42

Methanol 342, 342 914  U9IF 1042 7104

Purchased MTBE 6105 - .5533 -~ 5041 29725 4755

Products, BPD -

Propylene 2722

LPG (C3 & C4) 4345 4345 . 5603 . 6190 i

Gasoline (RFG) 63716 < 58240 70462 70940

Low Sulfur Diesel 24712 24712 - 21615 21220 ;

Jet Fuel 14621 " 14621 14621

Coke (Ton /day) 820 817 815 -

Sulfur (Ltor/day) 203 203 203

Refinery Fuel (FOEB) 1985 4846 2532
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MTBE requirement.. The LPG make also increases significantly with both types of DCC
operation. The middle distillate production is relatively constant for each case.

The operating severities for each unit are shown in Table 3. The reformer severity was kept
constant for all cases at 97 RON. Although a future case might be warranted where the
severity is lowered. The reformer feed was prefractionated to an IBP of 190°F to minimize
the benezene precursors. The DCC has a much higher C5+ liquid conversion than the FCC.
The gasoline pool was

constrained to meet
Table3 Federal Phase 1 RFG
Operating Severities specifications and if
i CARB
Base Case’  Casel T Casez | Possible

s : : specifications. The
R ! FCC - DCCI - DCCII_ .. urchase of MTBE was

C3= Alky Sales Alky . Sales - Alky . Sales | bor -
Disposition _ limited to a maximum
of 2.0 wt% for all cases.
FCC/DCC : : » .. | The Rvp.requirem.ent of
Conversion, 758 758 853 853 868 - 868 :| 7.1 applies only in the
vol% e summer months and can
Reformate, 97 97 97 97 . 97 97 | be quite difficult to
RON : meet. Although pulling
Captive 2772 | all of the normal butane
MTBE,BPD 1004 1004 2679 2679° 3056 3056 | from the pool may seem
Purchased ; ..} like the obvious first
MTBE,BPD 6105 5533 5041 2972 4755 3184 | gep it is often not

desirable as addition of this blendstock permits the refiner an easy control of his pool Rvp.
Alkylating the propylene versus selling it satisfies the more stringent summér Rvp requirement
in all cases. The alkylate dilutes the overall pool with its low Rvp. The dilution effect of the
alkylate is also evidenced by the reduction in aromatics, olefin and sulfur content of the pool
as compared to the cases where the propylene is sold.

Table 4

Gasoline Pool Quality
Qualities' ©- <7 > - - Base Case .. Casel
L LR L FCC . DCCI:
C3=Disposition Alky - Sales Alky
RON 95.7 96.7
MON 86.9 89.0
FON 913 929
RVP 7.1 6.8
Olefin, vol% 7.9 6.6
Aromatics, vol% 242 219
Benzene, vol% 0.86 0.63
Oxygen, wt% 2.0 2.0
Sulfur, ppmw 32 34

Does not meet one of the following Federal Phase | specifications : 7.1 RVP max
9.1 vol% olefins or 27 vol% aromatics.

Although the aromatic, olefin and Rvp Phase 1 RFG specifications are not met in Cases 1
and 2 where the propylene is sold the reformer severity can be lowered bringing these
specifications easily into compliance. For example, when the reformer severity is lowered to
89 and 92 for Cases 1 & 2 respectively the pool specifications are met. The FON drops to
89.5 and 90.0 for Case 1 and Case 2 at these severities.

The T50 and T90 specifications were not evaluated for this study as the ‘Refine” model does
not accurately account for changes in product distillations. Typically, the T90 specification is
one of the most difficult and costly specifications to meet. Complying with this specification
will also have a great impact on reducing the T50. FCC gasoline and reformate typically do
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not meet the T90 specification and will require further fractionation or processing. This
evaluation is outside the scope of this study basis.

ECONOMIC ANALYSIS

The gross profit for each case is shown in the following bar chart. For the cases where
propylene is routed to alkylation, both DCC type I and II generate more gross profit than the
FCC case. DCC type II is the
most favorable option. The
gross profit for the cases where
propylene is routed to
petrochemical sales shows that
both DCC Type I and II are
more profitable than the base
FCC operation. Of the DCC
operations, DCC type II again
generates the greatest gross
profit.

Gross Profit, SMM/Yr

FCC o DEC! DCC

= Propy to Sales

The Internal Rate of Return (IRR), Payout and Net Present Value figures were calculated for
the cases where propylene was routed to alkylation or to sales for each type of operation. The
analysis showed that for the cases where propylene was routed to alkylation the DCC Type I
operation was the most profitable
with an IRR of 20.3%. The cases
- +5 5 where propylene was routed to
™ petrochemical sales showed that
the installation of an DCC unit in
place of a conventional FCC was
very profitable. The incremental
" IRR for DCC Type I was 31.1%
and 55.6% for DCC Type IL
The payout was 2.2 years after
tax for DCC Type 1I and 3.6

A Investment Over Base FCC Operation

years for DCC Type II.
DCCI DCCIl
& Propylene to Sales B Propylene to Alkylation PROPYL SENSITIVITY

The price of propylene was varied from +/- 30% of the base price and its impact on the IRR is
shown in Figure 1. Even at a propylene price 30% lower than the base value the IRR for
DCC Type II is still
attractive. The sensitivity
to the propylene value is
PROPYLENE PRICE SENSITIVITY more pronounced for
DCC Type I.  Although it
] still appears favorable at
- /{ propylene values up to 10
% less than the base
value.

Figure 1

IRR%

033858838
A
\

REVAMP ECONOMICS

8
8

-10 0 10 20 30
Work recently completed

in Stone & Websters’
Milton Keynes office
I —e—DCCl —a—occl ]| indicates that a revamp of

an existing FCC to an
equivalent DCC type I operation (most extreme revamp) can be quite attractive. The majority
of the revamp costs were found to be in the regenerator and flue gas system to handle the

% Change — $45.18/BBL
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additional coke burning capacity. Polymer grade propylene was produced for petrochemical
sales. A very attractive pretax payback of 1.5 years was found

ONCLUSION

As the price of propylene remains high there will be continued interest in refinery sourced
propylene for petrochemical sales. Based on average prices during the last two years, a new
DCC plant for production of propylene provides an attractive return on investment. The
sensitivity of the project economics to fluctuations in propylene prices is relatively low.

The integration of DCC technology into a refinery offers an atractive opportunity to produce
large quantities of light olefins by the conversion of heavy vacuum gas oils. Thus, providing
the refiner with the flexibility to produce either polymer grade propylene or premium gasoline
blending components (ie. ethers and alkylate).
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Table 6
Table 5 Product Specifications
Feedstock and Product Pricing* Propylenc . Polymer Grade
Feedstocks &/BBL Reformulated Gasoline* CARB Phase 1
Arabian Light 18.47 Phase2  Federal Jan 1
Tsobutane 17.64 March 1996 1995
Methanol 18.90 ¢ RVP (max)*** 70 8.000/7.1@*e
MTBE 4284 e FON (min) 91.0 91.0
I : o Olefins (vol%, max) 6.0 92
roducts e Aromatics (vol%, max) 25.0 27.0
Sulfur (LT) 75.00 o Benzene (vol%, max) 1.0 1.0
Propane 14.35 ¢  Oxygen (wt%, min) 2.0 2.0
N-Butane 16.80 o Sulfurppmwi%) 40 339
Petroleum Coke 25.00 ; S s Ea
Fuel Gas (FOEB) 9.30 Diesel
Low Sulfur Diesel 20.89 o Sulfur (wt%, max) 0.05
Kerosine/Jet Fuel 2312 - o Aromatics (vol%, max)
RFG Gasoline Blend 30.86 e Cetane No. (min)
Propylene to Sales 45.18 VR PO
Jet Fuel
US Gulf Coast Pricing Basis o Sulfur (wt%, max) 03
Sources: The Oil Daily, 28 June 95 & e  Aromatics (V01°/o, max) 24.0
Octane Week, 29 May 95 : :
and specs beyond scope of this evaluation
** (N) Northem States, (S) Southem States
*** Summer Season only
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CONTROL AND ORIGIN OF NOx IN THE FCCU REGENERATOR
THE PERFORMANCE OF XNOx-2, A COMMERCIAL NOx REDUCTION CATALYST
A. W. Peters, W. Suarez, Manoj Koranne, Carmo Pereira,
G. D. Weatherbes, Xinjin Zhao, S. Davey, and B. Lakhanpal

Grace Davison, Columbia, MD 21044

Keywords: fluid catalytic cracking unit (FCCU) regenerator, carbon monoxide (CO)
oxidation, nitrogen oxide (NOx) reduction

Introduction .
In this paper we describe the performance of a NOx control additive for the FCCU

" regenerator. This formufation reduces NOx and at the same time functions as a CcO
oxidation promoter. The-NOx reduction catalyst is added to the total FCC inventory at
levels similar to combustion promoter. This promoter has been pilot unit tested in the
Davison circulating riser, and the results have been confirmed in commercial testing.
Laboratory results suggest that these catalysts decrease NO emissions by chemically
reducing the NO with CO in the regenerator to form N2 and CO2. While this reaction
also occurs to a certain extent in commercial regenerator operation, it is not catalyzed
by conventional platinum based CO oxidation promoters.

e Chemistry of NOx in the FCCU Regenerator

The major environmental pollutants from buming coke in the FCCU regenerator
include CO (carbon monoxide) and nitrogen and sulfur oxides. Both CO and SOx
emissions can be controiled to a low level using relatively small amounts of commercial
additives. NOx emissions are also regulated, but are not so easily controlled. NOx
emissions, including NO, NO2 and N20O, are typically in the range of 100 ppm to 500
ppm. Since regulations based on regional considerations vary from state to state and
oven from refinery to refinery, emissions in this range may be outside allowable limits.
The NO2 is formed only after the NO is emitted to the atmosphere, while N2O is formed
in small quantities if at all. Since most of the nitrogen oxides in the regenerator are in
the form of NO, the formation and control of NO in the regenerator is the major issue.

The chemistry of NO in the regenerator has recently been described in two
independent studies (1,2). Both studies agree in essentials. About half of the nitrogen
in the feed appears as coke on the catalyst. The NO in the regenerator derives éntirely
from buming the nitrogen in the coke during regeneration. At the relatively low
temperature in the regenerator, < 800°C, thermodynamic considerations show that NO
is not formed from oxidation of the nitrogen in the air introduced into the regenerator.

The surprise is that only a small percentage of the coke nitrogen is converted to NO
during regeneration. Under normal unpromoted regenerator operation most of the
nitrogen is converted to N2. These results were obtained by nitrogen balancing a pilot
plant scale FCCU (3) using a relatively high nitrogen feed stock, 0.32% N at relatively
high conversions. The catalyst was regenerated using an argon oxygen mixture in
place of air, eliminating all sources of molecular nitrogen in the regenerator except from
the coke, Table 1.

Table 1. Nitrogen Balance in a pilot plant FCCU. Regeneration with an Ar/Oo mixture.

Feedstock: Moderate Nitrogen | High Nitrogen
N, Wi% 0.13 0.32
Wt. % Conversion 739 59.8
Coke, Wt. % of Feed 3.68 4.26
Flue Gas NO, 62 ppm 211 ppm
Flue Gas N2, 450 ppm 1250 ppm
Recovery of Feed N, %

in Total liquid product 47.4 50.1

in Coke 35 -

% of Feed N recovered as NO 26 27

as N2 38 327
Recovery of Regenerator N, % 5 7

as N2 95 93

as NO 5 7
Total N Recovery, Wt. % 88.0 85.6
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In this experiment the molecular nitrogen formed in the regenerator was directly
measured by gas chromatography. The results show that more than 90% of the
nitrogen in the coke forms N rather than NO in an unpromoted regenerator.

This means that the nitrogen in the coke is either converted directly to N2 during
regeneration, or is converted to NO and then reduced in the regeneratorto N2. The
regenerator contains a variety of reductants including carbon monoxide (CO) and
unbumed coke on catalyst that has just entered the regenerator as well as residual coke
on regenerated or partially regenerated catalyst. CO is present in relatively high
concentrations, especially in an unpromoted operation. Although the NO can react with
both the coke and the CO, the reaction with the CO to form N, and CO2 is probably the
most important. These events explain the observed increase in NO emissions with the
addition of CO combustion promoter (less CO in the regenerator), and the decrease in
NOx levels observed with operation in partial bum conditions due to increased amounts
of CO as well as coke. A number of NOy reduction strategies including regenerator
design changes based on this chemistry have been described in the patent literature.
Some are based on placing more reductant in the regenerator, and in other cases the
regenerator flue gas contacts reductant in the form of CO or spent catalyst (4-8).

The Reduction of NO with CO or with Coke on Spent Catalyst.

Previous work has shown that the reaction of NO with coke to form N2 is nearly as
rapid as the reaction of oxygen with coke (9). We were able to directly observe the
reaction of NO with coke on a spent FCCU catalyst under approximate regenerator
conditions, Figure 1. :

Figure 1: Reaction Between NO and Coke on Spent Catalyst to form
Molecular Nitrogen and CO. .

60 | ; : :

% NO Conversion

0 50 100 150 200 250

time, minutes

The result of this experiment shows a stiochiometry of approximately 1:1 consistent with
the reaction

2C + 2NO = 2CO + N2

Another possibility is the reduction of NO with CQ in the regenerator. Reactor
studies show that while NO and CO do not react at regenerator temperatures in an
empty reactor or over a low surface area inert, the reaction will occur over equilibrium
catalyst, especially with nickel, vanadium and possibly other contaminants. Previous
work has shown that high nickel equilibrium catalysts can function as CO oxidation
promoters (10). Vanadium on titania is a well known commercial SCR catalyst. This
result shows that equilibrium catalysts containing metal can also function as a promoter
for the reaction of CO with NO, Table 2.
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Table 2. Activity for NO conversion by reduction with CO. Reaction conditions
9,000 GHSV, 1700 ppm NO, CO/NO = 3/1.

Equilibrium Catalyst A B
Ni, ppm 378 1598
V, ppm 471 2298
Reactor Temperature, °C % Conversion

550 0.0 0.0
673 9 24
711 9 45
732 9 56

NO emissions can be reduced by reaction with CO in the regenerator or coke on the
catalyst. These reactions form the basis for commercial strategies for NO control such
as operation in partial bum, operation with low levels of promotion and higher levels of
CO, and a variety of patented processes. However, it is not generally desirable to
sacrifice CO conversion or to increase coke on regenerated catalyst for the sake of NOx
reduction. Since NOx emissions increase with the addition of CO oxidation promoter, it
is important to develop a promoter which catalyzes both the oxidation of CO to CO2 as
well as the reduction of NO to N2 with CO. The operation of such a promoter, XNOx-2,
in a FCC pilot unit is shown in Figure 2. The pilot unit operation is the Davison
Circulation Riser (DCR) described elsewhere (11) running a feed stock previously
described (1) containing 0.13 wt. % nitrogen.

Figure 2: Comparison of NO emissions in the DCR (Davison Circulating Riser)with a

circulating catalyst inventory containing 0.5% of 500 ppm Pt on alumina (x)
and 0.5% of XNOx-2 (o).
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XNOx-2 and Pt/Alumina Activity for NO Reduction by CO

XNOx-2 works by providing a balanced bifunctional catalytic activity for both the
oxidation of CO to CO2 and for the reaction of CO with NO to produce CO2 and N2,
controlling both CO and NO emissions. To demonstrate the catalytic basis for this effect
we passed CO and NO over XNOx-2 and over a conventional CO combustion promoter
containing 500 ppm Pt impregnated on alumina with the results shown in Figures 3 and
4. The activity for CO conversion in the presence of NO over platinum flattens and
drops off over 400 °C, while the activity for this reaction over XNOx-2 increases rapidly
up to at least 600°C, the highest temperature tested, Figure 3a. The NO conversion
plot with temperature shows the same trend; Figure 3b. In this experiment the platinum
promoter cannot convert more than 50% of the NO, while the XNOx-2 converts
essentially all of the NO. By comparison conversion over Ecat is an order of magnitude
or more lower, Table 2.
A plot of CO conversion on one axis and NO conversion on the other axis, Figure 4,
is especially interesting. In the case of XNOx-2 we obtain a 45° plot showing one to one
conversion. This agrees with the proposed stoichiometry. For every molecule of NO
converted, one molecule of CO is converted, the stoichiometry for the desired reaction
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2CO + 2NO —®» 2CO2 + No.

Over the platinum promoter more NO is converted than CO. This indicates the
convarsion of NO to nitrogen species other than N2. The platinum based CO promoters

do not promote the reaction between NO and CO very effectively at regenerator
temperatures, and the product is not the desired N2. XNOx-2, on the other hand, is

selective for the conversion of NO to N2 in the presence of CO and at regenerator
temperatures.

Figure 3: CO and NO conversion over 500 ppm Pt on gamma alumina (x) and over
XNOx-2 (o) at 25,000 GHSV, 1375 ppm NO, and 3000 ppm CO.
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Figure 4: CO and NO stiochiometry for the results in Figure 3.
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Commercial Testing
XNOx-2 has been tested in a commercial application currently using a conventional

Pt on alumina CO combustion promoter. The conventional combustion promoter was
discontinued and XNOx-2 begun at day zero shown in Figure 5. NOx emissions
decreased slowly over a period of thirty days from a level of 500 units to a level of about
150 units, a drop of about 70%. During this period of time the afterburn, a measure of
CO promotion efficiency, remained within normal limits. The commercial NOx reduction
is somewhat greater than observed in DCR testing. The reason for this is probably the
poorer mixing and higher localized CO concentrations in the commercial regenerator.

In regions of high CO concentration the XNOx-2 will be especially effective.
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Figure 5: Commercial test of the combustion promoter XNOx-2 compared to a
conventional Pt on alumina promoter.
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Introduction
Catalyst additives are commonly used in the FCC regenerator to control CO,
80, and NO, emissions (1). For example, Pt based combustion promoters are

typically used to reduce CO emissions. The development of DESOX® technology
has provided refiners with catalyst additives that can reduce the SO, emissions (2-

4). Recent environmental regulations have increased the importance of such
catalyst additives in the FCC process and the need to develop new FCCU
regenerator additives (5). Due to the lack of a realistic lab-scale simulator of the
FCCU regenerator, most of the work in developing catalyst additives for the
regenerator has been conducted using either refinery FCC units or pilot plants (e.g.,
Davison Circulating Riser (DCR), an adiabatic riser with continuous catalyst
regeneration) (6,7). The efforts to develop new catalyst additives can be facilitated
by the development of a lab-scale unit that simulates the FCCU regenerator. This
simulator would allow us to examine the regenerator chemistry and the
mechanisms through which additives affect gas emissions, as well as routinely test
new additives. In this paper we present the development of such a lab-scale
simulator of the FCCU regenerator and its use in testing combustion promoter
additives.

Lab-Scale Simulator Unit of FCCU Regenerator

Attempting to simulate all of the operational characteristics of refinery-scale
regenerators, which vary significantly in design, in a small lab-scale unit is not
practical. For example, it is difficult to simulate the catalyst and gas flow patterns
of a large regenerator in an idealized lab-scale reactor, and to simulate the true
condition of the catalyst and additives entering the regenerator from the stripper.
Thus, we have designed a one-pass system that utilizes pre-coked catalyst, operates
as close as possible to the operation conditions of refinery regenerators, captures the
chemical phenomena occurring in a true regenerator and predicts the performance
of catalyst additives.

The main characteristics of the lab-scale simulator unit of the FCCU
regenerator (FCCU-RSU) are:

1. Fluidization of the FCC catalyst and additives

2. Continuous coked catalyst flow through the reactor and ability to control the
catalyst residence time in the reactor

3. Control of the excess oxygen in the reactor effluent

4. Control of the temperature of the exothermic coke burning reaction

5. Ability to conduct mechanistic and kinetic experiments to probe the regenerator
chemistry (formation of CO, SO, and NO,) and the mechanism through which
catalyst additives work

In Figure 1 we show a schematic diagram of the FCCU-RSU we have built.
The system consists of a quartz glass tube reactor (2.54 cm diameter) with a gas-
catalyst particles disengagement section at the top. Further, separation of catalyst
fines is achieved in the cyclone that follows the reactor. A custom designed oven
allows control of the reactor temperature during the fast exothermic coke burning
reaction. Air, oxygen, nitrogen, CO, NO, SO,, and evaporated liquid feed can be fed
in the reactor. Typically, nitrogen is used to fluidize the catalyst bed. Emission
gases, like CO, NO and SOy, are used in kinetic and mechanistic experiments to

study the interactions between these gases, the catalyst, and the additives. A
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Figure 1: Schematic diagram of FCCU regenerator lab-scale simulation.
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portion of the reactor effluent is sent to a Horiba oxygen analyzer (MPA-510), and
through a feedback loop a PID controller controls the amount of air or oxygen
needed to maintain the desired excess oxygen in the effluent. All other reactor gas
products are analyzed by an On-Line Technologies 2002 FTIR Multigas analyzer
which can measure CO,, CO, NO, N,0, NO,, SOy, HyO and other FTIR-active

gases. The catalyst flows continuously through the reactor using a custom-designed
catalyst flow system purged with nitrogen to avoid contamination of reaction
products with atmospheric gases. The catalyst residence time in the reactor
depends on the catalyst flow rate, and can be controlled from about 5 min to more
than 2 h. Detailed mixing experiments showed that mixing in the reactor is close to
that of a CSTR.

Experimental

Using the FCCU-RSU we studied the performance of conventional Pt-based
CO combustion promoters as well as that of new non-conventional additives that
combine the CO combustion promotion functionality with reduction of NO, from the

regenerator (XNOx™ additives). The additives were used in our studies as
synthesized both after calcination in air at 773 K and after reduction at 773 K in
flowing 4% Hy in N,. Commercial FCC catalysts were coked in our pilot plant

(DCR) using a resid FCC feed (AP1 @ 60 °F: 20.6) that contains 0.41% sulfur, 0.18%
total nitrogen, 0.06% basic nitrogen, and 5.1% Conradson carbon. The coked
catalysts contained ca. 0.9 - 2.5% coke. The additives were added to the catalyst at
the level of 0.5 wt%. Before charging the catalyst to the catalyst feed system, the
catalyst was dried overnight at 373 K.

Typically the catalyst residence time in the reactor was about 16 min, and
the excess oxygen was controlled at 1.1%. Unless otherwise noted, the reaction
temperature was varied from 973 K to 1003 K. Data was collected for 30 - 60 min
after steady state had been achieved.

Results

The results of coked catalyst regeneration in the FCCU-RSU show that the
unit simulates well the catalyst regeneration process in the refinery regenerator.
The CO/CO, ratio is a strong function of temperature and excess oxygen and
decreases with increasing temperature and increasing excess oxygen. In Figure 2
we show that the amounts of CO detected in the flue gas follow inversely the
amount of excess oxygen. At 1043 K, CO, increases from 1.6% to 3.0% to 4.4% as
the catalyst flow increases from 0.47 to 1.07 to 1.67 g/min. Figure 2 shows that as
the catalyst flow increases (catalyst residence time decreases) the amount of 80,

increases roughly proportional to the increase in catalyst flow. These results are an
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Figure 2: Composition of reactor effluent gas during regeneration of an
FCC catalyst containing about 2.5% coke. CO, NO, SO, in ppm.
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Figure 3: NO emissions from the pilot plant (DCR) regenerator when Pt-based
and XNOx™-based combustion promoters are added in the catalyst
(at 0 h)at 0.5 wt% additive level. Typical DCR regenerator
temperature is 977 K.
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indication that at the temperature of this experiment most combustion of coke
occurs during the first few minutes of the catalyst residence time in the
regenerator. CO also increases with decreasing catalyst residence time, but its
concentration in the flue gas depends on oxygen flow as well. NO increases as more
coked catalyst is fed to the reactor. However, because of its reaction with CO, it
does not increase in proportion to the catalyst flow increase.

According to refinery as well as our pilot plant experience (8), when Pt-based
combustion promoters are added in the regenerator to reduce CO emissions, NO,
emissions increase. In DCR testing (Figure 3), the addition of Pt-based promoter in
the regenerator increased NO formation during the cracking of a light paraffinic
feed by about 3 times. In agreement with these results, the FCCU-RSU also shows
a dramatic increase of NO, in the reactor effluent when a Pt-based combustion

promoter is added to the coked catalyst at the level of 0.5 wt%. The magnitude of
the increase in the amount of nitrogen oxides produced depends on the reactor
temperature and can be as high as five fold (Table 1)

Recently we developed new combustion promoter technology (8) that can
achieve similar reduction of CO emissions from the FCCU regenerator as can be
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Table 1: Average amounts of gas formation during FCC coked catalyst
regeneration (1.2 wt% coke) with or without combustion promoter
additives. Values shown are in cc/g catalyst passed through the reactor,
averaged over 30 - 60 min after the unit has achieved steady state.

Nominal Nitrogen | Effecton
Promoter CO, | CO | N2O | NO | SO, | Oxides co
Bed Temp (K) (%) Change} (%) Change

None 973 11.7 } 9.74 | 0.008 | 0.039 | 0.080 0 o

Pt-based oxid. 973 18.9 | 1.59 { 0.003 | 0.251 | 0.061 435 84
Pt-based red. 973 18.0 1.36 | 0.002 [ 0.245 | 0.056 420 86
XNOx™ oxid. 973 17.2 2.45 | 0.004 | 0.169 1 0.021 264 75
XNOx™red,. 973 18.0 | 2.52 | 0.003 ( 0.173 | 0.020 270 74
None 988 18.2 3.75 1 0.031 | 0.085 | 0.086 0 0

Pt-based oxid. 988 19.7 1.51 | 0.005 | 0.255 | 0.066 171 60
Pt-based red. 988 207 141 0 0.260 | 0.067 172 62
XNOx™ oxid. 988 195 1.83 { 0.008 | 0.188 | 0.027 105 51

XNOx™ red. 088 199 1.95 | 0.008 | 0.186 | 0.025 103 48

achieved with Pt-based promoters, while it produces a significantly smaller increase
in NO, emissions. We tested in the DCR a non-conventional combustion promoter

based on XNOx™ technology (Figure 3). With the new combustion promoter in the
DCR regenerator, NO emissions increased only 20%. The lab-scale simulator of the
FCC regenerator qualitatively gives the same performance results. When XNOx™
is added to the coked catalyst at 0.5 wt%, nitrogen oxides in the flue gas increase
about 40% less than the increase measured for the Pt-based additive (Table 1).

The observed reduction in nitrogen oxide emissions is achieved at only a
slight cost in CO combustion promotion (Table 1). When the formulation of the
XNOx™ combustion promoter is adjusted to achieve the same combustion
promotion as the Pt-based additive, the FCCU-RSU still shows that, compared to
the Pt-based additive, the XNOx™ additive achieves similar decreases in the
concentration of nitrogen oxides in the reactor effluent to those shown in Table 1.
Thus, the reduced NO, achieved with the use of XNOx™ combustion promoters is a

result of the additive’s unique chemistry and not due to an increase of the CQ
reaction with NO that may result from the small increase of CO in the reactor. It is
worth noting that according to the data in Table 1, significant amounts of N,O are

formed only in the absence of combustion promoters. Apparently, when these
additives are present in the reactor, NyO is rapidly oxidized to NO.

In an FCCU, the combustion promoters enter the regenerator after being
reduced in the riser. To determine if the oxidation state of the additive affect its
performance, we tested both oxidized and reduced additives. Our results (Table 1),
indicate that, at least in the FCCU-RSU, the oxidation state of the additive does not
have a significant impact on either the CO combustion promotion or the observed
increase in NO,. This result does not imply that the redox properties of the

additive do not impact the flue gas composition. We speculate that upon entering
the reactor, at the conditions of these experiments (>973 K, >1% 0O,, and CO

present), the additive rapidly reaches its equilibrium oxidation state. The presence
of redox catalytic cycles involving surface sites and O,, CO, NO and other nitrogen

species may then play a role in determining the amount of nitrogen oxides produced
during catalyst regeneration.

Conclusions

We have developed a lab-scale simulator of the FCCU regenerator that can
be used to study the performance of FCC regenerator catalyst additives, and
investigate the mechanism (e.g., role of additive’s oxidation state) and kinetics
through which these additives affect the formation of carbon, nitrogen and sulfur
oxides. The lab-scale system includes a custom-designed fluidized bed reactor and
catalyst flow system, and allows control of the important operation parameters
(catalyst residence time, excess oxygen, reactor temperature). Coked catalyst
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regeneration experiments and performance tests of conventional and non-
conventional combustion promoters show that the FCCU-RSU can simulate the
operation and capture the chemistry of the FCCU regenerator.
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Introduction

The present work is concerned with deep hydrogenation of aromatics in distillate fuels at low
temperatures using mesoporous zeolite-supported noble metal catalysts. This work is a part of our
on-going effort to develop advanced thermally stable jet fuels from coal-derived liquids and
petroleum. Saturation of naphthalene and its derivatives not onty reduces aromatics contents of jet
fuels, but also generates decalins which show much higher thermal stability than long-chain
alkanes in jet fuels at high temperature (Song et al.,, 1994). This work also has a bearing on
developing new catalytic processes for low-temperature hydrogenation of distillate fuels.

The Clean Air Act Amendments of 1990 and new regulations call for the production and use of
more environmentally friendly transportation fuels with lower contents of sulfur and aromatics
(Lee etal., 1993; Unzelman, 1993). High aromatic content in distillate fuels lowers the fuel quality
and contributes significantly to the formation of environmentally harmful emissions (Stanislaus and
Cooper, 1994). California Air Resources Board (CARB) has passed legislative measures to limit
the sulfur and aromatic contents of diesel fuel to 0.05 wt% and 10 vol%, respectively, effective
October 1993 (Lee et al., 1993). Currently, conventional hydrotreating technology is adapted for
aromatics saturation. Some studies have shown that complete hydrogenation of aromatics is not
possible owing to equilibrium limitations under typical hydrotreating conditions, and existing
middle distillate hydrotreaters designed to reduce sulfur and nitrogen levels would lower the diesel
aromatics only marginally (Stanislaus and Cooper, 1994).

Deep hydrogenation may become necessary in the near future for reducing aromatic contents of
distillate fuels to meet increasingly more stringent regulations. One of the significant findings by
The US Auto/Oil Air Quality Improvement Research Program (which involved Ford, General
Motors, Chrysler, and 14 largest US petroleum companies) is that lowering aromatic content
lowers toxic emissions (Kreucher, 1995; Unzelman, 1993). The significant findings of the
European Program on Emissions, Fuels, and Engine Technologies (EPEFE) also include 1he
following related to aromatics: 1) decreasing aromatics reduces catalytic converter light-off time,
improves the converter efficiency and decreases exhaust hydrocarbons; and 2) decreasing fuel
polyaromatics reduces light-duty diesel exhaust nitrogen oxides and particulate material and heavy-
duty exhaust hydrocarbons, nitrogen oxides, and particulate material (Kreucher, 1995).

Typical conventional catalysts for fuel hydroprocessing are sulfided Co-Mo and Ni-Mo supported
on alumina. However, such catalysts are active only at relatively high temperatures (e.g.,
>300°C). Because hydrogenation is exothermic, deep hydrogenation is favored at lower
temperature. It is therefore natural to consider deep hydrogenation at low temperatures (e.g.,
<300°C), and the potential candidate catalysts for low-temperature hydrotreating include noble
metals. Since it is known that noble metal catalysts are easily deactivated by sulfur compounds, a
two-stage processing strategy may be adopted. The first stage would involve deep desulfurization
of the fuels using metal sulfide catalysts, and the second stage deals with deep hydrogenation over
noble metal catalysts. Such a two-stage processing scheme may become practically applicable,
since deep desulfurization is likely to be required by regulations to further reduce sulfur contents of
transportation fuels in the near future.

The objective of this work is to explore the potential of mesoporous zeolite as support of noble
metal catalysts for deep hydrogenation of aromatics in jet fuel and diesel fuel. Recently, Mobil
researchers have invented MCM-41 type mesoporous molecular sieves possessing a hexagonal
array of uniform mesopores (Beck et al., 1992; Kresge et al., 1993). We have synthesized
mesoporous zeolites with MCM-41 type structure using three different aluminum sources (Reddy
and Song, 19963, 1996b). We are currently exploring their applications for catalytic fuel
processing (Reddy and Song, 1996b; Song and Reddy, 1996). In our preliminary work,
PUMCM-41 catalysts containing 3 wt% Pt were prepared with thc mesoporous zeolites synthesized
using pseudo boehmite, Al isopropoxide, and Al sulfate, and applied for hydrogenation of
naphthalene at 200°C and that of phenanthrene at 300°C. The results showed that the sample made
by using Al isopropoxide gives the best catalyst (Reddy and Song, 1996b). In the present work,
supported catalysts containing 2 wt% Pt or 2 wt% Pd were prepared using proton-form MCM-41

* Corresponding author. E-mail: csong@psu.edu; Tel: 814-863-4466; Fax: 814-865-3075
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(synthesized using Al isopropoxide) as well as Al;0; and TiO, as the support matergals. This
paper reports on their performance for hydrogenation of naphthalene in n-tridecane at 200°C.

Experimental
Catalyst Preparation

The mesoporous zeolite with MCM-41 type structure was synthesized using aluminum
isopropoxide as the Al source according to the procedure described elsewhere (Reddy and Song,
1996). Supported catalysts containing 2 wi% Pt or 2 wt% Pd were prepared using proton-form
mesoporous MCM-41 zeolite as well as Al,O4 and TiO, as the support materials. Table 1 gives
their properties. The Pt catalysts were prepared by impregnation from aqueous solution of
hydrogen hexacholoro platinate (IV) hydrate, HyPtClgxH,O (Aldrich, $9.995% Pt, metal basis).
The Pd catalysts were prepared by impregnation of PdCl, (Aldrich, 99.999% Pd, metal basis)
dissolved in dilute hydrochloric acid (sufficient to form soluble PdCl42). In both cases, water was
removed by rotary evaporation at about 60°C. The catalyst precursors were dried in an oven at
60°C over night, and then calcined in an electric fumnace at 450°C for 4 h. The nominal metal
concentration was kept at 2 wt% for both Pt and Pd catalysts. Metal reduction was done in situ
during naphthalene hydrogenation tests.

Catalyst Evaluation

All the catalysts were tested at 200 °C for a given residence time in 25-mL stainless-steel
microautoclaves. The total volume of the system including the connecting tube between reactor and
pressure gauge is about 30 mL. Typically, the reactor was charged with 1.0 g naphthalene
(Aldrich, 99%), 4.0 g n-tridecane solvent, and 0.1 g caralyst. The charged reactor was flushed
with Hj, then pressurized to 1000 psig (cold) to start the test. The reactor was mounted on a
holder, immersed in a fluidized sand bath preheated to 200°C, and shaken vertically at 240
cycles/min with a 1 ¢m stroke.

At the end of the 1est, the reactor was taken out of the sandbath, quenched in cold water, and then
allowed to cool down in air to room temperature. The gaseous products were collected for analysis
and then the reactor was opened. The contents of the reactor were washed with acetone onlo a
filter. Solution products were analyzed by GC-MS and GC-FID. The capillary columns were
30mx0.25mm DB-5 (J&W Scientific) for GC-MS and 30mx0.25mm DB-5 (Hewlett-Packard), for
GC-FID and the oven temperature program for both GC instruments was 60-280 °C at 10 *C/min.
GC and GC-MS indicate that cracking or isomerization of n-tridecane, if any, were negligible. The
yields of products were determined by quantitative GC analysis using n-nonane as internal
standard, and the conversion was determined by the amount of naphthalene recovered after the
reaction.

Selected tests were conducted to examine the effect of pre-reduction. Pre-reduction was carried out
at 200°C for 1 h under reaction conditions except that naphthalene was not present during the
reduction stage. After the reduction, the reactor was cooled down to ambient temperature, vented
and opened. The reactor was re-sealed after the addition of 1 g naphthalene, and re-pressurized to
1000 psig Hy a1 room temperature. Hydrogenation over the pre-reduced catalysts was also
conducted at 200°C for 0.5 h.

Table 1. Properties of the Mesoporous MCM-41 Zeolite, Titania and Alumina Supports

Support  Material Surface Pore Vol  SiOy/AlO3 Source
1) Type Area, mll& cc/g mol ratio
MCM-41  Mesoporous 1206 177 40.7 PSU Fuel Science,
zeolite Synthesized with Al
TiO, Titania 53— Degussa, Titania P25
Al O3 v-Alumina 113 - <0.001 Degussa, Aluminum Oxide C

Results and Discussion

Table 2 shows the distribution of products from naphthalene hydrogenation over Pd and Pt
catalysis at 200°C for 60 min. The main products from haphthalene hydrogenation were
tetrahydronaphthalene (tetralin or THN), and cis- and trans-decahydronaphthalene (decalin or
peHN). A9,10-octalin was also detected as a minor product in many tests, which is an
intermediate {rom tetralin to decalin. The selectivity 10 tetralin+decalin+octalin approaches to unity.
in all the runs, indicating that there were essentially no side reactions such as ring-opening cracking

907




and ring-contraction isomerization under the conditions. Based on the present and previous results
(Lai and Song, 1996; Schmitz et al., 1996), the reaction pathways can be represented by Scheme L

cis-DeHN
L
I

+IV

QQ trans-DeHN

QOO0

u
Scheme I

Effect of Supports

For Pt catalysts on different supports, the yield of tetralin decreased in the order of alumina >
titania > MCM-41, whereas the yields of trans- and cis-decalins increased in the order of alumina <
titania < MCM-41. In the case of PYMCM-41, the intermediate product tetralin was almost
completely hydrogenated, whereas tetralin still remains as a major product with PUAI;O3 and

PUTIO,.

Table 2 Hydrogenation of Naphthalene at 200°C for 60 min over Pt and Pd Catalysts

Expt ID 70 115 31 32 33 34
Catalyst PUALO;  PY/TiO) PUMCM-41 Pd/AlhO3 Pd/TiOy PIMCM-41
Conversion (%) 98.3 99.9 100.0 99.9 999 100.0
Selectivity (wt%)

Tetralin 57.0 35.8 0.0 42.5 30.5 0.0
9,10-Octalin 0.8 1.0 0.0 0.7 0.3 0.0
trans-Decalin 10.6 14.9 50.2 34.6 43.9 64.4
cis-Decalin 31.1 47.9 49.4 22.0 25.1 35.4
Others 0.5 0.4 0.4 0.2 0.2 0.2
trans-/cis-DeHN 0.3 0.3 1.0 1.6 1.7 1.8
DeHN+Tetralin 98.7 98.6 .99.6 99.1 99.5 99.8
DeHN/Tetralin 0.7 1.7 24443 1.3 2.3 1235.3

For Pd catalysts, we observed essentially the same trends in terms of catalytic activity reflected by
the increasing yields of decalins or decreasing yields of tetralin. Moreover, both P&/MCM-41 and
PUMCM-41 catalysts promoted the hydrogenation to completion such that the dominant products
are trans- and cis-decalin, whereas tetralin is still one of the major products with both Al,05- and
TiOp-supported Pd and Pt catalysts. These results indicate MCM-41 supported Pt and Pd catalysts
are more active than titania and alumina supported catalysts.

The higher activity of the mesoporous zeolite-supported Pt and Pd may be due to better dispersion
of the noble metals on MCM-41, since it has much larger surface than that of Al,05 and TiO,
supports (Table 1). According 10 a recent report (Koussathana et al., 1991), hydrogenation of
naphthalene and benzene is insensitive to the geometric structure of the Pt species. The mild
acidity of MCM-41 may also be a contributing factor, since it contributes to the electron deficiency
of the metal on zeolite surface. It is known that noble metals on Y-zeolite and mordenite are often
better dispersed and electron deficient as compared to those on alumina (Stanislaus and Cooper,

1994). The zeolitic protons can act as chemical anchors for reduced noble metal particles (Satchtler
and Zhang, 1993).

The selectivity to decalin isomers depends on the support and metal type. Compared to Pd/Al,O4
and Pd/TiO catalysts, PA/MCM-41 catalyst afforded higher trans/cis ratio, indicating a higher
selectivity to trans-decalin. There appears to be one major difference between Pt and Pd catalysts
in selectivity: Pd shows higher selectivity to trans-decalin. Therefore, among the three supports,
MCM-41 corresponds to higher trans/cis ratios. Among the two metals, Pd catalysts always afford

gigl;?r trans/cis ratios. Overall, MCM-41 supported Pd catalyst display highest selectivity to trans-
ecalin. :




Effect of Reaction Time

Since complete naphthalene conversion was reached in 1 h, we reduced the residence time and
conducted 30 min runs at 200°C. Table 3 shows the results. Although unreduced catalysts were
used, nearly complete naphthalenc conversion was achieved in all the runs within 30 min.
However, the product distribution changed with residence time. Yields of tetralin increased and
decalin yields decreased with decreasing residence time. It is also clear that the absolute yields of
tetralin and decalins strongly depended on the type of support and metal.

Even with reduced residence time, the MCM-41 supported Pt and Pd catalysts are substantially
more active than the corresponding catalysts supported on alumina and titania (Table 3). In general,
the activity of both Pt and Pd catalysts for complete hydrogenation of naphthalene to decalin
decreased in the following order with respect to the support type: MCM-41 > TiO; > Al;O3.

Table 3 Hydrogenation of Naphthalene at 200°C for 30 min over Pt and Pd Catalysts

ExptID 1091 110 92 93 94 111r
Catalyst PVALO, PUTIO, PUMCMAl PUALO, PATiO, PAIMCM-AI
Conversion (%) 97.2 99.9 100.0 99.9 100.0 99.9
Selectivity (wt%)

Tetralin 68.9 51.9 0.1 81.3 62.6 17.1
9,10-Octalin 1.1 0.2 0.00 0.9 1.0 | 0.3
trans-Decalin 6.5 8.2 452 10.3 21.1 52.8
cis-Decalin 23.3 39.0 54.3 7.4 15.1 29.7
Others 0.2 0.7 0.6 0.1 0.2 0.1
trans-/cis-DeHN 0.3 0.2 0.8 1.4 1.4 1.8
DeHN+Tetralin 98.7 99.1 99.4 99.0 98.8 99.6
DeHN/Tetralin 0.4 0.9 2160.2 0.2 0.6 4.8

‘When compared to the 60 min-runs, the yields of tetralin were generally higher and decalin yields
lower in 30 min-runs, particularly when Pt or Pd was supported on alumina or titania. The
trans/cis ratios of the decalin isomers are lower in the 30 min runs than in 60 min runs, even in the
case of PUMCM-41 where tetralin was completely converted to decalin within 30 min. These
results are consistent with Scheme I and indicate that cis-decalin isomerizes into trans-decalin
during the hydrogenation reaction over MCM-41 supported catalysts, being consistent with the
previous results from this laboratory (Lai and Song, 1996; Schmitz et al., 1996). TPD of n-
butylamine indicates that hydrogen MCM-41 is acidic, bul its acidity is lower than that of hydrogen
Y zeolite. It appears from comparative examination that the presence of Pd metal and acid sites
facilitates both tetralin hydrogenation and cis-decalin isomerization into trans-decalin.

Effect of Pre-Reduction

The above results clearly indicate that both Pd and Pt catalysts supported on the mesoporous
MCM-41 are superior over those supported on A};O3 and TiO,. 1t should be noted that there may
be two contributing factors, since the calcined catalysts were applied without reduction
pretreatment. First, the in situ generation of active metal particles by Hy reduction may be slower
in Al;03- and TiO,-supported Pt and Pd than in MCM-41 supported metals. Second, the reduced
metal species on MCM-41 are mdre active than those on Al;O5 and TiO,. To see if this is the case,
we examined the effect of pre-reduction under reaction conditions (hydrogenation over the pre-
reduced catalysts at 200°C for 0.5 h).

The results showed that even after pre-reduction, the MCM-41 supported Pt and Pd catalysts are
considerably more active than the corresponding Al,O3- and TiO,-supported Pt and Pd catalysts.
The differences between the MCM-41 supported catalysts are that pre-reduced P&/MCM-41
displayed higher activity for tetralin hydrogenation than pre-reduced PYMCM-41, whereas the in-
situ reduced Pd/MCM-41 was less active than the in-situ reduced PYMCM-41. Our previous
results of XRD suggested that the zeolite-supported Pt and Pd catalysts were completely reduced
after 60 min or 30 min under comparable conditions (Reddy and Song, 1996; Schmitz et al.,
1996). Therefore, it is considered that essentially all the noble metal species would have been
reduced to metallic particles by a pre-reduction treatment at 200°C for 60 min under an initial H,
pressure of 1000 psig using n-tridecane solvent. Another puzzling observation was that the pre-
reduced catalysts are not always as active as the in-situ reduced catalysts under the reaction
conditions employed in this work. Further study is in progress.
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Conclusions

Mesoporous MCM-41 zeolite that was synthesized by a proper method may be used as a very
effective support for noble metal catalysts. For hydrogenation of naphthalene in n-tridecane at
200°C, both the Pt and Pd catalysts supported on MCM-41 zeolite are substantially more active
than the corresponding catalysts supported on Al,O5 and TiO,. In general, the activity of both Pt
and Pd catalysts for complete hydrogenation of naphthalene to decalin decreased in the following
order with respect to the support type: MCM-41 > TiO, > Al,05. :

Both P&/MCM-41 and PYMCM-41 catalysts promoted the hydrogenation to completion such that
the dominant products are trans- and cis-decalin, whereas tetralin is still one of the major products
with both Al,05- and TiO,-supported Pd and Pt catalysts. In general, Pd catalysts showed higher
selectivity to trans-DeHN, whereas higher selectivity to cis-DeHN was displayed by Pt catalysts.

The selectivity to decalin isomers also depends on the support and metal type. Among the three
supports, MCM-41 gives higher trans/cis ratio. Among the two metals, Pd affords higher trans/cis
ratio. In other words, Pd catalysts showed higher selectivity to trans-decalin, whereas higher
selectivity to cis-decalin was displayed by Pt catalysts.
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BENZENE REDUCTION USING OCTGAIN®
- ANEW WAY TO MEET RFG SPECIFICATIONS

P. P. Durand, N. A. Collins, R. Hu, J. C. Trewsella and T. L. Hilbert
Mobil Technology Company, PO Box 480, Paulsboro NJ 08068-0480
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Introduction

Phase Il reformulated gasoline specifications in the U.S. requires refiners to reduce the sulfur,
olefins and benzene content of gasoline. Conventional solutions for sulfur reduction such as
FCC feed hydrotreating or gasoline hydrofinishing require a large capital investment or lead to
a large loss in octane. Mobil's OCTGAIN® process lowers FCC gasoline sulfur and olefin
content without a high capital investment and without a loss in octane[1]. This same process
can also be used for benzene reduction. Cofeeding a benzene rich reformate fraction to the
OCTGAIN process leads to benzene conversions of up to 47%. Depending on the feedstock,
there may also be an octane boost of 1.5 numbers for processing heart-cut reformate.

Experimental - feeds

The feedstocks for the study were four different FCC naphthas with different boiling ranges
and two heart-cut reformates. The properties are given in Table 1. The octane of the
reformates are low despite their high benzene content (39 and 24 wt%) because they also
contain significant amounts of low octane n-hexane (24.8 research octane number, 26 motor
octane number) and isohexanes (73.4 RON, 73.5 MON). The properties of the different
blends were also measured, and these are reported in Table 2.

Experimental - Pilot plant setup .

The experiments were conducted in a continuous, fixed-bed pilot plant. Hydrogen flow was
once through and liquid feeds were downflow. Pressure was maintained on the system by a
high pressure separator with a back-pressure regulator on the gas side and a liquid level
control valve. Gases were metered using a wet-test flowmeter, and then sampled by on-line
GC. The liquid product was weighed, chilled and sent for octane and composition analysis. All
octanes reported in this work are based on full engine tests. Octanes were comected by
subtracting on a volumetric basis the octane of C4- material in the liquid sampie, and adding in
the contributions of any C5+ material that was found in the offgas. Similarly the C5+ yields are
corrected to include any C5+ matenial in the offgas. Mass closures were typically in the range
97-103 wt%.

Experiments were conducted at typical OCTGAIN process conditions with the OCT-100
catalyst system. The next generation of the catalyst system [2] is expected to show similar
benzene reduction performance. Benzene content was measured by GC FTIR or PIONA.

Results - Benzene content

As shown in Figure 1, up to 47% benzene conversion was obtained depending on the
feedstock and the temperature of the catalyst system. Benzene is removed by alkylation, but
there is also benzene formation by dealkylation of alkylbenzenes. As the temperature of the
catalyst system increases, both of these rates increase. When reformate is present benzene
alkylation dominates. At sufficiently severe conditions there is also some dehydrogenation of
napninenes, providing an adoditionai route for benzene formation. This is particuiany true as
pressure is reduced, shifting the equilibrium towards the aromatic species.

The compositional changes that are occurring are shown in Figure 2 as a function of benzene
conversion for the two lightest FCC blends. The separation between the curves gives the
relative amounts of the different components. As benzene conversion increases, there is
initially a reduction in C-Cy aromatics due to hydrogenation. As severity is increased,
aromatics in this boiling range increase due to the desired alkylation of benzene. The
technology also gives a dramatic reduction in olefin content. Sulfur removal is not shown in
this plot, but is also essentially complete (i.e. > 35 wi%), even at riiodest benzene conversion
levels. At the highest benzene conversion levels there is a yield loss caused by formation of
light hydrocarbons, labeled offgas HC in Figure 2. The composition by weight of the light
hydrocarbons is typically 2-7% C; and C,, 30-40% C,, 5-15% mixed C, and C, olefins, 25-30%
iCa, 25-30% nC.. Without the presence of reformate, dealky!ation of heavy aromatics causes
an increase in feed benzene content, the extent of the increase being feed dependent.

The feed benzene content is an important variable affecting overall benzene conversions. The
higher the feed benzene content, the higher the conversion. Figure 3 shows the benzene
conversion as a function of catalyst temperature for the 215°F+ FCC naphtha feed on its own
and in the two blends with reformate. Clearly there is benzene formation for the 215°F+ FCC
feed when processed on its own. Nole that we have also observed benzene formation in
hydroprocessing of FCC gasoline[3]. The feed with 4 wt% benzene shows little benzene
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conversion, while there is appreciable conversion for the feed with 6.9 wt% benzene. These
results suggest that an equilibrium is established between benzene formation by deatkytation
of heavy aromatics and benzene removal, which occurs primarily by alkylation of benzene.
Higher feed alkylaromatics will thus be more detrimental to high benzene conversions. This is
a function ot FCC operation and naphtha end point.

Reducing pressure from 600 to 300 psig causes increased benzene formation by
aromatization of cycloparaffins, and so benzene conversion is lower. Consider Table 3 below:

Table 3: Effect of pressure on benzene conversion in OCTGAIN™

Pressure 300 psig 600 psig
C5+ Road Octane 91.2 89.8
Cycloparaffins in product, wt% of total feed 89 11.2
Benzene Conversion, wt% 26.1% 33.1%

Feed: 215°F+ FCC naphtha, with 2.14:1 viv FCC naphtha, reformate 2
The same temperature was used for each experiment

The shifts in benzene and other aromatics are driven by thermodynamic equilibrium. Reducing
pressure and increasing temperature shifts the hydrogenation / dehydrogenation equilibrium
towards aromatics formation. The higher aromatics level at lower pressure also contributes to
the improved octane. Note that in each case the product octane is significantly greater than
85.6 which is the feed road octane.

Resuits - Yield and Octane
By cofeeding reformate, a substantial yield-octane improvement over conventional OCTGAIN
was obtained. Figure 4 shows the C5+ yield plotted versus road octane (product - feed). The
solid line is the yield versus octane curve for the blend of FCC naphtha and reformate. The
yield at 86 octane is slightly above 100% due to a volume expansion over the OCTGAIN
- catalyst system. A similar yield-octane curve was measured for the FCC naphtha on its own.
The dashed line represents what would be achieved if the refiner chose to blend reformate
with the OCTGAIN product from processing FCC naphtha on its own. The curve is calculated
from volumetrically blending reformate yield and octane (100%, 76.2 road) and FCC naphtha
yield and octane (measured in a pilot plant run) in a 1:2 v/v proportion. The data in Figure 4
show a clear improvement when reformate is cofed to the OCTGAIN unit with the FCC
naphtha. In pacticular, at 98 vol% C5+ yield, there is an octane benefit of 1.5 road numbers.
We believe that the benefit is due to improved octane uplift for the heart-cut reformate cofeed.

Conclusions/Summary

Benzene conversions as high as 47% were obtained when coprocessing heart-cut reformate
with FCC naphthas over the OCTGAIN catalyst system. A road octane benefit of about 1
number at 89 vol% C5+ yield was also observed from cofeeding reformate. This octane
benefit may result in an even higher defacto benzene reduction via reoptimization of reformer
severity. These results highlight the versatility of the OCTGAIN process in helping refiners
meet their RFG needs.

The process with reformate cofeed retains all the other advantages of OCTGAIN. We
continue to exploit the unique chemistry of the process, which allows us to have deep
desulfurization of the gasoline and a high level of saturation of olefins while retaining a high
product octane. This is in contrast to conventional hydrotreating or mild hydrofinishing of FCC
gasoline at high LHSV. The economic evaluation of the OCTGAIN process {4] looks attractive,
even when the benzene reduction capabilities of the process are not comprehended. With this
additional benefit, the technology offers refiners a powerful new tool for manufacture of RFG.
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Table 1 : Feed Properties

Feed Heavy FCC 215+ FCC 230+ FCC  Full-Range Reformate 1 Reformate 2
Naphtha Naphtha  Naphtha _FCC naphtha

Research Octane 96.4 95.5 93.0 93.3 78.5 748

Motor Octane 84.0 838 81.5 81.1 738 71.8

API 228 346 41.1 46.3 61.0 67.9

Bromine Number 10.4 17.8 37.1 59.9 5.2 4.9

Sulfur, wi% 1.90 1.00 0.2 0.11

Nitrogen, ppmw 180 76 98 52

Distiliation (D86), F

IBP 194 215 232 107

5% 382 256 134 150

10% 394 267 261 146 151

20% 408 269 165

40% 427 289 209

50% 435 319 303 237 157

60% 443 318 265

80% 462 352 325

90% 476 443 373 357 172

95% 488 387 377 179

EP 511 491 401 395

Composition, wt%

Isopentane 1 0.5

n-Pentane 1.6 1.7

Cyclopentane 18 24

Benzene 0.1 0.2 0.2 0.9 393 240

C6 Isoparaffins 286 39.9

n-Hexane 14.4 16.6

C6 Naphthenes 1.4 1.3

Toluene 23 0.7

C7 Isoparaffins 85 938

n-Heptane 0.9 1.1

C7 Naphthenes 0.3 0

Table 2: Properties of the blends (M d, not calculated)

FCC Feed Heavy Naphtha 230+ Naphtha  Full Range 215+ Naph 215+ Naph

Reformate Feed Ref 1 Ref 1 Ref 1 Ref 2 Ref2

FCC/Reformate ratio, vol/vol 2/1 3/1 5/1 2.14/1 4.28/1

Research Octane 91.2 90.9 91.9 90.8 934

Motor Octane 80.8 80.6 80.5 80.3 81.5

APl 329 457 56.4 439 40.0

Bromine Number 12.7 36.3 56.1

Sulfur, wt% 15 0.14 0.11 0.72 0.84

Nitrogen, ppmw 130 7 47 55 64

Distillation (D86), F

1BP 141 156 106

5% 166 190 135

10% 177 199 143

26% 197 212 154

40% 386 253 180

50% 418 276 197

60% 425 298 221

80% 452 338 303

90% 469 366 345

95% 494 382 368

EP 510 398 411

B wi% 104 9.2 83 6.9 4.]
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Benzene Conversion, wt%

Composition, wt% of feed HC
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Figure 3
Effect of Feed Benzene Content
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ABSTRACT

Alkylate is a key component in cleaner burning gasoline. The alkylation process reacts light
olefins (propylene, butylenes, and amylenes) with isobutane in the presence of a strong acid
catalyst. The alkylate that is produced consists of branched paraffins having a low Reid vapor
pressure (Rvp), high research and motor octane numbers (RON & MON), low sulfur content,
and a good driveability index (DI). Therefore, alkylation removes olefinic, high Rvp
components from the gasoline pool and converts them to an ideal, high octane blendstock for
cleaner burning gasoline.

INTRODUCTION

The intent of cleaner burning or “reformulated” gasoline is to reduce ground-level ozone
formation by reducing the amount of volatile organic compounds (VOCs) emitted from
automobiles during the high ozone season (primarily summer). Reformulated gasoline also
strives to reduce toxic air pollutants throughout the year. These toxics include benzene,
polycyclic aromatics, butadiene, formaldehyde, and acetaldehyde. The primary emission
precursors are thought to be high Rvp gasoline components along with olefins, benzene,
aromatics, and sulfur.

Alkylate from a modern STRATCO Alkylation Unit adds zero or negligible amounts of these
emission precursors and toxics and reduces the Rvp of the gasoline pool. In addition, alkylate
lowers the levels of benzene, aromatics, and sulfur through dilution and helps replace some of
the octane lost when lead or aromatics are taken out of gasoline. For these reasons, an increase
in the demand for alkylate is seen due to the increased worldwide requirements for cleaner
burning gasoline.

Figure 1
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Source: Oil and Gas Journal, 1938-1994

In the United States, government legislation in the form of the 1990 Clean Air Act Amendments
attempts to address the issue of excessive levels of ground-level ozone in the more populated
areas of the country. As recently as 1987, approximately 100 metropolitan areas in the U.S.
failed to meet the mandated ground-level ozone standard of 120 ppb. Ozone is of concern
because even in very low concentrations it can cause damage to the lungs. It forms in the lower
atmosphere as a result of reactions between hydrocarbons, nitrous oxides and sunlight.

Copyright 1996 STRATCO, Inc.
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Many other countries have watched the United States enact this legislation and are considering
similar requirements. It is hoped that by producing cleaner burning gasoline, that some of the
air quality problems surrounding the larger cities may be alleviated. While many countries are
moving toward cleaner burning gasolines, no one other than the United States has passed a piece
of Jegislation with the broad coverage of the Clean Air Act.

TRENDS

Legislation that requires reduced Rvp and benzene drives refiners to include more alkylate and
ethers in the gasoline pool. In the U.S., alkylate is already being used as much for Rvp control
as for octane. This trend will only increase in coming years. Significant increases in alkylate
capacity may be required, especially with the larger emissions reductions of 29% in VOCs, 22%
in toxics, plus a 6.8% reduction in NO, required in the year 2000.

In California, the low olefin and Rvp specifications are driving several refiners to alkylate their
amylenes. This has required an increase in their alkylation unit capacities. Furthermore, some
refiners are considering changes in FCC catalyst to increase the amount of light olefins available
for use as feedstock to the alkylation and etherification units.

Properties of alkylate that are exceptionally attractive to refiners are shown in Table 1. For
comparison purposes, other common blending components are shown as well.

Table 1
Gasoline Blendstocks and Their Typical Properties

Alkylate  FCCNaphtha  Reformate  Poly Gasoline

Aromatics, LV% 0 29 63 0
Olefins, LV% 0 29 1 95
Sulfur, ppmw 26* 756 55 125
Tso, °F (°C) ' 216 (102) 220 (104) 256 (124) 236 (113)
Tyo, °F (°C) 289 (143) 366 (186) 334 (168) 346 (174)
Driveability Index** 1134 1223 1299 1251
RON 93.2 92.1 97.7 94.4
MON 91.1 80.7 87.4 81.9

Source: NPRA Survey of U.S. Gasoline Quality, January 1991
* Alkylate sulfur values of less than 10 ppmw are typically reported for STRATCO Units.

*x DI=(1.5 X Tjg) + (3.0 x Tsg) + Tgy (D86 T values are in °F). Since the Tyg value is highly dependent on
the Rvp of the finished gasoline product, a value of 131°F {55°C) was assumed for all blendstocks.

As Table 1 shows, alkylate is an ideal blendstock. It has negligible amounts of toxics and ozone
precursors. It has high RON and MON values. And its DI is consistently below the limit of
1200 currently proposed by the American Automobile Manufacturers Association (AAMA).

ALKYLATION CATALYSTS
Alkylation catalyst options for refiners today consist of hydrofluoric (HF) and sulfuric (H,SO,)
acids. H,SO, represents 45% of the world’s installed capacity and HF represents 55%.

There is a significant amount of research being conducted on alternate alkylation catalyst
technologies, primarily solid catalysts, but as of this date there are no commercially proven
processes. Additional information on each of the research efforts in this area is supplied at the
end of this paper.

STRATCO has been instrumental in developing options for refiners with HF alkylation units to
convert to H,80, catalyst. STRATCO’s ConvEx™ low cost HF to H,SO, Conversion/Expansion
Revamp Process reuses both the reaction and distillation sections of the existing HF alkylation
unit. Both Phillips and UOP-designed HF alkylation units can be converted to H,SO, alkylation
units for about the same cost as installing mitigation facilities (320 - 30 million U.S.). This
revamp eliminates the safety hazards associated with HF, typically allows for a significant
capacity increase, and often improves the octane of the alkylate product.

Feed Availability and Product Requirements
Historically, butylenes from the FCC were the traditional olefins fed to the alkylation unit.
Today, alkylation units are using a broader range of light olefins including propylene, butylenes
and amylenes. Alkylate composition and octane from pure olefins and mixed olefins are quite
different for each catalyst as shown in Table 2:
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Table 2

Alkylate Octanes
H,;S0, HF
RON MON RON MON
Propylene 89-92 88-90 91-93 89-91
Butene-1 97-98 93-94 90-91 88-89
Butene-2 97-98 93-94 96-97 92-93
Isobutene 90-91 88-89 94-95 91-92
Amylenes 90-92 88-90 90-92 88-89

Propylene
Alkylation of propylene in an HF unit is advantageous due to a significant hydrogen transfer
side reaction that occurs:
Primary Alkylation in HF: Cy"+iCy > C; Alkylate
Hydrogen Transfer Reaction: Cy™+2iCy > C; + Cg Alkylate

This reaction will cause an increase in alkylate octane resulting from equimolar production of
more Cg alkylate (from the iC,” formed) and less C; alkylate (since C;~ has disappeared).
Reaction extent varies greatly, with 15-20% being common, while the reaction is favored by
process conditions (such as high isobutane/olefin ratios) which produce high quality alkylate.
Refiners must carefully analyze isobutane and propane price projections and the value of
incremental octane to determine the impact of this reaction on unit economics.

Butylenes
Composition and quality of alkylates produced from butene-1 and butene-2 are very similar for

H,S0, alkylate but not for HF alkylate. When butene-1 is used, HF alkylate contains a lower
amount of trimethylpentanes (TMP’s) and a greater amount of dimethylhexanes (DMH’s) than
H,S0, alkylate. This composition difference results in a several octane number advantage for
H,S0, alkylate. Conversely, alkylate produced from butene-2 is similar whether produced from
the H,SO, or HF process. Although not shown, distribution of TMP’s varies significantly, with
HF alkylates having a "higher concentration of 2,2,4-TMP (100.0 RON) but a lower
concentration of the other TMP isomers.

The 2,3,3- and 2,3,4-TMP’s (109.6 and 106.1 RON, respectively) are more predominant in
H,S0, alkylate, accounting for the slight octane advantage. HF alkylation with isobutene yields
a product that has a higher concentration of TMP’s resulting in a several octane number
advantage over the corresponding H,SO, alkylate. Addition of an MTBE unit ahead of an
alkylation unit improves H,SO, alkylate quality and reduces HF alkylate quality.

Amylenes

Amylenes have traditionally been left in the FCC gasoline pool due to their relatively high
octanes. However, these constituents also have high Rvp values. As refiners continue to look
for means of reducing the Rvp of the gasoline pool, STRATCO is seeing continued interest in
alkylation of these components. For comparison purposes, the octanes and Rvp of amylene
alkylate are also provided in Table 3.

Table 3
Cs Octanes and Vapor Pressures

Rvp
RON¢ MONc  (Psi/Bar)
1-Pentene 90.9 77.1 19.1/1.32
2-Pentene* ~94 ~80 15371.06
2-Methyl-1-Butene** 102.5 81.9 184/1.27
2-Methyl-2-Butene 97.3 84.7 1437099
3-Methyl-1-Butene*** ? ? 264/1.82

Cyclopentene 933 69.7 27?
Isopentane 92.3 90.3 20.4/1.41
Pentane 61.7 62.6 15.6/1.08
C; Alkylate 91.5 90.0 3.0/021

2-Pentene octane values not found in literature. Values are estimated.

X Literature specifies 2-Methyl-1-Butene RONc equal to 0.2 gm of lead per gallon of 2,2,4-

trimethylpentane. 102.5 value is estimated.

*¥*  3.Methyl-1-Butene octane values are not found in literature.
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Amylene alkylate octanes from either a H,SO, or HF alkylation unit have lower octanes than
those produced with other feedstocks. In H,SO, alkylation of amylenes, acid consumption
increases about 30 to 50% above that for butenes. In an HF unit, acid soluble oil production
increases when amylenes are alkylated.

Safety & Environmental Considerations

Safety and environmental concerns are extremely important when choosing an alkylation
technology. A huge concern is the large volume of LPG present within the unit. Refineries
must protect against conditions that could lead to LPG releases and potential fire hazards. All of
the atkylation technologies being evaluated have similar volumes of hydrocarbon within the
unit. In addition, neither acid catalyst impacts the flammability of LPG, therefore, no one
technology has an advantage over another in this regard.

Another major safety concern is the acid catalyst used to promote the reaction. Both HF and
H,SO, acids are hazardous materials, however, HF is considerably more dangerous. In the
United States, HF has been identified as a hazardous air pollutant in current federal and state
legislation. Sulfuric acid has not.

HF and H,SO, represent a potential danger to personnel working on alkylation units. Contact
with either HF or H,SO, can result in chemical burns. However, HF burns tend to be more
severe since the fluoride ion penetrates the skin and destroys deeper layers of tissue. If not
treated, it may even cause dissolution of-the bone. In addition, inhalation of HF vapors may
cause pulmonary edema and, in severe cases, may result in death.

The volatility of the acid at ambient conditions is a chief concern. HF is a toxic, volatile gas at
these conditions while H,SO, is a toxic liquid. Therefore, H,SQ, is much easier to contain in
the event of an accidental release. In more densely populated areas of the world, safety and
environmental concerns of HF usage have given H,SO, alkylation a notable advantage.

In 1986, tests were conducted in the Nevada desert to determine the dangers of a possible HF
liquid release. Under conditions similar to those that exist in an alkylation unit, lethal
concentrations of an HF aerosol were present up to 5 miles from the release points. During these
tests, HF releases were observed to be much more dangerous than previously thought.

Although HF alkylation plants have, for many years, had good safety records, several accidents
that have occurred in the past ten years have raised questions about potential dangers. The most
serious accident occurred in October, 1987, in Texas City, Texas. A piece of equipment was
dropped on an overhead line from a partially filled HF tank. The line ruptured and allowed HF
to vaporize and form a toxic aerosol cloud. As a result, 3,000 people were evacuated from the
nearby community and several hundred people were hospitalized. Another accidental release of
HF at a different refinery in the late 1980s killed one refinery worker and critically injured
another. An incident in the early 1990s killed two pump maintenance workers.

Due to these risks, many refiners are implementing water mitigation and detection devices in an
effort to remove any HF that would vaporize in the event of a release. With water/HF ratios of
40:1, nearly 90% of thc HF can be removed. However, these systems are expensive and there is
the concem that the water sprays could become inoperative as a result of an accident. In
addition, details have not yet been obtained, or at least reported, on the fate of the HF that is not
removed by the water sprays. Many refiners with HF units are also considering HF modifiers to
reduce the vapor pressure and thus the aerosol-forming tendencies of HF. . These HF modifiers
are still in the development stage and are expected to be used in combination with mitigation
systems. Recent tests of two of these additives have indicated substantial reductions in HF
aerosol and vapor cloud formation. Figures quoted are in the range of 63-80% reduction of
airborne HF due to the additive. When coupled with an effective mitigation system, reduction in
the quantity of airborne HF would be in the range of 95-97% compared to an unmitigated
release from an alkylation unit without additive.

Tests conducted in 1991 by Quest Consultants, Inc. showed that the potential for a H,SO,
aerosol formation from an alkylation unit release is highly unlikely. Several tests were
performed under a variety of conditions resembling those observed in an alkylation unit. The
tests provided conditions favorable to the formation of airborne particles. However, the released
acid did not remain airborne and an aerosol was not formed. 1t is apparent, based on these tests,
that a sulfuric acid aerosol will not form under conditions similar to those present in a
STRATCO Effluent Refrigerated Alkylation Unit.
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SOLID CATALYST DEVELOPMENTS

Research in the area of a solid catalyst for alkylation has been ongoing for many years.
Numerous patents exist for different catalysts, catalyst supports, and processes. It is well known
that Lewis acids will catalyze the alkylation reaction (alkylation of isobutane with olefins was
discovered using aluminum chloride promoted with HCI). Several of the current preferred solid
catalysts use a salt of HF: either boron trifluoride (BF) or antimony pentafluoride (SbFs). Since
every alkylation process produces heavy polymers, solid catalysts have the tendency to foul
quickly. Therefore, the solid catalyst process has two major hurdles to overcome: catalyst life
and catalyst regeneration. Several companies are engaged in active research in this area, but no
one has yet commercialized a new alkylation technology.

Catalytica

A joint venture of Neste Oy, Conoco, and Catalytica started up a 7 BPD (0.05 m?/hr) pilot plant
in January, 1993 at Neste’s Technology Center adjacent to their refinery in Porvoo, Finland. It
has been operating on MTBE raffinate. According to the patent literature, the research group is
testing boron trifluoride on an alumina support.

The technology requires a feed preparation section to reduce water and impurities such as sulfur
and oxygenates. A CSTR reactor configuration using a dilute slurry of catalyst is currently
being used although other reactor designs are being considered. Catalyst is continually removed
from the reactor and continually regenerated. Spent catalyst exits the regeneration section and is
disposed as non-hazardous waste. With MTBE raffinate, the research group reports that they
have been able to produce good quality alkylate with high octane at reasonable 1/0 ratios (5-12).

However, it has been stated that additional funding for the project from Neste Oy and Conoco
has been discontinued. As a result, the pilot plant is no longer operational. It appears that these
partners feel that this process does not have a significant economic advantage over the existing
alkylation technologies. Catalytica continues to promote the technology, although they will need
an additional funding source to continue their research, development and commercialization
efforts. ’

Haldor Topsoe

Haldor Topsoe’s technology utilizes triflic (trifluoromethanesulfonic acid) on a bed of silica.
The triflic is supported on the silica in a plug flow, packed bed reactor. Haldor Topsoe claims
that since their technology is not a true solid catalyst but rather a liquid catalyst on a solid
support, that less deactivation of the catalyst occurs. They have been operating a 0.5 BPD
(0.003 m’/hr) pilot plant since 1991.

With time, the triflic migrates from one end of the bed to the other. As the acid catalyst breaks
through, it is sent to an acid recovery unit for scparation of ASO and acid. An alkylate wash
unit is used to remove the catalyst from the alkylate product. The reaction’s optimal temperature
has not been made clear; they have stated that this technology may or may not require
refrigeration. However, if octane is valuable, refrigeration is recommended. Haldor Topsoe is
working with the M.W. Kellogg Company on the engineering for this process. They are currently
looking for a refining partner to participate in scaling up this technology.

IFP

IFP has done some work with a fluorine modified zeolite, but they report that the prospects for
zeolites in alkylation are not good due to poor selectivity and stability. Recent work appears to
be centered around “promoted H,SO,” on silica. Not much information has been released about
their research.

Kerr McGee
Kerr McGee has done some pretiminary, laboratory scale work using aluminum chloride at
levels of less than 1% as a promoter for the alkylation reaction. With this scheme, the catalyst is
actually soluble in the hydrocarbon phase. As the catalyst ages, it will precipitate out of the
hydrocarbon and then can be gravity separated for recovery and regeneration.

In order to proceed in the research and development of this technology, Kerr McGee will require
a partner for funding. The Kerr McGee Corporation is currently engaged in exiting from the
refining business.

Mobil '
Mobil has been granted many patents on solid catalysts for alkylation. Most of these involve
boron trifluoride plus zeolites as the catalyst.
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CR&L

CR&L (a partner with ABB Lummus in the CD Tech joint venture) is doing research with a salt
of antimony pentafluoride on a silica support. Their scheme uses a fluidized bed at a relatively
cold temperature, similar to that of the H,SO, alkylation process. The 10 BPSD (0.07 m>/hr)
pilot plant that they were operating at Clark’s Port Arthur, TX refinery since December of 1993,
was shut down in 1995. The company cited wide feedstock fluctuations and their negative
impact on the catalyst as the primary reason for shutting down the pilot plant. CR&L has
subsequently been operating a bench scale pilot plant at their office in Pasadena, TX with a
capacity of 1 BPSD (0.01 m’/hr). They are refocusing their efforts in an attempt to improve
catalyst regeneration requirements.

uop

UORP is also working on solid catalyst alkylation technology, referred to as SCA, although little
technical data is available on the process. They have been granted patents utilizing carbon
supported HF and zeolites. We believe that in order to minimize catalyst regeneration, a rather
extensive feed pretreatment system would be required to reduce feed contaminants down to very
low levels.

Very few details are available on the specifics of the reactor employed by UOP for this process.
Olefin conversion is said to be nearly 100% depending upon the frequency of intemal catalyst
regeneration. UOP claims the alkylate product is comparable to that produced in either an
H,SO, or HF alkylation unit. We understand that this comparison has only been made for one
particular butylene isomer and the same comparison has not been made for a standard refinery
alkylation feed.

From a utility and capital standpoint, UOP has stated that they expect SCA expenses to be
somewhat higher than existing HF technology expenses and to be comparable with existing
H,SO, technologies. Until this technology is used commercially, these claims cannot be
challenged.

SUMMARY

International demand for alkylation technology will continue to increase as countries look to
their refining industties to produce cleaner burning fuels. Due to heightened concems over the
safety of HF, the majority of alkylation technology implemented in the last five years has been
H,SO, technology. During this time, over 90% of the H,SO4 alkylation unit revamps &
expansions as well as grassroots units built throughout the world have been designed by
STRATCO (shown in Figure 2).

Figure 2
Installed Alkylation Capacity (1990-1995)
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While the search for a commercially proven solid catalyst technology continues, STRATCO is
committed to finding ways to improve our technology as well. We currently have an extensive
alkylation R&D program underway with a goal of minimizing catalyst requirements and
improving equipment efficiencies for our technology. We are also committed to providing cost-
effective methods to convert HF alkylation units to use H,SOy4 catalyst. For about the same cost
as mitigation, STRATCO’s ConvEx™ conversion revamp eliminates the liability of HF
permanently, typically allows for a significant capacity increase, and usually improves the
octane of the alkylate product.

STRATCO will continue in our efforts to provide the utmost in customer service and maintain
our position as the leading licensor of alkylation technology well into the 21st century.
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The Analysis of Reformulated Gasolines
Using Fast Gas Chromatography / Mass Spectrometry

Vincent P. Nero and Donald E. Drinkwater,
Texaco FLTD, Beacon, NY 12508

The requirement that all reformulated gasoline (RFG) sold
in the United States be analyzed by gas chromatography / mass
spectrometry (GC/MS) for aromatic content presents a unique
challenge and opportunity for petroleum analytical analyses. B
fast GC/MS method was developed which .encompasses or surpasses
not only the basic EPA performance requirements for analysis of
total aromatics, but will simultaneously measure individual
aromatics and oxygenates in reformulated gasolines. Furthermore,
the combined procedure requires only 10 minutes of instrument and
computational time. In contrast, ASTM Method D 5763 generally
takes 90 minutes Jjust to measure total aromatic content. The
measurements of oxygenates, benzene, and toluene also compare
favorably to the standard ASTM methods. The method matches the
precision and accuracy of ASTM Method D3606, a GC/GC method,
which 1s the only current acceptable method for individual
aromatics in RFG. Furthermore, it can measure methyl t-butyl
ether (MTBE) and t-amyl methyl ether (TAME) as accurately as ASTM
D5599, the approved OFID method for oxygenates.

The fast chromatography method meets of all of the requirements
of the EPA and ASTM methods. The EPA primarily list performance
objectives requiring GC/MS' and 2% overall accuracy. Tha ASTM
Method does not restrict the chromatography or types of internal
standards. The Texaco Method has procedural enhancements which
enable it to expand the basic scope of these methods beyond total
aromatics and to surpass their precision and accuracy while
maintaining performance requirements of both the EPA and ASTM
methods. These enhancements are:
* The additional use of deuterated surrogate, toluene, which is
not reguired, but allowed by the ASTM method.
¢« The use of micro-bore capillary gas chromatography, which
reduces greatly processing time, and prevents ion saturation
of the mass spectrometer source.

e More appropriate selection of quantitation ions, which
enhances precision and accuracy without changing any operating
procedures.

Since toluene is-generally the most abundant individual
aromatic hydrocarbon component in gasoline, its accurate
measurement is critical. (The EPA requires that total aromatics
in RFG be measured to the within 2% of the theoretical value.)
Benzene is a poor choice as an internal standard for toluene for

two reasons. First, benzene is found in commercial gasolines at
a much lower level than toluene. (~0.1-.5% vs. ~10%) Second,
benzene has a very different mass spectral fragmentation pathway.
It lacks a benzylic carbon-carbon bond. The addition of a

deuterated toluene surrogate at an appropriate concentration
ensures its accurate measurement.

Typical calibration curves 1illustrating benzene and
toluene are shown in Figures 1 and 2. Both curves are
essentially linear over the entire concentration range with
correlation coefficients approaching 1.0.
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The use of micro-bore and mini-bore capillary GC columns
for quantitative analysis provides a number of advantages over
conventional capillary columns. In addition to the decreased
elution time provided by the more efficient separation, the
decreased capacity of these columns may be used to increase the
dynamic range of the mass spectrometer, thus improving
calibration linearity and accuracy. The smaller inside surface
area and shorter length of these columns leads to a much reduced
phase bleed level in the ion source, lengthening the time between
ion source cleanings and, therefore, instrument recalibration.
The decreased gas flow through the narrow-bore columns greatly
improves the gas load into the ion source, as well as simplifying
the running of these columns at high split ratios for neat
sémples such as gasolines.

Figure 3 shows the comparison of the chromatography using
a conventional capillary column and a micro-bore capillary column
in the region of C;-benzenes (trimethyl benzenes, ethyl methyl
benzenes, and propyl benzenes). Note that there is no loss of
chromatographic resolution or change in the relative ion
abundances, but the GC retention time has been reduced from 38
minutes to 6 minutes.

Ten full mass range scans across each GC peak are
necessary for adequate precision. The mass spectrometry should
be capable of scanning from 45 to 250 amu every 0.1 seconds.
Most modern commercial instruments can achieve this rate. The
Texaco method has been implemented on four different mass
spectrometers from three different vendors.

Table 1 shows typical repeatability for this method
(generally the standard deviations are less than 0.5). The EPA
requires accuracy within 2.0% of the actual value. Figure 4
shows a comparison of benzene data using this method, which was
collected on four different GC/MS systems.

Comparison to other standard methods.

Figure 4 also compares the analysis of benzene in
gasoline using ASTM Method D3606 (a GC/GC column switching
method, which is the only current acceptable method for
individual aromatics in RFG) and the Texaco GC/MS Method. The
results of both methods is essentially identical. (However, the
Texaco Method also simultaneously measured all the individual
aromatics, their total sum, and oxygenates.)

Table 2 compares the analysis of total aromatics in
gasoline using the Texaco fast GC/MS method with the ASTM Method
D1319, using fluorescent indicator adsorption open column liquid
chromatography (FIAR), ASTM Method D5769 (the routine total
aromatic method using GC/MS), and ASTM D5580 Method (a GC/GC
column switching method being adopted by CARB). The FIA method
is not precise, but it is on average accurate. The average of 65
different laboratories produced results essentially the same as
the Texaco fast GC/MS Method. The routine ASTM D5780 generally
will result in somewhat lower total aromatics, since the method
does not currently consider the differences in mass spectral
response factors between carbon and hydrogen benzylic losses in
the heavier alkyl aromatic region. For example pentamethyl
benzene molecular ion has a very different relative response
factor to that of the pentyl benzene.

Figure 5 compares the analysis of MTBE and TAME using the

fast GC/MS method and the ASTM Method D5599 (OFID). Again, the
Texaco Method results are essentially the same as the OFID
results. Again, i1t must be noted that these results were

obtained simultaneously with the measurements of benzene,
toluene, and total aromatics.
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Jul-95
Aromatics 2sD N
ASTM FIA (Corrected) 25.46 +- 3.76 65
Texaco fast GC/MS 25.60
routine ASTM D5769 GC/MS 20.94 «- 200 27
ASTM 5580 27.20 - 2
Benzene
ASTM 3606 0.63 «- 0.2 s0
Texaco fast GC/MS 0.65
routine ASTM D5769 GC/MS 0.63 +- 010 20
ASTM 5580 0.59 2
Aug-85
Aromatics 2sD N
ASTM FIA (Corrected) 21.09 +«- 408 49
Texaco fast GC/MS 19.32
routine ASTM D5769 GC/MS 17.47 +- 312 33
ASTM 5580 19.73 +- 196 3
Benzene
ASTM 3606 0.29 «- 0.04 56
Texaco fast GC/MS 0.29
routine ASTM D5769 GC/MS 0.30 +«- 002 25
ASTM 5580 0.26  +«- 002 2
Sep-$5
Aromatics 2sD N
ASTM FIA (Corrected) 13.59 +«- 208 54
Texaco fast GC/MS 13.88
routine ASTM D5769 GC/MS 1279 +- 158 34
ASTM 5580 14.41 +. 214 3
Benzene
ASTM 3606 0.26 +- 0.08 58
Texaco fast GC/MS 0.27
routine ASTM D5769 GC/MS 0.28 +. 006 28
ASTM 5580 0.23 2

table 2
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A LIQUEFACTION KINETIC RESEARCH NEEDS ASSESSMENT
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INTRODUCTION In February 1989, the Department of Energy released its assessment of the
research needs for coal liquefaction.' Under direct liquefaction, 4 of the 12 recommendations
focused on developing models and determining kinetics. Reasons accompanying these
recommendations stressed the need to understand the retrograde reactions, the reactions taking
place as the coal is heated to the reaction temperature, and the effects of coal types and solvent
on liquefaction reactions. By understanding the liquefaction process better, suggestions for
improving the process may be made. A good kinetic model would provide a basis for testing
suggestions which would attempt to control reactions or effects in the development of improved
liquefaction technologies. Brandes et al. suggests that a kinetic model could also possibly have
a large impact on the economics of coal liquefaction.? Cost factors which could be studied using
a kinetic model include: coal preparations, reactor throughput, hydrogen usage, catalyst usage,
product yields and selectivity, and process control.

The purpose then of a kinetic model is to have a tool for evaluating the liquefaction
process as the inputs and the processing conditions are changed. The model has to be able to
account for the effects of these changes and provide valuable results to someone using the model.
As a starting point for the development of this type of kinetic model, the assessment described
in this work was carried out. The assessment included an intense review of earlier kinetic
models found in the literature, along with reviews of the current work being carried out in this
area. It was meant to discover the strengths, weaknesses, and limitations of available models
and provide guidelines for future models. At the same time, the assessment looked at questions
of who uses liquefaction models, why they use them, and what they expect the model to do.

SMALL-SCALE MODELS At the level of small-scale processes, most kinetic models for batch
reactors use a variation on the simplified reaction scheme shown in Figure 1. Reaction rate
constants are determined in each of these studies by fitting liquefaction results obtained in that
particular set of experiments. Because of this, no consistent set of rate constants or activation
encrgies has been found for these reactions. Even within a single study, changing coal or
solvents required new rate constants to be determined. More complicated reaction schemes,
based more on the actual chemistry taking place during the liquefaction process, have also been
developed. A scheme by Suzuki, shown in Figure 2, includes a free radical pool as the first
product of coal dissolution.” This allows retrograde reactions to be included as one of the
important reactions taking place during liquefaction. :

Weller found four problems with these types of kinetic models.* First, the reactions listed
are not elementary and therefore cannot be described by simple rate laws. Second, the
liquefaction system is not a single phase. Third, the quantities used in rate laws must be
described in terms of liquid-phase concentration, not just masses in the reactor. Fourth, the
reactivity of the intermediate products change with time. This assessment has revealed three
additional problems with these models. One, they do not include hydrogen as a reactant but
assume hydrogen is present in excess and does not affect the rates. Two, reactions during heat-
up times are usually ignored, but even for fast heat-ups (1-2 min) significant amounts of the coal
will break down during this period. Three, these models do not fulfill the basic purpose of a
model because they have little predictive value for determining results of liquefactions run under
different processing conditions.

This situation has been partially corrected in a current model containing additional
retrograde reactions and calculations during the heat-up time.> The reaction scheme for this
model is shown in Figure 3. The kinetic expressions derived from this scheme are based not on
mass, but on liquid-phase concentrations. This can be done because thermodynamic calculations
are also included in the model to account for the three-phase nature of the liquefaction process.
Hydrogen is included directly in the necessary expressions, and the gas-phase contribution to this
concentration is determined through the mass transport calculations which are also part of the
model. Processing variables are incorporated directly into these calculations in one or more
ways. An example is the type of solvent, which affects mass transport through its viscosity,
thermodynamics through its partition coefficient, and kinetics through its hydrogen donating
ability. The effects of changing some processing variables can be predicted, but some important
variables, such as the type of catalyst used, have not yet been incorporated into this model.

Like most of the earlier models, this model also suffers from the fact that the reactions
are not truly elementary and the reactivity of the intermediate products change. Lack of
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elementary reactions in the scheme is inherent in any model dealing with coal. Because of the
large number of reactions actually taking place within the coal, there is no real way to include
and write kinetic expressions for all of these reactions (see Current Models below). In models
which lump the products as preasphaltenes, asphaltenes, and oils, these simple product definitions
give no indication of the internal nature of each product. Reactions within a single product,
which change the quality and reactivity of that product, cannot be included in the model.
Inclusion of more product fractions in the model would be one way of handling this problem.
The small amounts of material recovered in small-scale batch reactors, however, often prevent
further fractionation of the products.

In continuous reactors, sufficient product can be recovered for separation into additional
fractions, but this is not always done. Many of the models for continuous reactors therefore also
use solubility-defined products and suffer from the same problems as the batch models. Studies
which have fractionated the oil into more species by boiling point ranges usually then lump the
widely different preasphaltene, asphaltene, and nondistillable oil fractions as a single fraction.
This single product is usually called resid or solvent refined coal (SRC). Though reactions and
reactivities of the distillate fractions can be defined in models using such products, the major
changes which take place within the resid product are now lost.

One of the better continuous models was given by Singh et al.¢ This model defined three
distillate products based on boiling point ranges along with a SRC product. The kinetic
expressions developed in the model included terms for both the hydrogen pressure and the
mineral matter content of the slurry. Inclusion of these terms made the model applicable to more
situations, but no justification was given as to the final form of these terms which were based
on empirical fitting of experimental data. In addition, the kinetic parameters were stil} limited
by a simplified reaction scheme, containing an instantaneous initial reaction and no retrograde
reactions and experimental data from only a single coal.

LARGER SCALE MODELS Kinetic modeling of large-scale liquefaction processes was carried
out using both Wilsonville and HTI pilot plant data. The Wilsonville model was developed in
two parts using data from both the actual plant and a specially designed batch reactor.” For the
thermal liquefaction unit, the reaction scheme, shown in Figure 4, considered light and heavy
hydrocarbon gas products along with a resid fraction, but lumped all of the liquid product into
a single distillate fraction. Heteroatom gases were also included as products since much of the
hydrogen used in the liquefaction process goes into these products. In setting up the actual
kinetic expressions, the Wilsonville model developers used the results of tracer studies which
showed that the thermal liquefaction unit could be modeled as a CSTR. However, two different
residence time definitions were used in the various kinetic expressions. The actual residence time
above 370°C, including both the reactor and part of the preheater, was used in the hydrocarbon
gas formation expressions, but the nominal residence time, just over the reactor, was used in the
heteroatom expressions. These choices came purely from data fitting and had no theoretical
basis.

The hydrotreating unit part of the Wilsonville model included a set of secondary reactions
considered to be purely catalytic. These reactions, shown in Figure 5, included hydrotreated
resid and hydrotreated distillate products. Internal reactions within these two products are
included in the model to account for changes in their reactivity and composition. No indication
was given, however, on how these hydrotreated products could be separated or identified, and
kinetic expressions were not developed for these reactions. Catalyst deactivation terms were
included in the kinetic expressions which were determined from this reaction scheme.

The overall Wilsonville model was thus not only specific for the processing condition
being used, but suffered from the same problems as the small-scale models. Two-phase effects
were accounted for in some of the expressions by using actual residence times, but not for all
of the reactions, and the choice of residence time definition for a reaction was not justified. The
reaction scheme was also too simplified with product lumps which were too encompassing.

The model developed at HTI, shown in Figure 6, is significantly different from the
Wilsonville model.' Two distillate products, a high boiling gas-oil, and a low boiling naphtha,
were defined, along with resid and gaseous products. High, low, and unreactive coal fractions
were defined, and the reactions scheme included both parallel and implied sequential reaction
pathways leading from coal to all of the products. This represents a move towards a reaction
scheme based more on the underlying liquefaction mechanisms. Two problems remain, however.
First, there are no retrograde reactions specified, and, second, no secondary reaction scheme is
established.

Coal type was taken into account in the model by the amounts of high, low, and
unreactive fractions (a, b, and c), and by the distribution of products formed in the initial parallel
reactions during coal dissolution (f-j). One would then expect that if a-c and f-j could be
determined independent of the model, then liquefaction using any coal type could be predicted
by this model. Unfortunately, the rate constants (k, and k,) used in the coal breakdown reactions
were also made coal dependent.- Catalyst deactivation rates, included for reactions which were
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found to be catalyst dependent, were made coal dependent as well.

Additional problems with the HTI model included inconsistencies in both the reaction
scheme and the rate constants which required changes in the model when it was applied to batch
autoclave liquefactions. The model developers suggest that their product lumps are too large and
that significant changes occur within the individual product fractions during liquefaction. No
reactions describing this process are included in the model, however. There are no kinetic
expressions for heteroatom removal or hydrogen consumption, and gas-oil kinetics are only found
by difference in the model rather than through a direct expression.

CURRENT WORK In addition to the current model for small-scale batch processes described
above,” work is also being conducted on statistical models. These models represent coal by a
large number of random chain molecules which have the same statistical characteristics (carbon
content, aromatic content, etc,) as the original coal. Rules for breaking bonds within the chains
are specified and a Monte Carlo simulation is run to follow the breakdown of the coal molecules
with time. By defining products based on specific chain characteristics, the production of
individual products with time can also be followed. To be comparable to experimental data, the
products defined in the model must be characterizable by methods currently available for
analyzing coal liquefaction products.

Monte Carlo simulations require significant amounts of computer time to carry out. This
time increases greatly as the number of initial molecules in the simulation increases, as the
number of possible reactions increase, or as simulation time is increased. This limits the starting
point to a small representative sample of all possible coal chain molecules. Reactions which take
place within a single product fraction, such as naphtha, can be included, but will not really be
detectable at the actual experimental level. In addition, these simulations usually represent purely
kinetic descriptions of the process and do not account for transport or thermodynamic
considerations of the reaction system.

MODEL USERS Two groups of researchers are expected to he the predominant users of coal
liquefaction kinetic models: those who use them for economic analysis, and those who use them
for scientific or engineering analysis. For economic analysis of large-scale processes, the
structure or organization of the model itself is not usually important. What is needed is for the
model to accept specific characteristics of input streams and predict the expected compositions
of the output streams. If the type of reactor and separation units to he used are known, cost
analysis will focus mainly on changes in the amounts of useful product in the exit stream as
processing conditions are changed. Catalyst cost is a major factor, however, so both economic
and scientific users are interested in the rate at which catalyst must be replaced in the reactor.

Scientific users are more interested in what is going on inside the reactor and how various
conditions affect the process. The model must be able to show what happens as the space
velocity is changed, as the reactor temperature is changed, or as the hydrogen treat rate is
changed. It would be heneficial to separate the kinetics of the reactions from the physical effects
of the reactor, such that the model is applicable to any reactor system design. By having an
accurate description of what is going on inside the reactor, it may also be possible to adjust
conditions to control the particular reactions taking place.

RESULTS This assessment has helped to identify a number of specific areas important to the
development of future kinetic models. Decoupling of the processing variables from the kinetic
parameters is needed to make the model applicable over a wider range of experimental
conditions. To do this, intrinsic rate constants must be determined for the various reaction steps
which are independent of the coal, solvent, reactor, and all other processing conditions. Since
the model must still be able to predict the effects of changing these processing conditions, other
ways must be found to incorporate these variables.

Some of the models described above have begun to take these variables into account, but
this is only a start. In the model of Ferrance and Holder, literature correlations based on coal
characteristics are used to determine ultimate conversions and hydrogen availability.’ These
correlations, however, were developed using data from a limited range of coals. More basic
research is needed to extend the applicability of such correlations to the entire range of coal
types. Similar correlations, independent of the model itself, will also be needed to determine
initial product distributions and the hydrogen donating ability of both coals and solvents.

Decoupling the reaction rates from the design of the reactor will make the kinetics
applicable to all reactor setups. This means that the model will have to be able to handle and
incorporate the mixing and mass transport characteristics within the reactor. Mass transport
calculations will require accurate predictions of the viscosity and hydrogen gas solubility of the
slurry, two areas in which further work needs to be carried out. 1n addition to solubilities, other
areas of the thermodynamics of liquefaction systems also need work. In particular, studies are
needed on partitioning of the solvent and light products into the vapor-phase since these may
represent the hydrogen donating or hydrogen shuttling species in the reactor.
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While modeling of both small-scale and large-scale reactors would be possible, much
more work is needed for development of a large-scale model which can be used for both
economic and engineering purposes on a commercial level. For work at this scale, inclusion of
the preheater in the model was determined to be of great importance. Simulation of pilot plant
preheaters have shown that up to 90% of the total coal conversion may be complete by the time
the slurry exits the preheater.” The rates of the coal dissolution reactions are very fast and
produce large changes in the characteristics of the slurry. Free radical and retrograde reactions
which occur as the slurry is heated may have an influence on the final product yields. The
possible presence now of dispersed catalyst in the preheater, fed or recycled with the slurry, adds
to the complexity of the reactions occurring in this unit.

Product definitions have also been found to be an important area in which improvements
are needed, because the reaction scheme and kinetic expressions depend on the products. What
is needed, is standardization of a choice of product fractions which can be analyticafly defined
and experimentally characterized. For the distillate products, definition of fractions by boiling
point ranges will allow use of the various correlations developed by the petroleum industry. For
the nondistillable products, additional solubility separations might be possible, or molecular
weight separations might be used to give additional fractions. CONSOL has directed a study to
evaluate the usefulness of various analytical methods for characterizing coal liquefaction process
streams.'® Though applicable methods have been determined, no set of products which could be
defined by these methods has been established.

Enough product fractions must be defined so that each fraction has stable and consistent
physical and thermodynamic properties which can be used for engineering analyses. Inclusion
of too many product fractions, however, will lead to a large number of reactions and an
unwieldy model. A reaction scheme will have to be set up relating how each of these products,
plus any additional intermediates are formed and reacted. The scheme must include a set of
initial reactions, giving the products formed directly from the coal, as well as a set of secondary
reactions describing the further breakdown into low molecular weight products. As this reaction
scheme is setup, it is also important to distinguish between those reactions which are purely
thermal, those which have both thermal and catalytic components, and those which are only
catalyu'c. The assessment has found that this is the best way to explicitly include the impact of
catalysts in the model. Rate constants for the catalytic reactions will always be catalyst
dependent and will have to be determined independendy for each catalyst. However,
incorporation of catalyst variables, such as the amount of catalyst or the catalyst particle size,
must be independent of these rate constants for the model to be valuable.

EXPERIMENTAL Experimental work has begun at the Piutsburgh Energy Technology Center
in conjunction with the assessment to study some of these areas. Determining a workable
reaction scheme was felt to be the most important contribution at this stage. To do this, specific
product cuts from a bench-scale continuous facility are being reacted in microautoclave reactors
under different conditions. Both the initial and reacted products are being anatyzed to determine
how fractions can be defined using readily available techniques. How the amounts and types of
fractions change during the process will help to elucidate the secondary reactlons which take
place during liquefaction to convert or produce each fraction.

A second set of experiments has been designed to investigate the initial reactions which
take place. In these experiments, coal will be reacted in microautoclave reactors under
conditions typically found in a coal liquefaction preheater. Time/temperature profiles determined
for pilot-plant preheaters are shown in Figure 7.""" By simulating heating of the coal to different
temperatures along this curve in a tubing bomb, the initial reactions which occur as coal is
converted to a liquid will be observed. The prevalence of secondary reactions taking place
before the slurry exits the preheater will also be determined through these experiments. A true
scheme for the formation of light products from coal both directly and through sequential
reactions will be developed.  This determination of the early reactions taking place in the '
preheater should help in the design of better preheaters for large-scale processes.

EUTURE WORK The assessment is not complete. Discussions with investigators working at
both the bench-scale and larger scale continue to provide additional input on what should be
incorporated into future models to make them useful and valuable. This input is solicited
through distribution of preliminary reports and on-line through a coal liquefaction kinetic
modeling home page (http://www .petc.doe.gov/kinetics. html).

What has become evident already is that kinetic modeling has developed independent of
mass transport and thermodynamic considerations which affect the liquefaction process. Future
efforts will require assessing the studies carried out in these areas to determine what additional
work will be needed to incorporate these results into liquefaction models. Monitoring of current
external experimental work relevant to all areas listed will continue. Continuing adjustments of
the PETC internal experimental program as data is collected, and as additional input arrives will
also be carried out.
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Figure 1 Reaction scheme used in most earlier simple models
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Introduction

Understanding the mechanisms of uncatalyzed direct coal liquefaction by means of
reaction kinetics has been a long sought goal. Curran et al, in 1967 (1) and Wiser in 1968 (2)
and Neavel in 1976 (3) measured the rates of liquefaction of various coals and postulated a free
radical mechanism to explain the data obtained. The kinetics as determined by these and other
workers is described in detail by Gorin in Chapter 27 of Elliott’s Second Supplementary Volume
to the Chemistry of Coal Series (4). However, it has been well known that most coals contain
some material extractable by organic solvents. The solvents used in direct coal liquefaction
would of course be expected to also extract soluble material as well as effect the liquefaction
reaction. If the extractable material were a significant quantity in the coal, it would seriously
affect the kinetics. Cassidy et al. (5,6) used a stirred autoclave with a sampling port at the
bottom in their kinetic studies. They observed that hot charging the coal rapidly formed an oil
which they considered to originate predominantly from the "guest component”, i.e., extractables,
in the lignite they studied. Also, the free radical nature of the liquefaction process would be
expected to produce secondary reaction products which would complicate the kinetics as well
as lead to retrograde products.

With this background, it scemed important to measure the kinetics of direct liquefaction
at very short contact times where the extractables would be quickly removed and secondary
reactions due to the free radical nature of the liquefaction would be minimized. By the use of
a special Short Contact Time Batch Reactor (SCTBR), we have been able to show that direct
coal liquefaction occurs both thermally and catalytically in at least two separate and distinct
stages: an extraction stage and a slower breakdown and liquefaction of the coal macromolecules
themselves (7,8). With this equipment, it is possible to study the kinetics of each stage and to
measure the kinetic parameters of each. The kinetics of two coals (Tllinois #6 bituminous and
Wyodak-Anderson subbituminous coals) investigated at reaction times from 10 s to 60 min are
reported in this paper.

Experimental

Apparatus. The Short Contact Time Batch Reactor was used to carry out the
liquefactions. The design and operation of the reactor system including a schematic diagram
have been described elsewhere (9,10). In brief, a 30 cm® reactor is constructed of 3/4" o.d.
stainless steel tubing of approximately 12" length with wall thickness of approximately 0.433".
The 21 ft lengths of coiled stainless tubing used for both the preheater and precooler are 1/4"
o.d. with wall thickness of 0.035". The reactor system is capable of containing up to 17 MPa
(2500 psi) pressure at temperatures of up to 500°C.

In operation, both the empty preheater and the reactor are immersed in a Techne IFB-52
fluidized sand bath. They are brought up to the reaction temperature prior to the start of the
reaction. High pressure hydrogen or nitrogen gas provided the driving force to deliver the
slurry mixture of coal-solvent or coal-solvent-catalyst under study from a small blow case at
ambient temperature into the empty reactor through the hot preheater tubing. Hydrogen or
nitrogen gas was then bubbled through the reactor from the bottom to provide the agitation
needed in the liquefaction reaction. The degree of agitation was controlled by the exit gas flow
rate from the top of the reactor. In the case of running under hydrogen pressure, the gas
bubbles were also used to supply the hydrogen for the liquefaction reaction.

The temperature of the reactants (ca.30 g) initially at ambient temperature, approach the
desired reaction temperature to within 5-8°C during the transport process (approximately 0.3
seconds) and reaches the predetermined reaction temperature within 30 seconds. At a
preselected time, the high pressure gas is again used to drive the reactor contents from the
reactor into a cold receiver through the precooler. Both receiver and precooler are immersed
in a water bath. Quenching of the product mixture to about 25°C is achieved during the
transport time of about 0.3 seconds.

Coal Studied. Illinois #6 bituminous and Wyodak-Anderson subbituminous coals from
the Argonne Premium Coal Sample program were investigated in this study. Proximate and
elemental analyses, together with other analytical data, of these coals are available in the User’s
Handbook for the Argonne Premium Coal Sample program (11).

Workup Procedures of the Reaction Products. The product mixtures were filtered
and the solid residues washed with cold fresh tetralin thoroughly and dried in a vacuum oven
with a nitrogen purge at 105°C for 48 hours. The filter cake was then rinsed with methylene
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chloride and dried in a vacuum oven with a nitrogen purge at 105°C for 12 hours. The solid
residue and the liquid filtrate were analyzed separately by various procedures.
Thermogravimetric Analysis. The thermogravimetric analyzer was a Model 51 TGA
(TA Instruments, New Castle, Delaware), The TGA which was run on liquefaction residues
provided a measure of the amount of volatile matter (VM), fixed carbon (FC) and ash. The
mineral matter of the coal was shown to accumulate in the coal residue and not in the coal
liquids. Ash in the residue was therefore used to calculate the conversion using the formula:

A
Conversion (wt%) = (1 - T° ) x 100% (1)

where A, and A, are the weight fractions of ash (derived from the coal mineral matter) in a
control sample and in the liquefaction residue, respectively.

The volatile matter (VM) in the residue tumed out to be only a function of the reaction

time and temperature. The fixed carbon (FC), however, is a measure of the retrograde
processes occurring during the liquefaction and the kinetics of the FC formation could be
followed by TGA.

Results and Discussion

Liquefaction Conversion vs Time. Figure 1 shows conversion vs time curves for
Illinois #6 coal without added catalyst in tetralin (8 to 1 tetralin to coal weight ratio) at four
temperatures and 1000 psig nitrogen atmosphere. There are several stages in the liquefaction
as shown by these curves. There is an initial rapid conversion which is due to the extraction
of soluble matter into the tetralin. This is followed by a pseudo-induction period during which
little conversion appears to occur. This is not due to the build up of any intermediates such as
free radicals as shown by ESR spectroscopy (12). Actually it is due to the simultaneous ending
of the extraction stage and the slow conversion of the coal structure to liquid products. As the
temperature increases, the extent of the extraction process increases and the pseudo-induction
period becomes shorter. At still higher temperatures, particularly in the presence of a strong
hydrogenation catalyst, the induction period becomes almost undetectable.

In nitrogen, there is little increase in conversion to liquid products above 408°C, although
the reaction mixture is changing rapidly. We have shown that the volatile matter (VM) content
decreases steadily as the time and temperature increases. However, the fixed carbon (FC) values
increase dramatically at higher temperature, resulting in decreased yield of tetralin soluble
materials (8).

Similar conversion curves are obtained for the liquefaction of the Wyodak-Anderson
subbituminous coal in tetralin (8 to one tetralin to coal by weight)(8). These curves show the
characteristic stages of extraction, induction period and coal liquefaction similar to the Illinois
#6 coal.

Conversion vs time curves for both Illinois #6 and Wyodak Anderson coals in tetralin in
the presence of hydrogen and added catalysts will be presented with a kinetic analysis in a future
paper.

Kinetic Analysis of Coal Liquefaction. As shown in the previous section, three distinct
phases in the coal liquefaction process in the absence of hydrogen and a catalyst are observed.
The initial rapid conversion (in the first 30 to 60 s) is due to the extraction of a soluble fraction
of the coal into the processing solvent. This is followed by a pseudo-induction period and then
the slow conversion of the coal structure to liquid products. This pseudo-induction period is a
transition interval which is due to the simultaneous occurrence of these two processes, a very
rapid extraction which is ending and a relatively slower liquefaction of the coal matrix which
is becoming dominant. Based on this hypothesis, the liquefaction conversion observed in
experiments, therefore, is the sum of the conversions of these two processes:

X=X, + X, (2)

where X is the liquefaction conversion determined in the experiments; X, is the solubilizing
conversion which is due to the extraction of the soluble materials in the coal; and X, is the
liquefaction reaction conversion which is due to the chemical breakdown of the coal structure.
From Eq. 2, the liquefaction rate is the sum of the derivatives of these conversions, i.e.,

dx _ dx, dx,

ox - 3
dt dt dt )
The extraction rate could be expressed by
dax,
2 = kg (X, - X,) (4)

dt
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where X, is the extraction rate constant; X,, is the equilibrium level of extraction of coal under
liquefaction conditions; and X, is the soluble fraction at time t. The breakdown rate for the coal

matrix is given by
ax;

dt = k; ((1~X,,) -X)° CCp Pgﬂﬁ (5

where k.’ is the reaction rate constant; X, is the liquefaction reaction conversion at time t; C, is
the tetralin concentration; and Py, is the nitrogen or hydrogen pressure. When a large amount
of tetralin is used in the liquefaction (for example, 8 to 1 of tetralin to coal ratio was used in this
study), C, is approximately equal to a constant. P,,, is held a constant during the liquefaction
run in this study. Assuming « = 1, Eq. 5 is simplified to

ix’ = k(1 - X, - X) (6)

or

Integrating with boundary conditions of X, = 0 and X, = 0 at t = 0 and substituting (1 - X,,)
by X, which is defined to be the maximum conversion due to liquefaction reactions, Egs. 4 and
6 become '

In( - 22) = &t 7

50

and

- Xt = -
In(1 - 2£) = -kt (8)

o

respectively.

Kinctics of Illinois #6 and Wyodak-Anderson Coal Liquefactions. The plot of In(1-
X,/X,0) against t for the Illinois #6 coal liquefaction in tetralin under 1000 psig N, at 390 °C is
shown in Figure 2. The slope gives a measured rate constant for extraction of k, = 2.81 with
an 2 of 0.97. The plot of In(1-X/X,q) against t for the Illinois #6 coal liquefaction reaction
process is illustrated in Figure 3. It shows two distinct reaction stages: a rapid one with a rate
constant of 0.027 for the first 5 minutes, and a slower one of 0.0054 for times greater than 5
minutes. The kinetic parameters of the Illinois #6 and Wyodak-Anderson coal liquefactions
evaluated by the proposed model are summarized in Table 1. As an example, Figure 4 shows
experimental data and modelling curve at the reaction times up to 10 min for Wyodak-Anderson
coal liquefaction in tetralin at 390 °C under 1000 psig N,. It shows that the model fits the
experimental data very well.

Rate constants of k, and k, at three temperatures (358, 390, and 408 °C) were used to
estimate activation energies of extraction and liquefaction reaction processes. The plot of Ink,
against 1/T and Ink, vs 1/T shown in Figures 5 and 6 give activation energies of 14 and 22
keal/mol for the solubilization and liquefaction reaction processes, respectively.

It is of interest to compare these results with those obtained by others at higher
conversion. Wiser (2) obtained an activation energy value of 28.8 kcal/mol for Utah bituminous
coal liquefaction at 63 to 94% conversion. Curran et al. (1) obtained two values for a rapid and
a slow rate with mean values of 30 and 38 kcal/mol on Pittsburgh Seam bituminous coal at 2.5

" minutes and 2 hours, respectively. They used a process-derived solvent from 325 to 435°C.

While the 22 kcal/mole value seems rather low, coal has obviously both weak and strong bonds
which will be broken in order of their bond strength. The process derived solvent may strongly
affect the relative amounts of the extraction and liquefaction stages in the Curran work. All of
these values are low compared to the strength of carbon-carbon bonds and obviously the
activation energies observed by us and others reflects the reaction complexity as well as the
particular bonds being broken.

The Retrograde Reactions Occurring during liquefaction. As reported above,
increasing temperature results in a levelling off of liquefaction yields due to the production of
fixed carbon (FC) which results in lower liquefaction yields and production of tars and coke.
Understanding this onset of retrograde reactions is of great importance for improvement of the
direct coal liquefaction process. Analysis of these residues show decreasing hydrogen to carbon
ratios as the coal residues are exposed to higher temperatures and longer reaction times (see
Figure 7). It is not surprising therefore that introduction of a hydrogenation catalyst in the
liquefaction process has a profound effect limiting the rate of formation of fixed carbon FC and
therefore increasing the liquefaction yields. Interestingly, however, when a good hydrogenation
catalyst is used, increasing reaction temperature up to a point actually increases yield and
decreases FC formation (8).
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Summary and Conclusions

The direct liquefaction of coal shows distinct stages: an extraction stage and multiple
slower stages representing the breakdown of various components of the coal structure. These
only become apparent with a reactor system capable of accurately distinguishing conversions at
reaction times as low as 10 seconds.

The liquefaction conversion observed in the experiments is the sum of the two
simultaneous liquefaction processes of extraction and liquefaction of the coal structure. Based
on this model, the liquefaction kinetics in each stage of the entire process can be adequately
described.

The extraction stages in the bituminous and subbituminous coals studied to date are about
two orders of magnitude faster than the structure breakdown stages and have correspondingly
lower activation energies. The liquefaction of the coal structure itself also consists of multiple
steps of different rate constants and activation energies.

The retrograde reactions can be followed by thermogravimetric analysis of the coal
liquefaction residues. They are suppressed by catalytic hydrogenation during the liquefaction
process.
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Table | The rate constants of the lllinois #6 and Wyodak coal liquefactions

Coal T.C time Liquefaction Rate 9
stage constant
k
Itlinois #6 358 0 -2 min Extraction 0.848 0.996
0 - 60 min Reaction 0.00275 0.999
390 0 - 1.5 min Extraction 2.8t 0.997
0-5 min Reaction (R1, fast) 0.0276 0.999
> 5 min Reaction (R2, slow) 0.00541 0.998
408 0 - 1 min Extraction 6.05 0.998
0-10 min Reaction (R1, fast) 0.0458 0.972
> 10 min Reaction (R2, slow) 0.00301 0.987
Wyodak-Anderson 390 0-0.5min Extraction 11.8 0.996
0-15 min Reaction (R1, fast) 0.0195 0.995

> 15 min Reaction (R2, slow) 0.0161 0.999
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INTRODUCTION One goal of coal liquefaction kinetic models is to be able to predict the
results of coal liquefaction experiments in order to identify optimal processing conditions. A
second goal is to be able to define experimental conditions that provide the greatest amount of
information per experiment. This is especially important in comparing catalysts. A third goal
is simply to be able to identify those processing variables which will have the greatest effects in
a given systern. This will reduce the number of actual experiments needed to investigate new
systemns by focusing on only the most important variables.

Previous investigators have taken into account the effects of a number of variables in
development of their kinetic models.' These effects include temperature, coal type, solvent type,
and hydrogen pressure. Temperature is readily taken into account through determination of
activation energies from rate constants found at different temperaturcs. Coal type and solvent
type were sometimes taken into account through ultimate conversions, but most often were
included by adjusting the rate constants for each coal or solvent. Hydrogen pressure was
included as a separate term in the rate equations in some models.

These models could not fulfill the three goals listed above, because the rate constants
determined in each of these models was specific for the conditions of the experiment. Changing
conditions in these models meant redetermining the kinetic parameters in the rate expressions.
These new parameters could only be obtained by first doing actual experiments under the new
conditions. Figure | shows the model and rate constants determined by Giralt et al. for a system
in which only the solvent was changed.” The widely different reaction rate constants for some
of the reactions indicate that no predictions of how the system would have performed when the
solvent was changed would have been possible.

A model which is to fulfill the above goals must be able to account for the effects which
take place when processing conditions are changed without resorting to redetermining the kinetic
constants from experimental data. One approach has been to include additional terms directly
in the kinetic equations used in the calculations. For example, basing ultimate conversion on
coal type provides a way to include the type of coal directly into the models predictions. The
ultimate conversion is related to characteristics of the coal being used. Such advances provide
a partial answer, but coal type affects more than just the ultimate conversion, as different coals
have different solubilities, amounts of mobile phase, numbers of free radicals, and donatable
hydrogen. Solvent, solvent/coal ratio, reactor type, heat-up time, mixing speed, coal treatment,
and gas phase pressure and composition must also be included in the model. As shown in Table
1, all of these variables have been included in this general model which has been developed.

E L D]

NEW CALCULATIONS Two things included in the kinetics of this model, which had not been
included in previous models, are the basing of reaction rates on the concentration of reactants
in the liquid phase and inclusion of an explicit hydrogen concentration. Earlier models used
masses of reactants in the reactor, and ignored variable phase volumes and distribution of
components between phases. Earlier models also assumed that hydrogen was not limiting in their
systems and the hydrogen supply was considered constant. That prevents these models from
being applied to systems in which the amount of hydrogen does influence the results of the
reactions.

To include the effects of concentration and hydrogen pressure into the kinetic calculations
required two additional sets of calculations to be simultaneously carried out. To determine
reactant concentrations, both the volume of the liquid phase and the amount of each component
in the liquid phase has to be determined. This required that the thermodynamic state of the
system be continuously determined in conjunction with the kinetics, as changes in the reactor
contents take place. Mass transfer calculations are also required to determine the rate at which
solid coal particles dissolve into the liquid phase, and the rate at which hydrogen gas dissolves
into the liquid phase. Mass transfer calculations require the thermodynamics calculations to set
the maximum solubilities of coal and hydrogen gas in the liguid phase. Mass transfer also
depends on kinetic calculations, through the viscosity of the liquid phase which changes as the
liquefaction reactions take place. Thus the mass transfer, thermodynamic, and kinetic
calculations are completely dependent on each other.

The model was set-up to be as accurate as possible in terms of mass transport and
thermodynamic calculations. Figure 2 shows partition coefficients calculated by the model for
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the hydrogen/tetralin system along with experimental data.’ Figure 3 shows calculated and
experimental viscosities for a coal liquid at three pressures for a range of temperatures.® These
figures reflect the different kinds of experimental data which were incorporated into the
development of this modet. By including thermodynamics and mass transport, the properties of
the solvent being used, such as its solubility parameter, vapor pressure, and viscosity became
intimately connected with the calculations. The processing variables, solvent/coal ratio and
mixing speed, are also directly taken into account through these calculations.

NEW REACTION SCHEME As mentioned above, hydrogen concentration was used in the
reaction rate equations. To do this, a new scheme had to be developed for the liquefaction
mechanism in which hydrogen directly participated in some of the reactions. The reactions were
based more on the underlying chemistry which has been determined to take place, through both
mode} compound and liquefaction studies. One of the major improvements in this model was
the inclusion of free radical reactions as a significant part of the coal breakdown mechanism.
The free radical intermediates could be either capped in reactions in which hydrogen participated,
or recombined in retrograde reactions. The numbers of free radicals present was determined
from both the coal type and the temperature in the reactor using correlations developed from
literature data.

As in some earlier models, we assume a fixed fraction of the coal is unreactive. This
amount is based on the coal type, but it does not have to be experimentally determined in this
new model. Instead, a literature correlation of maximum conversions based on coal
characteristics has been adapted to provide this value for any coal used in the model. 1n addition
to the unreactive coal, the retrograde reactions form some material which will be unreactive;
some fraction of the preasphaltenes and asphaltenes produced in the liquefaction are also
considered to he stable. Empirical correlations were developed to determine the stable fractions
also based on the coal characteristics. Data from a large number of liquefactions run under
different conditions was used to determine the final coefficients in these correlations.

Both parallel and serial reactions were included in the scheme to allow for the production
of asphaltenes and oils directly from the coal. Two separate coal breakdown reactions were
specified, representing the two types of bonds which are normally broken in the coal structure,
ether bonds and alkyl linkages between aromatic structures. The amounts of each fraction
formed by these initial reactions was also set up to be dependent on the type of coal used in the
model. The series reactions, including preasphaltenes to asphaltenes to oils and preasphaltenes
to oils, were also made hydrogen dependent since hydrogen addition is a big part of the
conversion to lower molecular weight products. In the model, hydrogen for these reactions
comes from three sources: the coal, the solvent if it has donatable hydrogen, and hydrogen gas
if present. The amount of hydrogen available from the coal is also determined from a literature
derived correlation.

COMPUTER PROGRAM To make the model useable, a computer program was written to carry
out all of the simultaneous kinetic, mass transport, and thermodynamic calculations. Including
all of the various correlations for stable fractions, free radicals, coal solubility parameter, and
the amount of donatable hydrogen from coal, allows the user to specify only the type of coal
without having to first do all of these calculations to use the model. This required storing default
values of the coal characteristics for each type of coal within the program. Solvent
characteristics were also stored within the program for use in both the thermodynamic and
transport calculations.

The final computer program which was produced is designed such that the user does not
have to understand the inner workings of the model or the calculations included in the model.
The user interacts with the program answering questions about the processing conditions which
are to be used. Variables which must be input to the program include the reaction temperature,
the type and amount of coal, the coal particle size and if the coal has been dried, the type and
size of the reactor, the mixing speed and heat-up time, the type and mass of solvent, and the type
of and pressure of the gas phase. The computer program calculates all necessary parameters
which are dependent on the users input, then simulates the experiment using the model’s
calculations. Results of the simulation are given as preasphaltene, asphaltene, oil, gas, and THF
insoluble material.

PARAMETER FITTING As with other kinetic models, the activation energies and frequency
factors for each of the reactions had to be determined from experimental data. This model had
a number of additional parameters which also had to be fitted. What is unique about this model
is that data from experiments run under widely varying conditions was combined to carry out this
parameter fitting. The data covered temperatures from 300 to 480°C, 6 different types of coal,
4 different solvents, in both stirred autoclave and microautoclave reactors; short and long heat-up
time experiments were included. Both hydrogen and inert gas phases were represented at
pressures from 0 to 2000 psi, and solvent to coal ratios from 1/1 to 8/1 were covered.
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Figure 4 shows a parity plot of experimental versus predicted coal conversions for 100
data points. Figure 5 shows a parity plot of the oil yields for those same data points. Because
these points were used in fitting the model parameters, it is not surprising that the model predicts
these results well. The diversity of conditions under which these simulations were run using the
same set of kinetic constants, however, shows that the model has been able to incorporate a wide
variety of processing conditions.

RESULTS The real test for this model was to show that the effects reported in the literature for
changes in processing conditions could be reproduced by the model. A simulation was run using
a set of conditions selected as the base case. The processing variables were then varied one at
a time and the simulation results compared with experimental results for similar changes. The
effects of temperature and solvent to coal ratio are predicted by this model. An effect of solvent
is predicted, but comparison with experimental data shows that all properties of the solvent have
not been fully incorporated into the model. Changes in product yields due to changes in coal
type are predicted by the model, but do not follow the exact pattern seen in experimental studies.
This was not completely unexpected, as the literature correlations used for taking coal
characteristics into account in the model were determined over limited ranges of coal types. The
effects of changing hydrogen pressure are predicted by the model, with less of a hydrogen effect
seen in good hydrogen donating solvents as expected.

CONCLUSIONS A first generation general model for coal liquefaction has been developed in
which the model parameters are not dependent on the liquefaction conditions. This allows the
effects of changes in processing variables to be modelled without having to first run experiments
to get the necessary kinetic parameters. Inclusion of both mass transport and thermodynamic
calculations, along with the kinetic calculations, was needed to incorporate these processing
variables into the model predictions. Development of a computer program proved to be the best
way to carry out all of the simultaneous calculations which are needed in the model. The
interactive nature of the computer program makes the model accessible for use by those
unfamiliar with the underlying concepts on which the model was designed.
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Table 1 Processing variables included in the model

Variable Incorporated into model through:

Temperature Influence on reaction rates
Influence on ultimate conversion
Influence on hydrogen availability from the coal and solvent
Influence on the thermodynamics of the system

Coal type Influence on ultimate conversion

Influence on hydrogen available from coal
Influence on initial production fractions
Influence on the number of free radicals
Influence on coal solubility

Solvent (type and
amount)

Influence on the amount of available solvent hydrogen
Influence on the system thermodynamics

Influence on the coal and hydrogen gas solubilities
Influence on the concentrations of reactants

Influence on the viscosity

Pressure and gas
phase composition

influence on the system thermodynamics
Influence on the amount of hydrogen available from the gas phase
Influence on the hydrogen solubility

Reactor (type, size,
and mixing speed)

Influence on the thermodynamics of the system
Influence on the cold volume in the reactor
Influence on the coal and hydrogen dissolution rates

Heat-up time Reaction rates change during non-isothermal operation
Amount of available hydrogen changes with temperature
k
Coal ALl Preasphaltene
kpa
k
0‘|l € hnd Asphaltene
Gas
400°C 350°C
Tetralin Anthracene oil Tetralin Anthracene oil

ke .0964 0978 0575 0766
ka 0540 0044 .0283 .0022
Ke .0241 .0235 .0191 .0195
K 6.2E-6 .0066 2.7E-6 .0039
Kpo 1.8E-4 0 7.4E-5 1]
k,, 0080 .0125 0027 .0054

Figure 1 Reaction scheme and rate constants in two different solvents for a kinetic model
by Giralt et al.
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ABSTRACT

Dispersed slurry catalysts, based upon the in sifu sulfided forms of transition metals such as iron and
molybdenum, have been developed and successfully employed in the multi-stage hydroconversion of
various carbonaceous materials including coal, heavy petroleum resid, waste plastics, and different
combinations of these feedstocks. For example, using HTI’s proprietary iron-based catalyst and
commercial Molyvan-A additive, over 95 % maf coal conversion has been obtained accompanied by
over 90 % maf conversion of 524°C+ residuum and over 65 % maf yield of C,-524°C distillate yield
in a fully back-mixed high pressure reaction system. The use of an in-line fixed-bed hydrotreater in such
a hydroconversion process that relies only on dispersed slurry catalysts for conversion allows to
selectively upgrade the light distillate products (IBP-400°C) from the process resulting in premium
quality naphtha and mid-distillate products with less than 10 ppm nitrogen, an H/C ratio of 1.9, and
about 20 ppm sulfur. The use of dispersed catalyst for such hydroconversion processes has a significant
positive impact (as much as 20 % cost potential reduction) on the process economics because the
reactor throughput can be increased by as much as 70 % while maintaining the equivalent residence
time and the cost associated with the expensive high pressure catalyst addition/withdrawal system, used
for supported extrudate catalyst, and that associated with expensive ebullating pumps can be reduced
or eliminated completely.

INTRODUCTION

Two-stage catalytic conversion of coal and other carbonaceous feedstocks have been studied
extensively using Ni/Mo or Co/Mo supported catalysts. The low/high temperature mode of operations
was demonstrated in 3 ton/day scale at both the Wilsonville advanced Coal Liquefaction facility and
Hydrocarbon Research, Inc. This mode of operations in combination with an in-line hydrotreater yields
liquids of premium quality containing less than 20 ppm of nitrogen. The high conversion was achieved
at the expense of high replacement rate of the supported catalysts which became deactivated with
carbon and heavy metal depositions. The deactivation rate of supported catalysts for feedstocks, that
contain high degree of heavy metals, such as vanadium and nickel and materials that have high tendency
to form coke, is one of the key factor affecting the design and cost of the conversion facility.

Dispersed slurry catalysts, which offer better contact with the reactants than the supported extrudate
catalysts, have drawn much attention in recent years. Hydrocarbon Technologies, Inc. has been studied
the use of anion modified iron based catalyst at its bench scale (30 Kg/day) multi-stage unit located at
Lawrenceville, New Jersey. It is observed that the use of dispersed catalyst, with or without supported
catalyst, in conjunction with an in-line hydrotreater increase the throughput of a system significantly
without compromising much in the product qualities. This paper discusses the use of HTI’s proprietary
dispersed catalysts in processing coal and other carbonaceous feedstocks, such as heavy oil and waste
plastics. Due to the high activity of these dispersed iron-based catalysts, they can be used in small
concentrations of 0.1-1.0 wt% iron relative to weight of feed for the various hydrogenation and
hydroconversion reactions mentioned above, and are preferably recycled with the unconverted or
partially converted high boiling fraction (454°C+) back to the reactor for further reaction. Because
these dispersed fine-sized iron catalysts are produced based on use of available relatively inexpensive
materials and since the principal component is cheap and environmentally friendly iron, they are usually
disposable for large scale processes and do not require recovery and regeneration. HTI's proprietary
dispersed catalyst can be used either as a wet cake consisting of a gel of precipitate particles in water
containing 50-80 wt% water or as a dry powder obtained after drying and/or calcination of the
oxyhydroxide precipitates. In the gel mode of usage, the precipitates from hydrolysis are not filtered
or dried, but are used as is. The catalyst gel form reduces the catalyst cost significantly and also does
not compromise at all on its activity for relevant hydroprocessing reactions. These catalysts, either in
the dry powder form or in the wet-cake form, have been successfully tested (in the presence of a
sulfiding source) both at a 20 cc microautoclave reactor scale and at a 30 kg/day continuous two-stage
bench-scale operation, under hydrogen pressures of 5-20 MPa and operating temperatures of between
400 to 460°C. The key to the higher activity of these HTI’s catalysts as compared with some other
iron-based catalysts disclosed in literature, is believed to be their initial fine size, high surface area, a
high extent of catalytic dispersion, and their ability to preserve the state of high dispersion under
reaction conditions due to presence of anionic modifiers which are known to prevent sintering or
agglomeration of fine-sized particles at high temperatures.
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EXPERIMENTAL

The activity of catalyst was tested in a 20 cc vertically shaken microautoclave unit and in a two-stage
bench scale continuous flow system of nominal capacity of 30 Kg/day. The bench-scale operations,
employing dispersed catalysts, were conducted in HTT’s fully back-mixed reaction system employing
off-line pressure filtration for solids separation; a simplified schematic of the hydroconversion process
used during this work is shown in Figure /. As shown in Figure I, the hydroconversion process,
followed here, is based upon a catalytic multi-stage reactor system supported by an independent feed
preparation/handling section, high pressure product fractionation section, light distillate refining and
solids separation/heavy distillate recovery sections. The hydroconversion reactors could be operated
in a close-coupled mode or an interstage product fractionator could be used for taking the lights off
the feed going to the second stage hydroconversion reactor. The light product fraction (400°C-
material) from the hydroconversion reactors was selectively processed through an in-line fixed-bed
hydrotreating unit. This step achieves a significant function of improving the quality of distillable
products from the process. The heavier product fraction (400°C+ material) is substantially recycled and
unreacted feed (including solids in zase of coal) is either partly recycled or rejected from the process
completely with minimal loss of organics. The HTI iron based catalyst is an anion modified
oxyhydroxide catalyst prepared in either a dry or a gel form which contains about 50-80 w% water.
Molybdenum catalyst was added in form of Molyvan A at the desired concentration levels. Coal used
in this study is from Wyoming Black Thunder Mine. The coal was prepared by Empire Coke Company
of Alabama and was used in the last run of the DOE Proof of Concept program. The heavy oil is a
California Hondo vacuum tower bottom, while the waste plastic was a curb side plastic waste
containing mostly high density polyethylene, polystyrene and polypropylene.

RESULTS AND DISCUSSION

The activity screening of dispersed slurry catalysts, performed using shaken microautoclaves, is
summarized in Table /. From the Table [ results, it is seen that the HTI’s dispersed slurry cataltysts,
used in either a wet cake (gel) form or a dried particulate form, provided hydroconversion results
superior to those obtained using the two known iron oxide catalysts. Specifically, the percent coal
conversion based on tetrahydrofuran (THF) solubility and percent conversion of 524°C+ resid fraction
were both significantly greater than for the commercial iron oxide catalysts. The addition of about 100
ppm of molybdenum to HTT’s iron catalyst improved both the coal and the resid conversions; the gel
form of iron catalyst appeared slightly better than the dry powder form. The best performance of HTI’s
dispersed catalyst was almost equivalent to that obtained using a more active supported NiMo catalyst,
Akzo AO-60, with which a shade better performance was obtained at same temperature but for a
longer reaction time (60 minutes).

The dispersed iron-based catalysts described in this paper have been used extensively in continuous
bench-scale two-stage operations with throughput up to 30 kg/day of moisture and ash-free (maf) coal
feed for direct catalytic two-stage liquefaction of coal. As shown in Table 2, under the prevailing
operating conditions, for the direct liquefaction of a sub-bituminous Wyoming Black Thunder Mine
coal, dispersed catalyst containing 615-10000 ppmw of iron and 50-200 ppmw of molybdenum was
used, relative to maf coal feed, in the form of HTI’s iron-based dispersed catalysts. The dispersed
catalysts were used either in an all-dispersed slurry catalyst mode, or in a hybrid system utilizing
dispersed catalyst in one of two close-coupled hydroconversion reactors and the extrudate supported
catalyst in the other reactor. The use of iron and molybdenum containing dispersed catalysts has
resulted in a coal conversion range of 93-96 wt%, a 524°C+ residuum conversion range of 83-92 wt%,
and C,-524°C distillate liquid yields of 60-66 wt% (all on maf coal basis). When evaluated on the basis
of the maf coal feed, this performance provides up to 4 barrels of C,-524°C distillate liquid products
per ton of the maf coal feed. Specifically, the direct comparison between the data from Bench Run 83
Condition 4 and Run 91 Condition 1B shows that in an hybrid catalytic mode of operation, higher
molybdenum loading (100 vs. 50 ppm) results in better liquid distillate yields (66.3 vs. 63.4) and higher
conversions of coal (94.7 vs. 92.8) and resid (90.0 vs. 87.4). The performance of HTI’s dispersed
slurry catalysts has been compared with some other dispersed and supported type catalysts for direct
coal liquefaction as shown in Figure 2. The process performance has been compared on the basis of
total coal conversion (based on quinoline solubility of the products), 524°C+ residuum conversion, and
C,-524°C distillate yield. The first bar (None-Cat) in Figure 2 represents process performance with a
thermal first stage reactor and an expanded supported catalyst bed in the second stage reactor; the
second bar (Cat-Cat) represents process performance with supported catalysts in both the reactor
stages; the third bar (Mo-Cat) represents molybdenum dispersed catalyst in first stage reactor and an
expanded supported catalyst bed in the second stage reactor; the fourth bar (HTI-Cat) represents
performance with HTI's iron-based dispersed catalyst in the first stage reactor and an expanded
supported catalyst in the second stage reactor; the fifih bar (HTI-HTI) represents the performance of
an all-dispersed slurry catalyst two-stage reactor system utilizing the HTI’s dispersed catalyst It can
be clearly seen from Figure 2 that the reactor configurations utilizing HTI’s dispersed catalysts alone
result in the highest extent of total coal and 524°C+ residuum conversion, and C,-524 C distillate
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yields. The result obtained with the ‘all dispersed catalyst’ mode of operation were also better than
those obtained with ‘Supported catalyst-catalyst’ or ‘hybrid mode’of operations. At 5000 ppm of iron
and 50 ppm of molybdenum, 2 % higher coal conversion, higher light distillate products were obtained;
the yield of light gases was also higher in an ‘all dispersed’ catalyst mode. The use of dispersed catalyst
allows the higher volume of reactor for thermal cracking.

Bench-scale continuous multi-stage operations were also conducted to evaluate the performance of
HTI’s dispersed iron-based catalysts for hydroconversion of (a) heavy petroleum oil (California Hondo
resid vacuum tower bottoms), (b) mixtures of heavy petroleum resid oil and mixed plastics (containing
high density polyethylene, polypropylene, polystyrene, and other organic/inorganic impurities) from
municipal solid waste streams, © mixtures of Wyoming Black Thunder Mine coal and Hondo resid,
and (d) combinations of coal, Hondo resid, and the mixed plastics feeds. Significant process
performance was obtained with all of these varied feedstocks with dispersed catalysts in each stage
reactor, under conditions similar to those employed for direct coal liquefaction. The prevailing
operating conditions, feed type and composition, dispersed catalyst metal loadings, and process
performance and yields are summarized in Table 3. As shown in 7able 3, consistently high feed
conversions and light distillate oil yields have been realized in the bench-scale operations. With the
bench-scale operations involving either heavy petroleum resid, Hondo resid alone or in a mixed feed
with coal, as high as 99 wt% feed conversion to quinoline soluble products was obtained, with as high
as 75 wt% C,-524°C distillate liquid yields. During the operations, involving mixed plastics from a
municipal solid waste stream, either with coal or with heavy resid or mixtures of coal and heavy resid,
over 93 wt% total feed conversions were realized with about 75 wt% distillate liquid yields.

CONCLUSION

Based upon the data presented in this paper, it is evident that the sulfate-modified iron-based dispersed
catalysts, HTI has developed, are very effective in achieving the levels of performance that is
tantamount to or better than that obtained using the conventional supported extrudate catalysts. The
iron-based dispersed slurry catalysts were also very effective for the hydroconversion of organic wastes
such as heavy petroleum resids and MSW plastics, in combination with coal, into the value-added
distillate products. The higher activity of these HTI’s catalysts as compared with some other iron-based
catalysts disclosed in literature, is believed to be due to their initial fine size, high surface area, a high
extent of catalytic dispersion, and their ability to preserve the state of high dispersion under reaction
conditions due to presence of anionic modifiers which are known to prevent sintering or agglomeration
of fine-sized particles at high temperatures. The overall high levels of yields and conversions are
obtained with HTT’s proprietary dispersed catalyst, especially at the metal loadings that potentially
make the use of these catalysts possible on a disposable basis. The replacement of supported extrudate
catalysts by fine-sized dispersed slurry catalysts also allows for operations at significantly higher
throughput under similar overall reaction severity. It is anticipated that the use of dispersed catalysts
would lower the overall cost of hydroconversion of coal and other organic- feeds discussed in this
paper.
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Table 1. Activity of Dispersed Catalyst in Microautoclave Testing*

Coal: 2 g, Solvent: 6g, DMDS: 0.2 g 427°C @ 14 MPa for 30 min. Fe: 5000 wppm

Catalyst Type THF Conversion [ %] 524°C+ Conversion
%]
Fe,0; (Aldrich) 76.1 34.1
Fe,0; (MachI) 80.6 42.8
Fe/SO 2 (dry) 83.3 533
Fe/SO* (gel) 86.2 55.1
Mo.Fe/SO,* (dry) 86.8 ' 59.6
Mo.Fe/SO (gel) 89.9 63.3

*The THF Conversion under similar reaction conditions (but 60 minute long reaction time) for a supported

extrudate NiMo/AL O, catalyst (fresh Akzo AQ-60) was 92.1 w% and the 524°C+ residuum conversion was
64.4 w%.
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Table 2 Process Performance using Dispersed and Supported Catalysts
‘Wyoming Black Thunder Mine Coal
Dispersed Catalyst: HTT sulfated Iron; Supported Catalyst: Shell S-317

Run LD, CMSL-6 PB-02 CMSL-11 PB-1
Condition 4 1B 1 1
Process Conditions
Mode Thm/Cat | Thm/Cat All Disp. All Disp.
Recycle/Coal ratio 13 1.0 1.0 1.0
Space Velocity, Kg mf coalh/M* 640 665 703 694
1st Stage Temperature, °C 449 47 441 433
2nd Stage Temperature, °C 429 427 449 449
Catalyst Concentration
Iron, w% 0.0615 0.500 0.500 0.500
Molybdenum, wppm 100 50 50 50
Process Performance W% maf Coal
C-G, 113 103 15.7 12.4
C,177°C 18.2 20.8 197 21.2
177°-343°C 335 264 321 28.0
343°-524°C 14.9 16.2 9.0 12.7
524°C+ 4.5 54 37 6.6
C,-524°C Distillate 66.6 634 64.6 61.9
Coal Conversion 94.5 92.8 95.5 94.7
524°C+ Conversion 90.0 874 91.5 88.0
H, Consumption 7.0 7.3 6.9 6.4

Note: Thm/Cat = Thermal/Catalytic two-stage mode; All Disp. = All Dispersed Catalyst two-stage mode

Table 3 Hydroprocessing of Mixed Feeds using HTI’s Iron Based Dispersed Catalyst

Run I.D. CMSL-9| CMSL-11| CMSL-11{ PB-1{ PB-1| PB-1
Condition 9 3A 4B 4 9 7
Feed Composition,w %
Black Thunder 50 67 75 0 [1] 333
Waste Plastics 50 33 25 0 50 333
Hondo VTB 0 0 [1] 100 50 334
Process Conditions
Space Velocity, Kg mf coalh/M? 669 687 662 1059 | 1250 | 1033
15t Stage Temperature, °C 449 450 447 441 451 450
2nd Stage Temperature, °C 462 459 461 451 460 461
Catalyst Concentration
Iron, w% 1.00 0.500 0.500 0.500 | 0.500 |0.500
Molybdenum, wppm 300 100 100 50 50 50
Process Performance W% maf Coal
C-G 7.5 8.6 74 5.0 43 7.6
C177°C 30.0 16.8 13.4 16.2 214 .| 262
177°-343°C 26.2 249 26.1 27.7 243 | 246
343°-524°C 18.1 253 28.1 322 305 { 22.0
524°C+ 8.9 114 11.2 165 157 | 109
C-524°C Distillate 74.3 67.0 67.6 76.1 76.2 | 72.8
Coal Conversion 97.0 953 94.7 N.A. | NA. | 963
524°C+ Conversion 88.1 839 83.5 833 84.0 | 854
H, Consumption 35 4.1 4.9 1.7 18 34
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Figure 1. Simplified Schematic of HTI’s Catalytic Multi-Stage Hydroconversion Process
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Figure 2. Comparison of Catalyst Performance in Bench-Scale Direct Coal Liquefaction
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RESULTS OF HYDROTREATING THE KEROSENE FRACTION OF
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Frances V. Stohl, Stephen E. Lott, Kathleen V. Diegert, David C. Goodnow
Process Research Dept. 6212
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ABSTRACT

The objectivc of Sandia’s hydrotreating study is to determine the relationships between hydrotreating
conditions and product characteristics for coal liquids produced using current technologies. The coal-
derived liquid used in the current work is the kerosene fraction of the product from Hydrocarbon
Technologies Inc.’s first proof-of-concept run for it’s Catalytic Two-Stage Liquefaction Technology.
Sandia’s hydrotreating experiments were performed in a continuous operation, microflow reactor system
using aged HDN-60 catalyst. A factorial experimental design with three variables (temperature, pressure,
liquid hourly space velocity) was used in this work. Nitrogen and sulfur contents of the feed and
hydrotreated products were determined using an Antek 7000 Sulfur and Nitrogen Analyzer. Multiple
samples were collected at each set of reaction conditions to ensure that each condition was lined out.
Hydrotreating at each set of reaction conditions was repeated so that results could be normalized for
catalyst deactivation. The normalized results were statistically analyzed. Increases in temperature and
pressure had the greatest effects on nitrogen removal. The highest severity condition (388°C, 1500 psig H,,
1.5g/h/g(cat)) gave a measured nitrogen value of <5 ppm.

INTRODUCTION

DOE/PETC's refining of coal liquids program is aimed at determining the most cost effective combination
of existing refinery processes and blending options necessary to upgrade direct and indirect coal liquids into
transportation fuels that meet year 2000 specifications. A main reason for this program is that coal
liquefaetion processing has improved significantly since the last refining evaluation was done by Sullivan
and Frumkin® at Chevron in the carly 1980s. In addition, a recent publication by Zhou, Marano and
Winschel® indicates that blending coal liquids with petroleum may allow refiners to produce specification
products with less refining than if each fraction was processed separately.

The objective of Sandia’s refining of coal-derived liquids project is to experimentally evaluate options for
hydrotreating coal liquids and various distillate cuts of coal liquids, and to develop a database relating
hydrotreating parameters to feed and product quality. The hydrotreating effort is being conducted using a
bench-scale, continuous flow, trickle-bed reactor that enables us to evaluate many hydrotreating options in
a rapid and cost effective manner. The coal-derived liquid used in this work was produced in Hydrocarbon
Technologies Inc.’s (HTI) first proof-of-concept run (POC #1) in their 3 ton/day Process Development
Unit using their Catalytic Two-Stage Liquefaction Technology. This 57 day run used Hlinois #6 coal and
produced up to 5 barrels of distillate liquid product/ton moisture-ash-free coal. After completion of this
run, HTT shipped 2500 gallons of coal liquids to Southwest Research Inc. (SwRI) for characterization,
fractionation, and evaluation. The kerosene fraction that Sandia hydrotreated was obtained from SwRI as
was the aged Criterion HDN-60 catalyst used in Sandia’s hydrotreating study. This work is being done in
conjunction with DOE/PETC’s Refining and End-Use Study of Coal Liquids project (Bechtel, SwRI,
Amoco, M. W. Kellogg). Results from Sandia’s hydrotreating work will be analyzed by Bechtel using the
PIMS refinery model as part of their effort to determine the best way to incorporate coal liquids into an
existing refinery.

EXPERIMENTAL SECTION

Sandia’s experimental procedures included using a factorial experimental design, hydrotreating the
kerosene fraction of the POC #1 whole coal liquid, characterizing the feed and products, and reporting
results to other program participants.

Reactor Feeds and Catalyst. The POC #1 kerosene fraction that was hydrotreated at Sandia was
collected when HTI’s in-line hydrotreater was not in operation. The nitrogen and sulfur contents of this
fraction were 645 ppm and 239 ppm respectively. The initial boiling point was 385°F and the final boiling
point was 489°F. The nitrogen and sulfur values are Sandia’s values and the boiling points are from
SwRI. The hydrotreating experiments used aged HDN-60 catalyst that was obtained from SwRI.

Continuous Operation Hydrotreating System. Sandia’s hydrotreating experiments are being conducted
using a bench-scale, continuous flow, trickle-bed reactor. The system has all required safety fcatures to
enable it to be operated unattended. Ranges of operating conditions for this system are as follows: liquid
flow from 0.05 to 4 cm’/min; gas flows up to 2 L/min for N, and H, and up to 0.5 L/min for H,S;
maximum temperature of 620°C; maximum pressure of 1800 psig; reactor volume of 59 cm’; and
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maximum catalyst loading of 25 cm’. For this kerosene hydrotreating run, 10g of aged HDN-60 catalyst
was used as received from SwRI, and the actual hydrogen flow rate was 4600 ft*/bbl. Four samples can be
collected automatically during unattended operation. With a 45 minute sample collection time and liquid
hourly space velocities (LHSV) of 1.5 and 3 g/h/g(cat), the amounts of sample collected would weigh about
11 g and 22 g respectively.

Factorial Experimental Design. Based on experience, three parameters were chosen for the factorial
experimental design used for hydrotreating the kerosene fraction (Figure 1): temperature ranging from
327°C to 388°C, pressure from 500 to 1500 psig H;, and LHSV from 1.5 to 3 g/h/g(cat)). Nitrogen and
sulfur contents of the hydrotreated products were monitored during the hydrotreating experiments to ensure
that activity was lined out at each set of reaction conditions. After line-out was attained, multiple samples
were collected over a 24 hour period. All reaction conditions were tested at least twice so the effects of
catalyst deactivation could be determined for each condition and appropriate corrections could be made.
An Analysis of Variance (ANOVA) was used to model the results, which had been normalized for
differences in catalyst deactivation and extrapolated to a total of 28,000 g of feed processed. The
controlled variables used in the ANOVA are the measured temperature, pressure, and LHSV. In addition,
SwRI requested that we test the center points of the cube edges parallel to the temperature axis. These
points were also included in the ANOVA.,

Nitrogen and Sulfur Analyses, Small samples were collected either manually or automatically throughout
the run. Nitrogen analyses were used to dctermine when line-out was achieved at each reaction condition.
These analyses were performed using an Antek 7000 Sulfur & Nitrogen Analyzer with an automatic
sampler. Standards were prepared using phenanthridine for nitrogen, thianthrene for sulfur, and toluene for
the solvent. Six standards prepared by serial dilution were used in the analysis. Standards were measured
at least twice. A polynomial fit of the intensity versus concentration data was used for analysis of nitrogen,
and a linear fit of the intensity versus concentration data was used for sulfur. Results will only be shown
for nitrogen because sulfur values are very low with only one sample having a measured value >20 ppm.

RESULTS AND DISCUSSION

This run was very successful. There was one unplanned shutdown on the second day of the run due to an
operator error. The reactor was restarted and operated continuously for 55 days until the end of the run.
The letters at each data point in Figure 2 show the order in which the various conditions were evaluated.
The first number after the letter is the average ppm nitrogen at that condition. The number in parentheses
is the total amount of feed in grams that had been processed through the reactor from the start of the
evaluation of the experimental design to the time the samples were collected. All eight corners and the
center point of the cubic design were run at least twice so that the rate of catalyst deactivation could be
determined for each condition. The four points at the center points of the cube edges parallel to the
temperature axis were only tested once because of lack of feed.

Catalyst Deactivation Correction. Results for each condition (Figure 2) show that the measured nitrogen
contents get higher as the amount of feed processed increases, thus indicating catalyst deactivation. The
first step in the analysis of the results was to normalize the results for catalyst deaetivation so that all
results could be compared based on an equal amount of feed processed. This was accomplished by plotting
nitrogen values for each lined-out sample collected at a given condition versus the total amount of feed
processed from the start of the run until that sample was collected. For example, the numbers of lined-out
samples collected at 388°C, 500 psig H,, and 1.5 g/h/g(eat), were 8 for point A, 3 for point J, and 6 for
point R The equation for the straight line ealculated for these 17 samples was Y = 0.00705X + 49.3 with
= 0.97. The slope of this equation (0.00705 ppmv/g of feed processed) was then used to cxtrapolate the
nitrogen content of each individual sample obtained at this condition out to 28,000 g of total feed. This
was approximately the total amount of feed processed in this hydrotreating run. This analysis was
performed for each reaction condition. These normalized nitrogen values for all conditions were then used
in the ANOVA to give a model for the remaining nitrogen at 28,000 g total feed processed. The slopes of
the lines for the various conditions are shown in Figure 3. The slopes used to correct the values at the
center points of the cube edges parallel to the temperature axis were the averages of the high temperature
and low temperature slopes at the same LHSV and pressure. The negative deactivation slope at 327°C,
500 psig Ha, 3 g/h/g(cat) is due to the collection of only two samples, which gave poor reproducibility in
the nitrogen analysis, at the second repeat of this test condition.

Model for Nitrogen Remaining at 28,000 g Total Feed Processed. The ANOVA model for nitrogen
contents of samples at 28,000 g of total feed processed is shown in Table 1. Results show a good fit of the
model to the data as indicated by an r* value of 0.95. Calculated nitrogen values vary from 7.9 ppm at the
highest severity condition (388°C, 1500 psig H,, 1.5 g/h/g(cat)) to 599.7 ppm at the lowest severity
condition (327°C, 500 psig H;, 3.0 g/h/g(cat)). The greatest impacts on the nitrogen content are due to the
individual effects of temperature and pressure. Changing LHSV by itself has the least effect on nitrogen
content. Figure 4 gives a comparison of the calculated and measured results for all reaction conditions.
The biggest difference between the calculated and measured results is at the lowest severity condition
327°C, 500 psig H,, 3 g/h/g(cat). The calculated value for nitrogen at this condition is 675.6 ppm, whereas
the amount of nitrogen in the feed is 645 ppm. This discrepancy is probably due to higher variability in
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analytical results as nitrogen contents get higher. Efforts are currently underway to quantify and decrease
the sources of variability in the nitrogen analysis procedure.

CONCLUSIONS

Results of hydrotreating a coal liquid produced using HTI’s Catalytic Two-Stage Liquefaction process
show that good denitrogenation and good desulfurization can be obtained under relatively mild conditions.
Processing at the highest severity condition (388°C, 1500 psig H,, 1.5 g/h/g(cat)) decreases nitrogen from
645 ppm in the feed to 7.9 ppm in the hydrotreated product. Sulfur contents were very low for all
hydrotreated products. The feed had 239 ppm sulfur whereas all hydrotreating conditions gave <20 ppm
sulfur. The results of this work will be used by Bechtel in their Refining and End-Use Study of Coal
Liquids project to determine the best way to introduce direct coal liquids into an existing refinery.
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Laboratories under contract DE-AC04-94-AL85000.
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Table 1. Model for Nitrogen Content of Reaction Products
(Normalized to 28,000g of Feed Processed)

NITROGEN (ppm)
Parameter Model Meas’d. Std. Error
Estimate Average
Constant* 5993 9.3
Temperature -330.7 14.4
Pressure -331.0 16.9
LHSV 0.4 0.2
Temp. x Press Int. 70.3 249
Temp. x LHSV Int. 169.5 173
Press. x LHSV Int. 87.3 19.6
Temp. x LHSV x Press. Int. -192.1 333
Experimental Error 46.5 N
327°C, 500 psig, 1.5** 599.3 520.0 13.0
388°C, 500 psig, 1.5 268.6 246.8 3.1
327°C, 1500 psig, 1.5 2683 254.6 46
388°C, 1500 psig, 1.5 19 14 0.9
358°C, 1000 psig, 2.25 326.4 360.4 25
327°C, 500 psig, 3.0 599.7 675.6 6.3
388°C, 500 psig, 3.0 438.5 412.6 20.1
327°C, 1500 psig, 3.0 356.0 361.8 5.2
388°C, 1500 psig, 3.0 72.9 739 3.2
358°C,_ 500 psig, 1.5 434.0 43938 83
358°C, 1500 psig, 1.5 138.1 139.0 2.7
358°C, 500 psig, 3.0 519.1 565.1 10.7
358°C, 1500 psig, 3.0 214.4 181.0 4.3
R’ 0.95
*  Value calculated for 327°C, 1.5 g/h/g(cat), 500 psig H,
** g/hig(cat)
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Figure 1: Factorial Experimental Design (Temperature = °C,
Pressure = psig H;, LHSV = g/h/g(cat))
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Figure 2: Testing Sequence, Measured Average Nitrogen Values, and Total Amount
of Feed Processed From Start of Run Until Sample Collected
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Figure 3: Deactivation Rates for Each Experimental Condition
(ppm N/1000 g Feed)
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Figure 4: Measured and Calculated Nitrogen Values
(At 28,000g Total Feed Processed)
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INTRODUCTION

An effort is under way at PETC to study the potential of reducing pressure in coal
liquefaction. The objective of this effort is to reduce pressure and maintain overall coal conversions,
yields and product quality. Several observations have been made during this study and have been
reported. '** The potential for reducing pressure appears to be tied to a combination of solvent
quality and catalyst concentration. Other observations were made concerning the hydrogenation of
products from reactors containing coal. These include suppression of two-ring aromatic
hydrogenation in the presence of coal and the large consumption of hydrogen observed in the earliest
stages of coal liquefaction.

Cugini et al.! and Rothenberger et al. 2 reported that catalytic hydrogenation of naphthalenes
is suppressed in the presence of coal (using supported or unsupported catalysts). This effect was also
observed in several other studies.**¢ The efforts of Cugini et al’> also indicated the need for a
combination of catalyst and donor solvent system to reduce pressure. They found that the donor
solvent/low pressure/no catalyst system resulted in consistently lower coal conversions than the non-
donor solvent/high pressure/catalyst system. Also, high hydrogen consumption was observed during
the early stages of catalytic coal liquefaction. Approximately 50% of the hydrogen consumption
during a 30-minute test occurred during the heat-np (~ 2 minntes) and subsequent 2 minutes of the
test.

The curent effort attempts to provide more information regarding the suppression of
catalytic hydrogenation of aromatic compounds by coal and the high initial consumption of
hydrogen in catalytic liquefaction. The observation of suppression of catalytic hydrogenation of
two-ring aromatic compounds is extended to other multi-ring aromatic compounds. These include
phenanthrene and pyrene. Also, short-time liquefaction tests are being studied to determine the
differences between donor/non-catalytic and non-donor/catalytic systems.

The remainder of the study was directed toward the investigation of coal/oil coprocessing.
The effect of coal concentration, catalyst concentration and pressure werc investigated as part of this
study. The earlier results from coal liquefaction studies had indicated that pressure and catalyst
concentration were interrelated. This phase of thc effort attempts to extend the results from the coal
liquefaction efforts to coal/oil coprocessing. Essentially, it is hoped that catalyst could (to some
extent) be used to compensate for pressure reduction as was observed in coal liquefaction
applications. Lower coal concentrations were also investigated because of earlier results that had
indicated that a synergism to distillate product was observed at low concentration and that coal could
be used to effectively remove the metals from the liquid products even at relatively low coal
concentrations.’

EXPERIMENTAL -

Materials. Purified grade 1-methylnaphthalene (1-MN), phenanthrene, pyrene, and tetralin from
Fisher Scientific Company were used in these studies. Hondo residual oil, vacuum tower bottoms
obtained from Paramount Petroleum Corporation, was used. Blind Canyon coal, DECS-6, from the
U.S. Department of Energy's Coal Sample Program and Illinois No. 6 coal were used. A supported
molybdenum catalyst, Akzo AO-60, obtained from HTI, Inc. was used in the microautoclave
catalytic tests. An unsupported MoS, catalyst prepared at PETC? was also used in the
microautoclave tests. Aqueous ammonium heptamolybdate (AHM) was used as the precursor for
MoS, in the 1-L semi-batch tests.

Reactions. Microautoclave reactions were completed in a stainless steel batch microautoclave
reactor system (42 mL) constructed at PETC. Semi-batch 1-L reactions were completed in a
stainless steel 1-L autoclave. A 97% H, /3% H,S gas mixture was used in the 1-L tests to sulfide
the catalyst. Sample work-up and coal conversions for both the microautoclave and 1-L autoclave
tests were calculated by a procedure described previously.?

Gas and Pressure Analyses. At the completion of each run, product gases were collected and
anatyzed at PETC by a previously published method.> Hydrogen consumption was determined by
a method developed at PETC.*
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GC-Mass Spectrometry (GC-MS). The THF soluble material from the autoclave runs was
analyzed by GC-MS to determine the amount of solvent which had been hydrogenated. The samples
were run as 1% solutions (w/w) in methylene chloride on a HP 5890A gas chromatograph equipped
with a 50 m capillary column of 50% phenylmethylsilicone and a HP 5970 mass selective detector.
The integrated areas of hydrogenated solvent peaks were compared against those of unconverted
solvent peaks.

RESULTS

The initial studies were directed toward the effect of solvent type. As indicated, coal was
found to suppress the catalytic hydrogenation of 1-MN. Two other aromatic solvents, pyrene and
phenanthrene, were tested to evaluate the effect of coal addition on aromatic hydrogenation. The
results from testing the two solvents as well as the earlier data with 1-MN are shown in Table 1. The
data indicate that catalytic hydrogenation of pyrene and phenanthrene is suppressed by the presence
of coal as shown by comparing tests B and C for the two cases. Further, exposure to coal continues
to suppress the catalytic hydrogenation of phenanthrene even after coal is removed from the system,
as shown by a comparison of tests B and D for phenanthrene. However, the results from the pyrene
system are not as straightforward, because the tests using fresh catalyst and catalyst recovered after
exposure to coal (tests B and D for pyrene) both appear to reach equilibrium® within the reaction
time. Figure 1 shows the pressure as a function of time for the two tests with pyrene, fresh catalyst
and catalyst exposed to coal. In the case with fresh catalyst, the pressure drops rapidly to 1,470 psig
before the pressure levels off for the remainder of the test. This indicates that equilibrium is rapidly
achieved during the test. On the other hand, with the catalyst that had been exposed to coal, the
pressure drops continuously over the course of the test. This indicates that equilibrium was achieved
only after the full reaction time. The net result is that the rate of catalytic hydrogenation of pyrene
was also suppressed by exposure of the catalyst to coal just as in the other two examples.

Table 1. Effect of Blind Canyon Coal Addition on Catalytic Hydrogenation of Aromatic Solvents

Percentage of Product

Microautoclave Sample O-H 2-H 4-H 6-H other % Hydrog.
Pyrene: .

(A) pyrene only 96 4 0 0 0 4
(B) with catalyst 68 21 2 8 1 2
(C) with coal + catalyst 85 14 0 0 1 15
(D) with THF insols from (C) 66 23 2 6 2 34
Phenanthrene:

(A) phenanthrene only 97 2 0 1 0 4
(B) with catalyst . 47 12 10 24 7 53
(C) with coal + catalyst 80 13 5 1 1 20
(D) with THF insols from (C) 67 16 13 0 4 33
1-Methyinaphthalene:

' (A) 1-MN only 100 - 0 -— 0 0
(B) with catalyst 47 - 52 - 1 53
(C) with coal + catalyst 92 - 7 - 1 8
(D) with THF insols from (C) 86 - 12 - 2 14

425°C, 0.5 h, 1000 psig H, (cold), and 1000 ppm Mo

Short-time tests were made to compare the effects of catalyst and tetralin on coal conversion.
Fast heat-up rates and 2-minute and 30-minute duration tests were conducted. The results of these
tests are shown in Table 2. These results indicate that, in this time interval, coal conversion was
enhanced in the catalytic case over the tetralin case. Detailed analyses of the insoluble products are
being conducted to determine if more coke or hydrogen-deficient species are observed in the tetralin
case.
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Table 2
Effect of Solvent Quality, Pressure, and Catalyst on Blind Canyon Coal Conversion
Coal Conversion

A ‘Tetralin 400 psig (cold) No Catalyst 2 minutes . 70%
B Tetralin 1000 psig (cold) No Catalyst 2 minutes 73%
C Tetralin 400 psig (cold) No Catalyst 30 minutes 85%
D Tetralin 1000 psig (cold) No Catalyst 30 minutes 86%
E 1-MN 1000 psig (cold) AO-60 2 minutes 79%
F 1-MN 1000 psig (cold) AO-60 30 minutes 89%
G I-MN 1000 psig (cold) MoS, 30 minutes 93%

The effects of pressure and coal concentration in coal/oil coprocessing were studied in batch
autoclave tests. The results are shown in Figure 2. The results indicate that there does appear to be
an area at low coal concentration (between 0 and 10% coal) where the distillate conversion is higher
than with no coal. Above 10% coal, the distillate conversion falls with increasing coal
concentration. This trend was observed at two pressures, 1,000 and 2,500 psig. As catalyst
concentration was increased from 100 ppm Mo to 300 ppm Mo, conversion increased. It appeared
that, like in the coal liquefaction system, catalyst concentration could be used to compensate for the
effect of pressure reduction.

SUMMARY

The results obtained indicate that the catalytic hydrogenation of two-ring aromatic
compounds and several types of multi-ring compounds are suppressed in the presence of coal. It
appears that the suppression is the result of a combination of competition and poisoning of specific
catalytic sites. This is due to the fact that catalytic hydrogenation of aromatics remains suppressed
even after coal is removed from the system.

In the case of tetralin as a donor solvent for coal liquefaction, it seems that that there is
insufficient hydrogen donated during the early stages of coal liquefaction to prevent the formation
of hydrogen deficient species. This results in lower coal conversion compared to catalytic cases.
This may contribute to the consistently lower conversions observed in tetralin tests compared to
catalytic tests.

Coal/oil coprocessing may be most effective at lower coal concentrations. The distillate
yields are higher at coal concentrations between 0 and 10%. At higher coal concentrations the
distillate conversion drops with increasing coal concentration. The potential for reducing pressure
in coal/oil coprocessing is enhanced by increasing catalyst concentration. At lower pressures,
increasing catalyst concentration increases conversions and distiilate yield.

DISCLAIMER

Reference in this manuscript to any specific commercial product or service is to facilitate
understanding and does not necessarily imply its endorsement or favoring by the United States
Department of Energy.
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Figure 1
Effect of AO-60 Exposure to Coal on Pyrene Hydrogenation
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EFFECT OF SOLVENT CHARACTERISTICS ON COAL LIQUEFACTION
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Introduction

It has been known for a long time that the characteristics of the liquefaction solvent has
a profound effect on direct coal liquefaction. The amount of hydrogen consumed during the
liquefaction process, the degree and quantity of retrograde reactions that occur, and the quality
of the liquid products are all influenced by the process solvent (1). A number of analytical
approaches have been developed to determine the important characteristics of the solvent for coal
liquefaction (1). The hydrogen donor ability has clearly been important (2). However, such
other characteristics of a liquefaction solvent as solubility parameter (1), content and type of
higher aromatic hydrocarbons (3), and phenolic content have also been found to be significant
(1). Finseth et al. (4) have shown that the bulk of the hydrogen consumed from an uncatalyzed
donor solvent liquefaction above 400 °C is consumed in gas generation, heteroatom removal and
hydrogenolysis of the coal matrix. Wilson et al. (5) have also shown that the major role of
hydrogen in uncatalyzed liquefaction is consumed by alkyl fission and hydrogenolysis reactions
and not with hydrogenating aromatic rings. McMillan et al. (6) have postulated that a radical
hydrogen transfer process along with donor solvent capping of thermally produced radicals from
the coal as possible processes involved with the hydroaromatic donor solvents in coal
liquefaction.

With the development of a short contact time batch reactor (SCTBR) (7), determining the
influence of the processing solvent on the liquefaction rates, conversion profiles and the quality
of the liquid product at a particular time became possible. The influence of type of solvent,
combined with other effects, such as gas atmosphere (i.e., in hydrogen and in nitrogen) and
catalyst, on the coal liquefaction is reported in this paper.

Experimental

Apparatus. A Short-Contact-Time Batch Reactor (SCTBR) was devised to carry out the
coal liquefaction, It allows the heat up of the process siream to reaction temperature in about
0.3 seconds. The removal and quenching of the reaction products occurs in a similar time
period. The design and operation of such a SCTBR reactor system have been described in detail
elsewhere (7,8).

Solvents Used. Four solvents: 1,2,3,4-tetrahydroquinoline (98%), tetralin (99%), 1-
methylnaphthalene (98%), and decahydronaphthalene (99+ %) from Aldrich with different
hydrogen donor abilities and solubility parameters have been used in the coal liquefaction
experiments.

Catalyst Used. Molybdenum naphthenate (6.8 wt% molybdenum from Shepherd
Chemical Co.) was the liquefaction catalyst used in this study. The catalyst was prepared by
dissolving about 0.5 g molybdenum naphthenate (equivalent to about 0.9 wt% Mo based on the
amount of the coal charged) in the processing solvent. The catalyst was then sulfided by
reacting the solution with about 1 g of methyl disulfide during the transport into the reactor and
liquefaction.

Coal Liquefaction. Illinois #6 bituminous and Wyodak-Anderson subbituminous coals
from the Argonne Premium Coal Sample program were used in this study. Proximate and
elemental analyses, together with other analytical data, of these coals are available in the User’s
Handbook for the Argonne Premium Coal Sample program (9). All liquefactions were run as
mixtures of processing solvent (S) and coal (C) at a mass ratio of S/C = 8 to minimize the
effect of changing processing solvent concentration during the reaction. About 4 grams of coal
were used for each reactor run, together with the added processing solvent to make up the
reactant slurry.

Workup Procedures of Reaction Products. After a liquefaction run, the product
mixture was filtered and the solid residue washed with cold fresh tetralin thoroughly and dried
in a vacuum oven with a nitrogen purge at about 105 °C for 48 hours. The filter cake was then
rinsed with methylene chloride and dried in a vacuum oven with a nitrogen purge at 105°C for
12 hours. The solid residue and the liquid filtrate were analyzed separately (10). The mineral
matter of the coal was shown to accumulate in the coal residue and not in the coal liquids.
Therefore, ash in the residue determined by thermogravimetric analysis was used to calculate
the conversion (10).

Results and Discussion
Coal Liquefaction Processes. The conversions of Illinois #6 liquefaction in tetralin
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without added catalyst under 1000 psig nitrogen at four temperatures (358 °C, 390 °C, 408 °C
and 422 °C) for short reaction times (10 s to 10 min) are shown in Figure 1. Three distinct
phases in the process were observed: a very rapid conversion followed by an induction period
and then a slower liquefaction of the coal structure, The initial rapid conversion in the first 30
to 60 s is due to the extraction of a soluble fraction of the coal into the hot tetralin. The slow
conversion after 1 or 2 min is caused by the chemical breakdown of the coal structure to liquid
products. The induction period observed is actually a transition interval which is due to the
simultaneous occurrence of two processes: a very rapid extraction and a relatively slower
liquefaction of the coal structure itself. The amount of extraction increases as the liquefaction
temperature increases. The equilibrium extraction of the Illinois #6 coal at 358 °C, 390 °C, 408
°C and 422 °C were about 18.4 wt%, 22.0 wt%, 31.9, and 39.8 wt%, respectively. Similar
behavior was also observed in Wyodak-Anderson subbituminous coal liquefaction. The
equilibrium extraction of the Wyodak-Anderson coal in tetralin at 390 °C under 1000 psig
nitrogen is about 14.1 wt%.

From these observations, a hypothesis of two processes of coal liquefaction was
postulated (10). Based on this hypothesis, Wang et al. (11) have developed a model to evaluate
the kinetic parameters for each stage. They have reported that the extraction stage is about two
orders of magnitude faster than the structure breakdown stages and have correspondingly lower
activation energies. The liquefaction of the coal structure itself also consists of multiple steps
of different rate constants and activation energies. The rate constant of the extraction stage and
the equilibrium extraction fraction are dependent .on the solvent characteristics and coal
structures as well as liquefaction conditions.

It is important to point out that the ‘coal liquefaction kinetic studies reported in the
literature are largely based on liquefaction to high conversions (2,12,13). Therefore, the kinetic
measurements are actually combinations of the rapid extraction with the much slower
liquefaction of the coal structure.

Effect of Gas Atmosphere on the Coal Liquefaction. Conversions of the liquefaction
of Illinois #6 and Wyodak-Anderson coals in tetralin at 390 °C for 30 min under 1000 psig N,
or 1000 psig H, is shown in Figure 2. For the Illinois #6 coal, the liquefaction conversion in
hydrogen was higher than in nitrogen. However, there was no difference for the Wyodak-
Anderson coal liquefied in hydrogen or in nitrogen. The contents of pyritic sulfur in Illinois #6
and Wyodak-Anderson are 2.81 wt% and 0.17 wt%, respectively. This is a strong indication
that pyrite in the Illinois #6 provides some catalysis for the liquefaction in the presence of
hydrogen. .
Catalysis of Molybdenum Naphthenate. Conversion of the Illinois #6 coal with
molybdenum naphthenate (equivalent to 0.9 wt% Mo) was studied in an effort to understand the
role of a hydrogenation catalyst relative to the liquefaction solvent in coal liquefaction. Figure
3 summarizes the results of a series of experiments aimed at determining the active species when
the molybdenum naphthenate is the added catalyst. The sulfiding agent used was methyl
disulfide. Comparison of the conversions in different liquefaction conditions shown in Figure
3 indicates that: 1). sulfided molybdenum naphthenate in the absence of hydrogen is not active;
2). the sulfiding agent itself plays no direct role in coal liquefaction; and 3). only sulfided
molybdenum naphthenate (presumable as Mo,S; or MoS,) in the presence of hydrogen is the
active catalyst for coal liquefaction.

Effects of Solvent, Catalyst, and Gas Atmosphere on the Coal Liquefaction.
Conversion vs. time curves of the thermal (without added catatyst) liquefaction of Illinois #6 coal
in 1,2,3,4-tetrahydroquinoline (THQ), tetralin, and 1-methylnaphthalene, in decreasing order of
hydrogen-donor ability, run under 1000 psig nitrogen at 408 °C are shown in Figures 4a and
4b for two different time intervals. The liquefaction conversions using 1-methylnaphthalene as
a processing solvent shows distinct stages of liquefaction kinetics: a very rapid extraction and
followed by an extremely slow liquefaction of the coal structure. The equilibrium extraction of
the Illinois #6 coal using 1-methylnaphthalene was 30.7 wt%. This value is very close to that
using tetralin as a processing solvent. The solubility parameters of 1-methylnaphthalene and
tetralin are 20.3 and 19.4, respectively. This suggests that the extraction stage in the coal
liquefaction is dominated by the solubility characteristics of the processing solvent used.

However, the rates of coal structure breakdown in tetralin and in 1-methylnaphthalene were -

0.0458 wt%/min and 0.00168 wt%/min, about 27 times difference. For the very strong
hydrogen donor solvent of 1,2,3,4-tetrahydroquinoline, the extraction stage becomes
indistinguishable from the liquefaction of the coal structure. This is because the rate of coal
structure breakdown in the very strong hydrogen donor solvent is close to the rate of extraction.
The rate of coal structure breakdown measured in this solvent was 1.41 wt%/min. Comparison
of the rates of the coal structure breakdown in 1,2,3,4-tetrahydroquinoline, tetralin, and 1-
methylnaphthalene suggests that hydrogen transfer from the solvent is the rate-determining step
in uncatalyzed coal liquefaction. This is consistent with the observations that the activation
energies for coal structure breakdown is much less than carbon-carbon bond strength (2,1 1-13).

Effects of solvent on the thermal liquefaction of the Illinois #6 coal in nitrogen and in
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hydrogen are illustrated in Figure 5. These data show that the very strong hydrogen donor
solvent, such as 1,2,3,4-tetrahydroquinoline, gives much higher conversion than tetralin. More
interestingly, the liquefaction conversion in this very strong donor solvent shows no sensitivity
to gas atmosphere (i.e., in nitrogen or in hydrogen), indicating little if any hydrogen is derived
from the molecular hydrogen in the case of a very strong hydrogen donor solvent used. On the
other hand, the liquefaction in the poor hydrogen donor solvents, such as decahydronaphthalene
and 1-methylnaphthalene, shows much lower conversion than in tetralin under nitrogen pressure.
However, for these very poor hydrogen donor solvents, the liquefaction conversions of the
Illinois #6 coal in hydrogen is much higher than that in nitrogen, showing strong sensitivity to
gas atmosphere. These results suggest that, in a poor hydrogen donor solvent, the hydrogen
needed in the liquefaction process must be mostly derived from molecular hydrogen when a
hydrogenation catalyst is present in the parent coal (for example, the pyrite in the Illinois #6
coal) and/or is added (such as sulfided molybdenum naphthenate).

Effect of molybdenum naphthenate catalyst in different solvents on the Illinois #6 coal
liquefaction is shown in Figure 6. Liquefaction conversions are always higher in tetralin than
in 1-methylnaphthalene for both of the thermal and catalyzed liquefactions. However, with the
added catalyst, the conversions in tetralin increased only by a factor of 53%, 31%, and 29% for
30 min liquefaction at 390 °C, 403 °C, and 420 °C, respectively, compared to those in 1-
methylnaphthalene by a factor of 123% and 97% for 10 min at 397 °C and 30 min at 410 °C,
respectively. These results indicate that the catalysis by an added hydrogenation catalyst in coal
liquefaction is more responsive when a poor hydrogen donor solvent is used. It also suggested
that a hydrogenation catalyst could be used to compensate for the lack of hydrogen donor ability
of a processing solvent. )

To quantitatively evaluate the effects of solvent, catalyst, and gas atmosphere for the coal
liquefaction, specific liquefaction conversion ratios of «, §, and « are defined using the coal
liquefaction conversion in nitrogen as a reference, i.e.,

a« = ¥
X":
p = Zeataryar (1)
Xy,
y = Xcacelzsc
X,

Hy

where Xy, is the liquefaction conversion in nitrogen; X is the liquefaction conversion in
hydrogen; and X, is the catalyzed liquefaction conversion in hydrogen. The « is selected
to evaluate the hydrogen gas effect. The larger the «, the stronger the hydrogen gas effect.
When o = 1, it means there is no hydrogen gas effect in the coal liquefaction. The 8 is
calculated to evaluate the catalyst reactivity and the v is used to evaluate the net reactivity of the
added catalyst. The data to show the combination of the effects of solvent, catalyst, and gas
atmosphere on the Illinois #6 and Wyodak-Anderson coal liquefactions, together with the
calculated specific ratios of «, 8, and v, are summarized in Table 1. Based on the o values,
the order of the hydrogen gas effect on the Iltinois #6 coal liquefaction for different solvents was
decahydronaphthalene ~ 1-methylnaphthalene > tetralin > 1,2,3,4-tetrahydroquinoline, The
stronger the hydrogen donor solvent, the less will be the hydrogen gas effect. In fact, there is
no hydrogen gas effect on the Illinois #6 coal liquefaction for the very strong donor solvent of
1,2,3,4-tetrahydroquinoline for which o = 1. The Wyodak-Anderson coal shows no hydrogen
gas effect (o = 1) during the liquefaction in tetralin. Based on the 8 values, the order of the
catalyst influence on coal liquefaction in different hydrogen donor solvents was I-
methylnaphthalene > tetralin. Furthermore, the higher the liquefaction temperature, the lower
the catalyst influence on liquefaction conversion. This may be because, as temperature
increases, the selectivity to liquid products during the liquefaction decreases. This is also
supported by the v values for the liquefaction of the Illinois #6 in 1-methylnaphthalene.

Summary and Conclusions

The extraction stage in the coal liquefaction is dominated by the solubility characteristics
of the processing solvent. The liquefaction of Ilinois #6 using !-methylnaphthalene shows
distinct stages of liquefaction kinetics similar to tetralin. However, compared to tetralin, it has
an extremely slow breakdown rate of the coal structure. The equilibrium extraction for 1-
methylnaphthalene was 30.7 wt% at 408 °C, which is very close to that (31.9 wt%) in tetralin.
The extraction and coal structure breakdown stages of the Illinois #6 coal liquefaction in 1,2,3,4-
tetrahydroquinoline, however, were indistinguishable.

A hydrogen atmosphere increases the thermal (uncatalyzed) conversion of Illinois #6, but
had no effect on Wyodak-Anderson subbituminous coal. This is apparently due to the catalytic
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effect of pyrite (or pyrrhotite derived from the pyrite) in the Illinois #6 coal, since this coal
contains substantial amounts of pyrite whereas the Wyodak-Anderson coal contains only trace
amount of pyrite.

Liquefaction yields and rates of coal structure breakdown are greatly increased by the use
of a strong hydrogen donor solvent in which most of the hydrogen is contributed by the solvent
rather than molecular hydrogen, suggesting that hydrogen transfer from the solvent is the rate-
determining step in uncatalyzed coal liquefaction.

The order of the hydrogen gas effect on the Iilinois #6 coal liquefaction for different
solvents was decahydronaphthalene ~ 1-methylnaphthalene > tetralin > 1,2,3,4-
tetrahydroquinoline. The stronger the hydrogen donor solvent, the less the hydrogen gas effect.
When a poor hydrogen donor solvent was used and a hydrogenation catalyst either was present
in the coal itself (for example, pyrite in the Illinois #6 coal) or was added (such as sulfided
molybdenum naphthenate catalyst), hydrogen is predominantly contributed by molecular
hydrogen.
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Table 1 Effect of solvent on the thermal and catalytic liquefactions of the [llinois #6 and Wyodak-Anderson coals in 1000 psig N2 or H2

Sample Coa! Solvent T t Gas  Catalyst X o B8 v
C min wi%

[Note 1] [Note 2]
DOEOD Illinois #6 Tetralin 3% 30 N2 No 42.6 1.09 1.53 1.41
DOEO? Illinois #6 Tetralin 3% 30 H2 No 46.3
DOE14 inais #6 Tetralin 392 30 H2 Yes 65.3
DOE09 [llinois #6 Tetralin 404 30 N2 No 54.4 N.A. 1.31 N.A.
DOEl16 [linois #6 Tetralin 402 k) H2 Yes 71.2
DOEI0 [linois #6 Tetralin 422 30 N2 No 59.9 N.A. L.29 N.A.
DOEI? [linois #6 Tetralin 418 30 H2 Yes 771
DOE14 1llinois #6 1-methylnaphthalene 398 1o N2 No 24.7 1.41 2.3 1.58
DOE15 Winois #6 1-methylnaphthalene 396 10 H2 No 349
DOELS [Hinois #6 I-methylnaphthalene 395 10 H2 Yes 55.1
DOEIS [llinois #6 1-methylnaphthalene 409 30 N2 No 337 1.63 1.97 1.20
DOE18 Illinois #6 1-methylnaphthalene 412 30 H2 No 55.1
DOE18 1lkinois #6 1-methylnaphthatene 412 30 H2 Yes 66.4
DOE!§ [tlinois #6 THQ [Note 3] 412 30 N2 No 85.6 1.00 N.A. N.A.
DOEI8 [linois #6 THQ 415 30 H2 No 85.5
DOE23 Ilinois #6 Decahydronaphthalene 400 30 N2 No 222 1.4% N.A. N.a.
DOE2} 1inois #6 Decahydronaphthalene 400 30 H2 No 330
DOED8 Wyodak-Anderson Tetralin 392 k] N2 No 39.6 Lot N.A. N.A.
DOEOR Wyodak-Anderson Tetralin 3% 3o H2 No 39.8
Notes:
L. Catalyst: Molybd hth equi 100.9 wt% Mo) sulfided in-situ by methyl disulfide.

2. X: Liquefaction conversion on the daf (dry-ash-free) basis.
3. THQ: 1.2,3,4 - Tetrahydroquinoline :

964

4




-
=)

<

g

8'30

E

©20
-
L

.10 o: 30°C ]
x: 358°C

[« 1 2 3 4 5 8 7 8 4 10

time, min
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Figure 4 Conversion vs. time curves of the thermal liquefaction of Illinois #6 coal in 1,2,3,4-
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CONTRIBUTION OF MINERAL MATTER TO LOW TEMPERATURE
LIQUEFACTION MECHANISMS.

Shona C. Martin, Harold H. Schobert
Fuel Science Program, The Pennsylvania State University, University Park, PA 16802
Keywords: Low rank coals, mineral matter, low temperature liquefaction.

Introduction

The pathways by which coal macromolecules can be depolymerised to give lighter
products have long been sought by coal scientists and the precise roles of individual functional
groups in the reactions which occur during liquefaction are still not clear. Generally, radical
reactions for hydrogen incorporation are dominant at temperatures = 350 °C. However, reactions
of coals are not necessarily limited to free radical processes. Recently, the existence of non-
radical pathways has been proposed, upon the observation of a higher gas-phase Hp consumption
observed in comparative non-catalytic runs with raw and dried low rank coals at 350 °C [1].
However, the preliminary data largely ruled out the possibility that, under the conditions
employed, there was non-radical incorporation of molecular H2 into coal. It was therefore
proposed that the reaction of H2 may be mineral matter catalysed.

To date, the exact role of much of the mineral matter in coals remains unclear {2-4].
These mineral and inorganic species can act as catalysts or poisons during liquefaction depending
on reaction conditions. The physical role of minerals could be to block access to pores or
reaction sites. Conversely, the chemical roles of inorganics include: clays which can act as
cracking catalysts and the hydrogenation catalyst, pyrite. Catalytic activity, mainly attributed to
pyrite, is well documented {2, 5]. Conversely, removal of naturally occurring anions such as
Nat, Ca2* and K* has been shown to enhance liquefaction conversions [4,6 and several authors
have observed a favorable influence of demineralization on coal depolymerization. Shams et al.
[7] reported that the treatment of coals with methanol and HCL removes virtually all of the
calcium species, leading to retardation of the retrogressive reactions Ca was proposed to catalyse.

The aim of the work reported here was to evaluate the nature and distribution of coal
mineral matter in both untreated and treated (demineralized) samples of Wyodak coal, and
consider the influence of these compounds by assessing their possible catalytic effect. To date, a
series of experiments has been undenaken to compare the effect of demineralization on coal
conversion at low temperatures (ca 300-350 °C), where preliminary results indicated that
conversions were comparable upon pretreatment.

Experimental :

Demineralization Wyodak coal (DECS-8) , <60 mesh, was obtained from the Penn
State Coal Sample Bank; proximate and ultimate analyses are listed in Table 1[8].
Demineralisation was facilitated by successive acid treatments. The first stage was an HCl wash
(10 ml per gram of coal) to remove any alkaline earths which would form insoluble fluorides at
the HF wash stage. This was stirred at 60 °C for 1 hour, filtered and washed. In the second
stage, a 40% HF solution (10 ml per gram of coal) was digested at 60 °C for 1 hour. The final
sample was thoroughly washed with distilled water to ensure removal of residual HF. The
filtrate was tested with AgNO3 to indicate the presence of any residual chloride ions.

ICP-AAS Both the untreated and demineralised samples were analysed by ICP-AAS to -
more clearly identify the mineralogical distribution changes upon acid treatments. Samples were
ashed at 950 oC and the ash dissolved using a lithium metaborate fusion technique. Solutions
were then analysed using a Leeman Labs PS3000UV inductively coupled plasma
spectrophotometer (ICP).

Liquefaction The demineralised coal simples were dried in a vacuum oven at 110 °C
for 2 hours prior to use. Liquefaction was carried out in a 25 ml tubing bomb with ca 4g coal, at
300 and 350 °C, 1000 psi Hy or N2 for 30 min. When solvent was present, the coal:solvent ratio
was 1:1 w/w; both H-donor (tetralin) and non-donor solvents (1-methyl naphthalene) were
uiilised. The gaseous products were collected and analyzed by GC; the liquid and solid products -
were recovered and separated by sequential Soxhlet extraction into n-hexane solubles (oils),
toluene solubles (asphaltenes) and THF solubles (preasphaltenes). The THF-insoluble residue
was washed with acetone followed by n-pentane to remove any residual THF. All recovered
products were finally dried under vacuum at 110 °C for ca 10 hours. The conversion of coal
into soluble products and gases was calculated on the basis of recovered THF-insoluble residue
and reported on a dmmf basis. Residues were further analysed by TR and 13C NMR.

FTIR Fourier transform infrared (FTTR) spectra of the demineralised coal and
liquefaction residues were recorded on a Digilab FTS-60 spectrometer by co-adding 400 scans at
aresolution of 2 cm-l. The samples were prepared as KBr discs; predried sample (3 mg) was
mixed with KBr (300 mg). All spectra were baseline corrected.
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13C NMR Solid state 13C NMR specira were recorded on a Chemagnetics M-100 NMR
spectrometer using the cross polarization magic angle spinning (CP-MAS) technique. The
measurements were carried out at a carbon frequency of 25.1 MHz.

Results and Discussion

ICP-AAS

’ As summarised in Table 2, metal concentration was determined by ICP-AAS in the
normal and demineralised Wyodak coal samples. Ash was determined as 8.94 wt%. Upon
demineralisation, ash concentration fell to ca 0.37 wi%, with the corresponding metal
concentrations as indicated. All values are expressed in weight percent on an ash basis with the
exception of HTA, which is on an as-received basis.

Liquefaction Data

Results for the reactions conducted at 350 °C, both in the presence and absence of
solvent, are reported in Table 3. For purposes of initial comparison, these will be discussed with
respect to data with untreated Wyodak coal [1]. It is clearly demonstrated that demineralization
imparts no seriously detrimental effects on liquefaction under such conditions.

The overall conversions and liquid product distribution indicates that the most significant !
changes occur in the presence of solvent, both H-donor and non-donor. In the absence of
solvent, conversion can be considered to be solely due to pyrolysis, i.e. there are no solvent
dissolution or H donation contributions, Higher conversion is the result of increased gas yield
rather than liquid yield and quality. This may be derived from 1wo contributions. 1f the reduction
in Fe concentration, as highlighted by 1CP, also comprises pyrite, this would account for the
decrease in liquid yield. Moreover, if the increased gas make is due to COp, removal of the
mineral matter may be considered to promote more facile pyrolysis of -COOH versus -COO-M+.

Reaction in the presence of the non-donor solvent, 1-methyl naphthalene, results in
increases in both gas and liquid yield relative to the no-solvent situation. With "normal” coal and
1-MN, the increase in liquid yield for the raw coal is 5.1%. Presumably this increase is the
"extra" liquid dissolved out by the solvent. With demineralised coal and 1-MN, the increased .
liquid yield is 12.4%. Therefore, the solvent is undoubtedly better able to dissolve material from
the demineralised coal. This suggests that there is improved access of the solvent to the coal
interior upon removal of mineral species.

The best liquid conversion, defined by oil concentration as a fraction of the total liquid g
yield, occurs upon reaction with tetralin. This is not surprising because tetralin is an H donor,
thus any enhancement in tetralin conversion relative to 1-MN can be attributed to H donation. {
The increase in liquid yield for normal coal in tetralin, relative to 1-MN, is 7.4%; the increase for
demineralised coal is 8.6%. The difference in these numbers is within experimental crror, +3%,

. hence demineralisation has no effect on H transfer from tetralin and there is no mineral matter
catalysis of H donation.

Table 4 summarises the results of liquefaction conducted under an inert N2 atmosphere
and those facilitated in Hy. No significant deviation in overall conversion or product distribution
was observed, even in the presence of solvent.

There are similarities between the results presented here and those of other studies, not
necessarily limited to demineralised samples. Tomic and Schobert [9] also observed solvent
effects under mild liquefaction conditions of subbituminous coals; the addition of a solvent was
observed to enhance conversion relative (o the reaction with no solvent, similar to the results in )
Table 3. And if, indeed, pyrite concentration has been reduced, the results in Table 4 confirm
those reported by Tomic and Schobert [9}, Artok [10} and Huang [11] who similarly reported
that utilization of Hp(g) is inetfective without a good hydrogenation catalyst, as illustrated by the
similarities in the comparitive Hz and Np runs. Serio et al. [4], also reported enhanced
conversion for low rank coals following demineralization. This raises questions as to possible
contribution of mineral species to low temperature liquefaction mechanisms. Joseph [6] ascribed
this phenomenon to cations inhibiting hydrogen transfer from donor solvent/gaseous hydrogen 10
free radicals, in effect promoting retrogressive reactions. Therefore, it could be that the absence
of these species allows for better access to reactive sites in the coal interior.

FTIR Comparative FTIR spectra of the normal and demineralised coal and associated
residues are shown in Figures 1 and 2. The spectrum of the whole demineralised coal indicates
the presence of most of the groups of interest in this study.

Hydroxyl groups at ~ 3300-3600 cm-!
Aromatics 3030 cm-! and associated bands at 1450-1600 cm-t
Aliphatics 2920, 2850 cm-!
Carboxylic acids 1710-1760 cm-1
Conjugated Ketones 1715 cm-1
Esters 1712-1735cm-!
(present as a shoulder on the C=0 band)
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After reaction under Hp at 350°C, the most notable feature of the whole product spectrum
is a decrease in hydroxyl concentration, in part attributed to a loss of H20. Further examination
of the THF-insoluble residue from this experiment confirms the loss of OH functionality coupled
with the disappearance of the ester shoulder. The FTIR spectrum of the THF-insoluble residue
from the reaction conducted with tetralin displays somewhat contrasting features. The carboxyl
stretching region is much broader; moreover, the ester shoulder is more pronounced and the
carbonyl region is much more defined.

The FTIR spectra of the THF-extracted raw coal and the residues from the runs conducted
at 350 °C under N7 demonstrated that under all conditions, i.e. both in the presence and absence
of solvent, no marked changes were observed. The residue from these sets of experiments is
currently undergoing further analysis by Py-GC-MS, to evaluate in more detail the fundamental
differences in speciation resuling from non-catalytic treatment under different regimes.

Solid State 13C NMR The 13C CP-MAS spectra of the normal and demineralised coal
is shown in Figure 3. The 13C CP-MAS spectrum of the demineralised Wyodak displays many
similarities to that of the untreated coal. The region between 0 and 80 ppm consists primarily of
aliphatic carbons, e.g. methoxy groups and the symmetry of this band should be noted. The
second region of interest between 90 and 170 ppm is due to the presence of aromatic carbon. The
shoulders present on the side of the aromatic band may be attributed to specific functionalities,
e.g. catechol groups (at 142 ppm) and phenolic groups (at 152 ppm). The carboxylic
functionality is prominent at 180 ppm, similarly for the carbonyl at ca 210 ppm. In the aliphatic
band, the symmetry observed for the parent coal is lost, and the appearance of a shoulder at ~25
ppm is observed. This may be attributed to a number of groups, including CH3-Ar side chains
(20-21 ppm). Furthermore, the distinct shoulders observed in the aromatic region have virtually
disappeared, indicating a loss of oxygen functionalities.

Conclusions

As anticipated, relative to runs at 350 °C with untreated coal, demineralisation affords
higher overall conversions; this trend becomes more apparent when either an H-donor (tetralin)
or non-donor (1-mn) solvent are used. Specifically, there is no evident mineral matter effect on
solvent H donation. Thus, initial results between the two sets of data suggests that the reactions
undergone at 350 °C are not mineral matter catalyzed.

With respect to mineral matter identification, further ICP-AAS studies have been
conducted, in association with CC-SEM and XRD determinations to identify the mineral phases
and species contributing to possible low temperature hydrogenation mechanisms.
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Table 1. Analysis of Wyodak Subbituminous Coal (DECS-8).

Proximate Analysis Ultimate Analysis
(as received) . (wi%, dmmf basis)
Vol. Fixed Ash Moisture C H N S (6}
Matter  Carbon

324 29.3 9.9 28.4 75.8 5.2 1.0 0.5 17.5
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Table 2. Spectrochemical Analysis of Normal and Demineralised Wyodak Coal Samples

by ICP-AAS.
Metal Concentration (wt%)
Sample Ash Fe Ca Mg Na K
Normal 8.94 5.53 132 3.02 1.12 0.78
Demineralised 0.37 56.8 9.23 1.51 0.20 0.24

Table 3. Results of Non-Catalytic Liquefaction of Normal and Demineralised Wyodak Coal
at 350 oC for 30 min. Under 6.9 MPa Hj.

Pretreatment | Solvent Product Distribution (% dmmf basis)
Gas Qil Asph Preasph % Conv.

- - 33 2.1 2.6 45 12.5
demineralised - 10.0 0.8 0.4 5.3 16.6

E Tetralin 4.2 41 7.6 10.0 25.9
demineralised " 12.0 7.1 6.3 14.4 40.3

- I-MN 4.0 1.1 5.8 7.4 18.3
demineralised " 7.7 5.6 3.3 10.3 26.9

Table 4. Results of Non-Catalytic Liquefaction of Demineralised Wyodak Coal at 350 °C
for 30 min. Under 6.9 MPa Hy and Np.

Gas Solvent Product Distribution (% dmmf basis)
Gas Qil Asph Preasph % Conv.
H, - 10.0 0.8 0.4 5.3 16.6
Ny - 10.7 1.2 0.7 5.2 17.8
Hz Tetralin 12.0 7.1 6.3 4.4 40.3
Njo " 10.4 10.3 3.6 17.8 42.1
Hz 1-MN 7.7 5.6 33 10.3 26.9
Nop " 8.7 5.8 1.4 8.4 24.4
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Figure 1. FTIR Spectra of (a) normal and (b) demineralised Wyodak Coal.
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Figure 2. FTIR Spectra of THF-Insoluble Residue from Reaction of Demineralised Wyodak
Coal in (a) Absence of Solvent, (b) Presence of Tetralin and (c) Presence of 1-MN.

Figure 3. 13C CP-MAS Specira of (a) Normal and (b) Demineralised Wyodak Coal.
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SOLVENT RECYCLABILITY AND HYDROTREATMENT SEVERITY
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(701) 777-5000

Keywords: Direct liquefaction; solvent recyclability; hydrotreatrnent severity
INTRODUCTION

A multistep direct liquefaction process specifically aimed at low-rank coals (LRCs) has been
developed at the Energy & Environmental Research Center (EERC). The process consists of a
preconversion treatment to prepare the coal for solubilization, solubilization of the coal in the solvent,
and polishing using a phenolic solvent or solvent blend to complete solubilization of the remaining
material. The product of these three steps can then be upgraded during a traditional hydrogenation
step. . .

Research was performed to address two questions necessary for the further development and
scaleup of this process: 1) determination of the recyclability of the solvent used during solubilization
and 2) determination of the minimum severity required for effective hydrotreatment of the liquid
product. The research was performed during two tasks, the first consisting of ten recycle tests and the
second consisting of hydrotreatment tests performed at various conditions.

EQUIPMENT

The EERC's time-sampled, batch autoclave system was used during these studies. The system
is capable of close-coupled multistage operation. It can be configured to multiple designs with reactor
sizes ranging from 1-8 L. Maximum operating conditions are 7500 psig and 510°C. System control
and data acquisition are computerized, with the operators and computers located at a control panel
separated from the high-pressure, high-temperature system by a steel barricade.

COMPOSITE SOLVENT

Different solvents have proven to be more effective in different steps during the multistep
process. It is important that the solvent(s) chosen for the Task 1 testing 1) have the hydrogen donor
characteristics needed during the pretreatment and solubilization steps, 2) have the characteristics of
the phenolic solvent during the polishing step, and 3) be easily separable from heavier streams for
recycling purposes. To meet these criteria, a composite feed solvent was prepared for the recycle tests
using equal quantities of phenolic solvent (cresylic acid) and a light fraction of hydrogenated coal-
derived anthracene oil (HAO61).

The solvent recycling scheme is summarized in Figure 1. The solubilization solvent initially
consisted of equal parts of phenolic solvent and HAO61 light fraction. Heavy fraction HAO61 was
added to the product slurry of the polishing step to serve as the vehicle solvent for the hydrotreatment
step. The entire mixture was distilled to remove the phenolic solvent, HAO61 light fraction, and light
coal-derived liquids (CDLs). The light materials were then recycled to the pretreatment and polishing
Steps. :

SOLVENT RECYCLABILITY TESTS

Ten solvent recyclability tests were performed. In the first test, feed coal and composite solvent
were pretreated at 175°C under 1000 psig (cold-charge pressure) CO in the presence of H,S for
60 min. The pretreated siurry was solubilized at 375°C under 1000 psig (cold-charge pressure) CO
and H,S for 60 min. The product of the solubilization step was polished with additional phenolic
solvent under 1000 psig (cold-charge pressure) H, for 20 min at 435°C. The polished product slurry
was combined with a vehicle solvent and distilled to remove water, solubilization solvent equal to the
amount added in the polishing step, and oxygenated light CDLs. If hydrotreatment were part of this
task, the bottoms from this distillation would go to the hydrotreatment step. The solubilization solvent
was recycled to the pretreatment step for the next test. This scheme was repeated for all ten multistep
tests.

Material balances were calculated for all of the processing steps during the solvent recyclability
tests. The recoveries for each of the steps were similar. The liquid balance for the
pretreatment/solubilization step ranged from 90.4% to 91.7% and from 95.9% to 97.7% for the
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polishing step. The overall mass balances for the pretreatment/solubilization step ranged from 96.0%
100.4%, for the polishing step from 98.2% to 99.2%, and for the distillation step from 96.3% to
99.6%. The consistency of the mass balances is indicative of the operational stability of the system.
Overall mass balances of at least 96.0% indicate that significant leaks or spills that might have skewed
the data did not occur. The data appear to reliably describe the process.

Table 1 shows the distillate yields and solvent balances for each of the solvent recyclability tests.
During the original distillation, some of the distillable material from the third test was not collected
because of a pressure transducer problem caused by an unexpected power outage. The distillation
bottoms were redistilled, and the additional material collected was added to the recycle solvent stream
used in the sixth test feed slurry. The table shows that as a result of the lower fraction of light distillate
present in the fourth and fifth tests, solvent recovery dropped from approximately 15% excess solvent
to about 5% excess solvent. Excess solvent was produced in €ach of the tests, with an average excess
solvent production for all tests of 16.8 wt%. Excluding the low solvent balances for the fourth and
fifth tests, the average excess solvent produced was 19.48 wi%.

Detailed analyses were performed to determine the changes in composition of the light solvent
as it was recycled during the recyclability tests. Two types of analyses were performed. The first
determined the relative aromatic concentration in the recycle solvent, providing an indication of the
ability of the solvent to maintain its hydrogen donor characteristics during processing. Fourier-
transform infrared spectroscopy (FT-IR) was used for this analysis. Table 2 shows that the number
of aromatic C-H bonds did not change significantly during the test sequence, indicating that the solvent
maintained its hydrogen donor capabilities. The second analysis determined the cresol (or equivalent)
concentration in the solvent. The results of this analysis are plotted in Figure 2. As is easily seen from
the plot, the cresol concentration appears to be approaching a constant value of approximately
32%-34% wi% of the recycle solvent stream. This concentration agrees with that attained during
direct liquefaction research performed in 1983 at the EERC, which indicated that solvent lineout
occurred at about 32 wt% phenolics after 40 passes through the system.

Several conclusions can be drawn from the solvent recyclability test results:

o The system is operationally stable. Even when some solvent was not removed for recycle (as
in Test 3) or was added back as additional solvent (as in Test 6), little change in product
quality was observed.

= Excess solvent was produced for each multistep test.
« Product yield structures were fairly constant for all tests.

s The process produces recycle solvent consisting of approximately 32%-34 wt% cresol (or
equivalent).

s The recycle solvent maintains its hydrogen donor capability.

In general, the tests showed that it is possible to produce a consistent, viable recycle solvent
stream using the EERC multistep direct liquefaction process.

HYDROTREATMENT SEVERITY TESTS

The purpose of the hydrotreatment severity study was to determine the lowest-severity
hydrotreatment conditions that produce high-quality liquid product. A statistical approach to data
collection was used so as to predict the lowest-severity conditions in a relatively small number of tests.
The results of this type of experimental matrix can be statistically analyzed to develop mathematical
equations describing the process. A factorial design consisting of ten tests was employed to test the
effects of temperature, pressure, and residence time on product quality Maximum or minimum
conditions of each factor were tested for eight of the tests; tests were performed at temperatures of
either 405° or 445°C, at pressures of either 1920 or 3080 psig, and at reaction times of either 34 or
112 min. Two tests were performed at center point conditions (425°C, 2500 psig, and 73 min) to
determine lack of fit of the equations. The matrix was randomized 10 minimize skewing of data that
can occur when one variable is held constant for several tests in a row. The liquid product from
solvent recyclability Tests 1, 2, 4, and 6 were combined into a single sample to be used as the
feedstock for the hydrotreatment severity tests. For each test, composite feed and sulfided
Shell 424 catalyst were hydrotreated at experimental matrix-specified conditions.

The analytical and mass balance data from the hydrotreatment severity tests were used to
calculate various product quality indicators, including the saturated molar H-to-C ratio of the
hydrotreated product; the percent improvement in saturated molar H-t0-C ratio of the product over that
of the solubilized feed slurry; the distribution of product as pot residue, middle oil, light oil, and cold
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trap liquids; the hydrogen consumption of the hydrotreatment step; the yield of hydrocarbon gases from
the hydrotreatment step; and the ratio of hydrocarbon gas yield to hydrogen consumption.

The product quality indicators were analyzed using regression analysis. The effect on product
quality of each operating parameter or combination of parameters was determined for each indicator
by using both backwards elimination and stepwise regression analyses. During a regression analysis,
the degree of effect of all independent variables and their combinations on the dependent variable is
determined. When the backwards elimination procedure is employed, the independent variable having
the least (statistically) significant effect on the dependent variable is dropped. The procedure is
repeated until the remaining independent variables are all considered to significantly affect the
dependent variable. The stepwise procedure is the reverse of the backwards elimination procedure,
in that independent variables are added until one is found not to be statistically significant. The

" mathematical equation indicated by both regression procedures describes the combined effect of the
independent variables on a given dependent variable. Each equation was checked for statistical lack
of fit to the data. All of the equations were found to fit the data at a 90% confidence interval.

Spreadsheets were constructed for each product quality indicator by inputting values of the
operating parameters over their ranges and calculating the value of a given product quality indicator
using the mathematical equation derived during statistical analysis. Nonsignificant operating
parameters were held constant at their center point values during these calculations. The calculated
product quality indicators were plotted to show what their values would be at various operating
conditions that were not actually tested.

The plots showed that a high hydrotreatment temperature (about 440°C) results in the production
of hydrocarbon gases at the expense of the production of desirable liquid products, especially when
reaction time exceeds 100 min. The plots also showed that an increase in pressure improves total liquid
yield.

The various plots were compared to determine the lowest-severity set of conditions that would
result in the optimum values for the majority of the product quality indicators. The lowest-severity
conditions were determined to be: 405°C temperature, 3000 psig pressure, and 60 min reaction time.
A test was performed at these conditions to verify the accuracy of the predictions. The predicted
values for each of the product quality indicators are compared with the actual values calculated for the
test in Table 3. The data show that the equations predicted the product quality indicator values fairly
accurately.

The hydrotreatment temperature at which the verification test was performed was at the lower
end of the valid range of the predictive equations. The effect of lowering the temperature below 405°C
cannot be determined. Therefore, it is possible that an even lower temperature might effectively
hydrotreat the liquid product from the multistep process.

Interpretation of the hydrotreatment severity data led to the following conclusions:

s The mathematical equations derived during statistical analysis of the data effectively predicted
the effects of changing the hydrotreatment operating parameters on product quality.

s The composite solvent used during the solvent recyclability test sequence produced solubilized
material that could be as effectively hydrotreated as the product of batch tests using optimal
solvents for each test.

v Because the production of appropriate distillate material is crucial to a favorable yield
structure, it is doubtful that hydrotreatment reaction severity can be reduced by reducing
operating pressure. Reductions in hydrotreatment severity must therefore come from
reductions in either temperature or reaction time or both.

* Reaction time can probably be reduced to approximately 30 minutes without a substantial
reduction in product quality.

* It may be possible to reduce hydrotreatment temperature to less than 400°C while maintaining
desired product quality and yield.

Itappears that the EERC multistep direct liquefaction process produces a liquid that requires less
* severe hydrotreatment conditions than are employed during traditional direct liquefaction processing.
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TABLE 1

Distillate Yields and Solvent Balances for Task 1 Tests

Hydrotreatable Solubles, wt% maf*

Solvent Yield,
Test No. Liquid Basis® Gas Basis® wt% maf Solvent Balance, %

1 79.52 87.02 42.01 116.42°
2 71.23 86.49 68.17 127.75
3 86.00 86.08 46.27 118.57
4 86.02 85.00 13.67 105.47
5 82.61 83.08 17.12 106.80
6 83.35 79.63 49.53 120.00
7 79.57 83.83 39.52 115.84
8 72.86 79.86 44.88 118.07
9 75.90 79.44 45.03 117.96
10 81.60 81.69 47.20 121.22

Average 79.87 83.21 41.34 116.81

* Weight percentage of moisture- and ash-free coal fed to the system.
® Yield calculated from liquid stream mass balance data.
© Yield calculated by subtracting the gas yield from unity.

TABLE 2

Relative Aromatic Concentrations in Recycle Solvent

Test Number C-~H Absorbance
1 0.35
4 0.34
7 0.36
10 0.35

o

TABLE 3

Predicted and Actual Product Quality Indicator Values for the Verification Test

Product Quality Indicator Predicted Value Actual Value
Saturated Molar H:C 0.3252 0.3306
H:C Improvement, % 48.33 50.82
Pot Residue, wt% of product slurry 10.78 7.72
Middle Oil, wt% of product slurry 80.42 86.16
Light Oil, wt% of product slurry 5.23 1.43
Cold-Trap Liquids, wt% of product slurry 2.91 4.69
Hydrogen Consumption, % 2.97 1.96
Hydrocarbon Gas Yield, % 0.41 0.36
0.1268 0.1822

" HC Gas Yield:H, Consumption
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EFFECT OF A CATALYST ON THE SOLVENT-FREE
LIQUEFACTION OF DECS-17 COAL

R.P. Warzinski, B.C. Bockrath, G.A. Irdi, H.B. Booher, and A.W. Wells
U.S. Department of Energy
Pittsburgh Energy Technology Center
P.O. Box 10940
Pittsburgh, PA 15236.

Keywords: Coal liquefaction, molybdenum sulfide catalysts, reaction mechanism

INTRODUCTION

Dispersed catalysts are important factors in efforts to improve the first stage of direct coal
liquefaction processes. Understanding the role of these catalysts is vital to improving their
performance. Prior work at the Pittsburgh Energy Technology Center has been devoted to
studying the role of a dispersed catalyst, apart from that of added solvent or vehicle, in the first
stage of liquefaction (1). In that work, Mo(CQ), was found to be an excellent precursor for
generating dispersed MoS,-containing catalyst for the solvent-free liquefaction of coal

In the work reported here, solvent-free thermal and catalytic microautoclave experiments with
DECS-17 coal were performed at various residence times to investigate the role of the MoS,-
containing catalyst formed from Mo(CO);s in the initial stages of the liquefaction process. A
temperature slightly above that where pronounced catalyst-induced hydrogen uptake was
previously observed (375°C) was used in this study. The focus of this paper is on the
characterization of the THF-insoluble products. These products were characterized by organic
petrology, oxygen speciation analysis, solid-state *C NMR, and elemental analysis. A more
complete account of this work and of similar experiments conducted at 350°C and 400°C is not
possible here but will be reported at a later time.

EXPERIMENTAL

All experiments were performed with DECS-17 (Blind Canyon) coal from the Penn State Coal
Sampie Bank. The elemental analysis (on a dry basis) provided with the coal was as follows:
76.3% carbon, 5.8% hydrogen, 1.3% nitrogen, 0.4% sulfur (0.02% pyritic sulfur), 6.6% ash,
and 9.7% oxygen (by difference). The moisture content of the as-received coal was 3.7%.
Because this coal contains low levels of pyrite, the influence of native catalyst precursors is
minimized.

Microautoclave liquefaction experiments were performed according to previously described
procedures in 316-stainless-steel microautoclaves of approximately 46 cm® internal volume (1).
Separate microautoclaves were used for thermal and catalytic experiments to avoid residual
catalytic effects. In the experiments reported here, 6.6 g of coal was used along with a
hydrogen/3% hydrogen sulfide gas mixture at 7.2 MPa (1030 psig) cold pressure. In catalytic
experiments, Mo(CO), was used as the catalyst precursor and was simply added to the
microautoclave along with the coal at a level of 1000 ppm Mo based on daf coal. Slow heat-up
to a reaction temperature of 375°C and a rapid cool-down were employed. The heat-up time was
approximately 55 min. Residence times at temperature of 0, 30, and 60 min were used. All
experiments were performed at least in duplicate and the respective products combined to
prepare sufficient quantities for subsequent characterization. The products were recovered
according to the referenced procedures (1).

Elemental analyses of the liquefaction products were performed at Huffman Laboratories in
Golden, Colorado. Extensive characterization of the unreacted coal and the THF-insoluble
liquefaction products was performed. This included solid-state '*C NMR spectra, obtained at
Western Research Institute in Laramie, Wyoming, following published procedures (2). Oxygen
speciation analyses were also performed at PETC. The total hydroxyl contents of the coal and
THF-insoluble products were determined by potentiometric titration following reaction with
tetrabutylammomum hydroxide. Carboxylic acid contents were determined by exchange with
barium jons under nitrogen and in a precisely calibrated buffer solution. The barium was then
reacted with standard perchloric acid which was back-titrated to determine the extent of ion
exchange.  Petrographic analyses were also performed at PETC. The vitrinite reflectance
measurements were performed on the vitrinite particles in the raw coal and 0-min residence time
samples and on vitroplast (particles derived from heated vitrinite) in the 30-min and 60-min
residence time samples according to ASTM procedure D 2798-91.




RESULTS AND DISCUSSION

In prior work with Mo(CO), and the DECS-17 coal, the onset of a catalytic effect on hydrogen
uptake was detectable at 325°C. The rate of hydrogen uptake due to the catalyst became more
pronounced near 370°C (1). In 1-h residence time experiments, the presence of the catalyst
promoted conversion of the coal to THF- and cyclohexane-soluble products at temperatures
above 325°C and 375°C, respectively. To further define the role of the catalyst, experiments
have been conducted at 375°C at residence times of 0, 30, and 60 minutes. This temperature
is slightly above that where the pronounced hydrogen uptake caused by the catalyst was
observed. To prepare sufficient quantities of material for characterization, twice the usual
amount of coal was used. The catalyst loading and initial hydrogen pressure remained the same.

Figure 1 contains the conversion results obtained for the recent experiments with 6.6 g of coal,
as well as respective conversions from the previous 1-h experiments at 375°C in which 3.3 g of "
coal was used. Part A contains the thermal conversions, Part B the catalytic conversions, and

Part C the data obtained after subtraction of the thermal conversions from the catalytic data at

each residence time. All thermal and catalytic experiments were performed at least in duplicate.

The bars on the data in parts A and B represent the range of values obtained and are shown if

they are larger than the size of the symbol.

No improvements in the conversions attributable to the catalyst are observed in Figure 1 (part

C) after the heat-up to reaction temperature (0 residence time). At the longer times, the catalyst

is effective in promoting conversion to THF-soluble products; however, a definite catalytic effect

is only observed at the longest reaction time with respect to cyclohexane conversion. With the

smaller coal charge, no significant improvement in cyclohexane conversions was noted at 60

minutes. However, at a longer residence time of 8 h (not shown here), a catalytic effect was )
observed (1). A smaller but significantly lower catalyst-promoted THF conversion was also N
noted for the liquefaction of the smaller coal charge (part C of Figure 1). This latter observation ' .‘
appears to be due to the lower thermal conversion for the larger coal sample (part A of Figure

1), indicating that in the absence of cutalyst, more retrogressive reactions occurred in the larger

coal mass. However, with catalyst, the THF conversions were nearly the same for both coal

amounts. This highlights the efficacy of the Mo(CO), precursor in forming a highly dispersed,

active coal liquefaction catalyst. Ve

A procedure has been developed that uses the pressure and temperature data recorded throughout !
the experiment to monitor the change in gas content of the reactor during solvent-free
liquefaction experiments. A description of the procedure used to obtain this representation of
the data has been published (1). Figure 2 contains these data for the current 1-h work and for
the prior work with 3.3 g of coal. The prior work also showed that the catalyst had little effect
on the gases liberated. Therefore, the thermal components, mainly liberation of CO, CO,, and
hydrocarbon gases, have been subtracted from catalytic data to obtain the curves shown in 1
Figure 2 which therefore primarily reflect the hydrogen uptake as a function of time and

temperature. The only other major influence on the data in this figure that is unaccounted for

is the liberation of water vapor from reactions associated with the catalyst.

Table 1 compares temperatures of the onset of gas uptake, both initial and rapid, and the initial
rates of rapid gas uptake obtained from the data in Figure 1.

Table 1. Onset of catalytic activity and rates of gas uptake due to the catalyst for
experiments at 375°C with various amounts of DECS-17 coal.

Amount of Coal

33g 6.6¢g
Onset of Catalyst Activity, °C 345 335
Onset of Rapid Gas Uptake, °C 360 365
Initial Rate of Rapid Gas Uptake, 0.084 0.106

mmol g*(daf coal) min’

The conversion data and the data in Table 1 show that doubling the loading of the coal had little
effect on reactivity. The total pressure in the microautoclave upon reaching reaction temperature
with 6.6 g coal charged was about 11.9 MPa (1710 psig) and the total reduction in pressure after
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1 h was 1,2 MPa (170 psi). Thus, a pseudo first-order condition with a nearly constant
hydrogen partial pressure was maintained even in the case of greatest hydrogen demand.

The change in the slope of the curves shown in Figure 2 during the reaction at 375°C suggests
that two major catalytic events are occurring during the course of the liquefaction reaction. This
is most evident in the data for the reaction using 6.6 g of coal. Near the end of the heat-up
period and for about 15 minutes into the reaction at 375°C, the rate of gas uptake is rapid. After
this, the rate of gas uptake drops by about one-third to 0.31 mmol g'(daf coal) min™. The
change in the apparent rate of hydrogen consumption could be due to different time constants
for the various reactions occurring in the liquefaction process. It was observed in thermal
experiments that the generation of gas, primarily CO, at this temperature, was confined mainly
to the early part of the reaction. The release of this gas has been associated with the onset of
thermal reactions in the coal which can lead to a more refractory product in the absence of
catalyst (3). The high hydrogen demand in the early part of the reaction may be due to the
capping of the radicals generated by these thermal reactions. After this event, the lower
hydrogen demand could be due to capping of radicals formed from the thermal reactions which
occur in parallel with those responsible for the initial burst of activity. This hypothesis is in
accord with the idea of an equilibrium between a radical pool and a reactive insoluble product
recently used by Suzuki to model the liquefaction of a low-rank coal (4). The catalyst
undoubtedly has other roles, especially in the later parts of the liquefaction process. These
include heteroatom removal, hydrogenation of aromatic systems, and hydrocracking reactions;
all of which would lead to the increase in the lighter, cyclohexane-soluble products observed
after 60 minutes (part C of Figure 1).

To obtain additional information on the role of the catalyst, a detailed characterization of the
THF-insoluble products from the reactions at 0, 30, and 60 min was performed. The following
analytical techniques were used: organic petrography, '*C solid-state NMR, an oxygen speciation
technique developed at PETC, and elemental analysis. )

Figure 3 shows the change in the H/C ratio and the vitrinite reflectance as a function of
conversion of the coal to THF-soluble products. The THF conversion increased with residence
time (see Figure 1); however, little change occurred after 30 min in the thermal experiments.
The vitrinite reflectance values were determined as part of the petrographic examination of the
vitrinite in the raw coal and the vitrinite or vitroplast in the THF-insoluble products. H/C data
were also obtained for the same samples and for a sample of the raw coal that had been
extracted with THF using the same procedure as for recovering the insoluble residue. The data
show that hydrogen is added to the residue in the presence of the catalyst and that the H/C ratio
is maintained at a level near that observed for the THF-extracted coal even up to a reaction time
of 30 minutes (part A of Figure 3). Without catalyst, the H/C ratio drops even for the 0-
residence time sample. The vitrinite reflectance measurements shown in part B of Figure 3
indicate that using catalyst results in a product that is less aromatic and therefore more reactive
than in the thermal cases. Even for the O-residence time sample, the presence of the catalyst
resulted in a reflectance value at or even less than that of the starting coal. As with the H/C
data, most of the changes in the thermal samples occur within the first 30 minutes at reaction
temperature.

The THF-insoluble products obtained from the 0-min residence time experiments still consisted
of identifiable macerals. The catalytic samples contained vitrinite particles that exhibited
rounding of the edges which may indicate that the catalyst was promoting the initiation of coal
softening. Catalytic hydrogenation has been observed to lower the initial softening temperature
of coal and extend its plastic range (3). Vitrinite reflectance measurements were also recorded
at the centers and edges of the vitrinite particles. In the thermal samples, the reflectance
measurements were nearly constant across the particles (0.70% center, 0.69% edge). The values
for the catalytic samples were substantially lower and there was a slight increase in vitrinite
reflectance from the edge areas (0.58%) to the center (0.61%). Similar observations have been
reported in the literature for coal liquefied using naphthalene as a solvent (5). The petrographic
and elemental analyses show that, even though the catalyst had not affected the yields of THF-
soluble products at 0-min residence time, significant changes had already been induced in the
coal by its presence.

The inferences drawn from petrographic and elemental analyses were strengthened by additional
information provided by solid-state ®C NMR, summarized in Figure 4. At the onset of
liquefaction, the presence of the catalyst limited the increase in the fraction of aromatic carbons
in the THF-insoluble product (part A of Figure 4) as compared to the thermal product. This

979



corroborates the vitrinite reflectance measurements shown in part B of Figure 3. With time, this
effect became more pronounced. At the longer reaction times, the catalyst exerted a definite
effect on limiting the growth of aromatic clusters in the insoluble product (part B of Figure 4).
The presence of the catalyst also resulted in lower attachments per average cluster (part C of
Figure 4) and lower molecular weights of the clusters with respect to the amount of conversion
that occurred. Liquefaction creates a hydrogen demand that is partially satisfied in the thermal
case by condensation and aromatization reactions in the residue. The catalyst provides an
alternate source of hydrogen from the gas phase, thus resulting in less condensation and
aromatization in the residue.

The effect of catalyst on the oxygen-containing species present in the THF-insoluble products
is made evident by the data assembled in Figure 5 from elemental, NMR, and oxygen speciation
analyses. Part A contains the atomic O/C ratios as a function of conversion. Only small overall
changes are noted and no overall concentration of oxygen-containing species was apparent as
more of the coal liquefied. The NMR data in part B and the results of oxygen speciation
analyses in part C show that initially the amounts of hydroxy! or phenolic substituted carbon in
the THF-insoluble products were similar to that in the starting material. Also, based on data
from the potentiometric titrations (not shown), the relative proportion of strong acids in the
THF-insoluble products from reactions with catalyst increased. Without catalyst little change
was noted.

After 30-min reaction time in the absence of catalyst, the unconverted material does not change
in regard to oxygen content or speciation. This is in marked contrast to the extensive increase
in aromaticity seen in Figure 4. Catalyst does not seem to have a profound effect on oxygen
distribution with the exception that the number of hydroxyl and phenolic substituted carbons
becomes somewhat more concentrated in the small fraction of coal left unconverted.

Part D of Figure 5 contains additional information derived from the oxygen speciation analysis
and shows that the presence of the catalyst resulted in a small but definite increase in the amount
of carboxyl groups in the THF-insoluble products. Virtually no change was observed in the
products from the thermal experiments. The carboxyl groups are not formed during the
liquefaction reaction but rather through aerial oxidation of the residues during the workup
procedure. Catalytic liquefaction apparently renders the remaining residues more susceptible
to such oxidation.

CONCLUSIONS

Solvent-free liquefaction with a well-dispersed catalyst provides an excellent opportunity to study
its effects on coal without the complications generated by excess extraneous material. The
results presented here show that a low level of catalyst addition significantly promotes
conversion and the uptake of hydrogen from the gas phase even in the early stages of the
liquefaction process. Even before the yields of THF-soluble products are affected, the catalyst
causes significant changes in the coal. Petrographic analysis of the liquefaction residues
indicates the catalyst promotes hydrogenation and softening. Solid-state *C NMR analysis
reveals pronounced differences between thermal and catalytic residues. The former are more
aromatic, contain more aromatic carbons per cluster, and more attachments per cluster. A net
effect of catalyst is to protect the unconverted material from thermal reactions leading to the
formation of a highly aromatic char. At the conditions of these experiments, reactions involving
oxygen functionalities did not seem to be greatly affected by the presence of the catalyst.
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INTRODUCTION

The aim of this work is to enhance catalyst loading and dispersion in
coal for improved liquefaction by preadsorption of surfactants onto coal.
The use of surfactants to increase the dispersion and stability of coal-
water slurries and to enhance coal beneficiation is well known.
However, the effects of surfactants on catalyst loading and dispersion
prior to coal liquefaction have not been investigated. This paper
discusses the influence of the cationic surfactant dodecyl dimethyl ethyl
ammonium bromide (DDAB) and sodium dodecyl sulfate (SDS, anionic)
on the surface properties of Illinois No. 6 coal and its molybdenum
uptake from solution.

Extensive investigations on molybdenum -and other metals as coal
liquefaction catalyst precursors have shown that more effective catalyst
loading techniques are required to attain sufficiently high levels of
catalyst dispersion in coal for liquefaction on a commercial scale. Studies
(1-3) in our laboratory have shown that the surface charge properties
of coal exert significant influcnce on the uptake, dispersion and
activities of aqueous soluble calcium and potassium catalysts that were
applied to coal char gasification. In general, the surfaces of the three
types of coal investigated were negatively charged. The surface charge
density was linked to the dissociation of coal surface phenolic and
carboxylic groups which promoted the adsorption and dispersion of
calcium and potassium ions (1, 2).

Coal surface contains both hydrophobic and hydrophilic sites. The

hydrophilic regions consist of inorganic or polar organic surface groups; -

the hydrophobic surface regions are primarily non-polar organic
moieties. When added from aqueous solution, the catalyst will be
attracted to the hydrophilic sites on the coal but it will be repelled by
the hydrophobic sites. The opposite effect will occur when a catalyst is
loaded from organic solution. In either case, a low catalyst dispersion
will result, unless the coal surface sites are controlled to optimize the
distribution of the catalyst in the coal. The current work examines the
application of surface-active agents (surfactants) for controlling coal
surface properties with the goal of enhancing molybdenum loading and
dispersion prior to liquefaction.

EXPERIMENTAL

The Illinois No.6 coal (DECS-24) used in this study was supplied by the
Penn State Coal Sample Bank. Its moisture, ash, volatile matter, and
fixed carbon contents were 13.2, 11.6, 35.4, and 39.7 %wt., respectively,
on as-received basis. It has an ultimate analysis of 11.6 % ash, 57.3%
carbon, 4.0% hydrogen, 1.0% nitrogen, 4.8% sulfur, and 8.1%wt. oxygen
(by difference). Coal-water slurries for the study were prepared by
adding 2.0g of coal to 25 mL of 0.01M aqueous solution of molybdenum
and 25 mL of 0.02M DDAB or 0.02M SDS. A set of six samples were
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prepared for each surfactant and the pHs of the slurries ranged from
about 2 to 12. Ammonium molybdate (VI) tetrahydrate (AMT) was
used as the molybdenum source. After recording the original pHs of the
coal dispersions, about 0.5mL of 1M HCI or 0.5M NaOH solution was
added to all, except one sample, to adjust the pHs to the desired values.
The samples were then shaken on a mechanical agitator for 24h,
followed by redetermination of the final equilibrium pHs. The samples
were then filtered and the filtrates were analyzed for molybdenum
using atomic absorption spectrophotometry. The molybdenum content
of the coal residues was measured by Galbraith Laboratories, Knoxville,
TN, using inductively coupled argon plasma spectroscopy. Mass balance
calculations showed good agréement between the two analytical
techniques.

To determine the effects of the coal surface charge on the adsorption of
the surfactants and molybdenum, the zeta potentials of coal slurries
containing 5g of coal per liter and deionized water were measured. The
measurements were conducted on 25 mL samples to which 25 mL of
0.2M, 0.02M, or 0.002M DDAB or SDS solution had been-added and the
pHs adjusted as described above. The samples were equilibrated for 4h
by mechanical agitation, after which the pH values were recorded. The
zeta potentials were measured at room temperature using a Pen Kem
Model 501 zeta meter. .
The interaction of the surfactants with the coal surface was studied
using diffuse reflectance FTIR. The coal samples were dispersed in
infrared grade KBr that had been dried overnight at 300°C and sieved
through a 90 micron sieve. The FTIR spectra were recorded on 10% coal
in KBr using a Nicolet Magna IR Spec 750 and 500 scans.

RESULTS AND DISCUSSION

The zeta potential results in Figure 1 show that the parent coal is
negatively charged within the pH range investigated and that the
charge density increased with increase in the slurry pH. This behavior is
attributed to the dissociation of the surface carboxlylic and phenolic
acid groups (1, 2). Figure 1 also shows that the coal particles generally
produced positive zeta potentials in the presence of DDAB. In solution,
SDS (CH3(CH2)110803 Na+) and DDAB (CH3(CH3)11N(C2Hs)(CH3)2tBr-) will
dissociate to produce anionic and cationic surfactants, respectively,
which can be denoted as ROSOj3- and R'N+. Since DDAB is cationic, the
positive charge density on the coal can be explained by the coulombic
attraction of the surfactant, and its subsequent adsorption, to the
negatively charged sites on the coal surface. In contrast to the effect of
DDAB, the zeta .potentials of the coal particles became more negative
than those of the parent coal in the presence of SDS, as shown in Figure
2. The negative charge density increased with increase in pH and in the
concentration of SDS. Since the surface of the raw coal is negative, the
adsorption of SDS must occur through the hydrocarbon chain of the
molecule, with the anionic head oriented towards the aqueous solution.

The effects of the surfactants and pH on molybdenum loading onto the
coal are shown in Figure 3. A remarkable dependence of catalyst
loading on both parameters was observed. The minimum catalyst
loading occurred on the parent, untreated coal in contrast to the DDAB-
treated coal which contained the highest molybdenum content. Around
pH 2.5, the molybdenum loadings of these samples were about 5 and 15




mg/g of coal, respectively. An -intermediate molybdenum loading (~9
mg/g coal) occurred on the SDS-treated sample.

The observed molybdenum adsorption patterns can be explained by the
electronic charges on the coal surface and on the molybdenum species.
In aqueous solution, AMT will dissociate to form various molybdenum
oxyanions which are pH dependent (4). It is reported that MogO 264~
predominates below pH 2 whereas Mo70246- exists as the dominant
species between pH 2 and 6. M0oO42- and M070246- occur in the pH 6 to 8
range; MoO42- predominates above pH 8. Thus, the adsorption of the
molybdenum species should be promoted by the positively charged
DDAB sites on the coal. It is observed from Figure 1 that at 10-3 M
DDAB, the zeta potentials are positive and become negative above ~pH 9.
At 10-2 M DDAB, the zeta potentials are positive within the entire range
of pH studied and they increased almost exponentially with increase in
pH. This implies progressively stronger adsorption of DDAB onto the coal
surface. When the DDAB concentration was raised to 10-! M, the zeta
potential increased steadily, passed through a maximum around pH 6-8,
and then decreased thereafter. This phenomenon is attributed to strong
DDAB adsorption and micelle formation. When the DDAB concentration
on the surface exceeded the critical micelle concentration around pH 6-.
8, the molecules formed aggregates with the polar head of the
surfactant oriented towards the interior of the micelle (5). This should
decrease the positive charge density on the coal, as was indicated by the
decline in the zeta potential values.

The FTIR spectra of the original, untreated coal and those onto which
molybdenum and DDAB or SDS were adsorbed are shown in Figure 4.
The FTIR spectrum for the original coal after loading with molybdenum
is provided in Figure 4A. Significant differences can be seen in the C-H
bands at 2800-3000 cm-!. The intensities of these bands are higher for
the surfactant-treated samples than for the raw coal (Figure 4B). It is
also noted that the intensity of the DDAB-treated coal (Figure 4C) is
stronger than for the SDS-treated specimen (Figure 4D). The FTIR
spectra confirmed the adsorption of the surfactants onto the coal
surface.

In conclusion, it has been shown that the adsorption of molybdenum
onto Illinois No. 6 coal (DECS-24) is significantly promoted by
preadsorption of dodecyl dimethyl ammonium bromide (DDAB) and
sodium dodecyl sulfate (SDS). The former surfactant effected higher
catalyst loading since its cationic character favored its adsorption onto
the negatively charged coal surface and promoted the uptake of
molybdenum oxyanions. This study has shown that the surface
properties of coal can be modified for effective catalyst loading onto
coal. The influence of the catalyst addition technique on catalyst
dispersion and on coal liquefaction activities will be discussed in
subsequent papers.
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INTRODUCTION ‘

With dwindling supplies of petroleum products, efforts to utilize alternative energy feedstocks
such as coal, is essential. Several areas in coal conversion technology have been identfied
that, if improved, could make coal liquefaction more cost competitive with petroleum.14 The
objectives of this project are to address possible improvements in the economics by utilizing
low-rank coals, new precursors to dispersed catalysts, and processing variations such as using
syngas atmospheres. The purpose of the dispersed catalysts is to better control retrogressive
reactions and avoid char formation, while the purpose of the carbon monoxide atmosphere is to
improve the economics by simplifying or totally eliminating a separate water-gas-shift step, and
perhaps help remove oxygen in the product slate. These possible improvements are being
examined and evaluated for potential use in a 2-stage liquefaction process with the goal of
converting coal to distillable liquids at a cost competitive to petroleum of $25/bbl.

[!

To evaluate our catalysts and process conditions, we used three types of laboratory-scale

operations. In the first operation, we compared the reaction chemistry of various ranks of (
coals and catalysts in synthetic solvents such as hexadecane. This method allowed us to better
compare our catalysts without the complications of solvent initiated chemistry. Once the
catalysts were tested in this manner, they were examined for the conversions of a Black
Thunder subbituminous coal using a recycle vehicle derived from the same coal as the solvent.
Finally, we upgraded selected first-stage conversion products using a conventional
hydrotreating catalyst to compare with recent results in two-stage coal liquefaction
development. The results were evaluated for economic feasibility through a subcontract with
Bechtel Corp.

EXPERIMENTAL

Catalysts: MolyVanL and iron oxide were received from the Wilsonville liquefaction facility.
Pentacarbonyl iron was obtained from Aldrich, and the sulfur-containing iron cluster, (u-
$2)Fe2(CO)g, referred to as Fe2Sa, was prepared by the method of Bogan et al.5 Ammonium
tetrathiomolybdate, (MoS4), was obtained from Alfa Chemicals. The organometallic
molybdenum catalyst was (CsHs)2Moa(u-SH)2(p-S)2, referred to as Mo(OM), and was
prepared by modification of the method of Dubois et al.6 Nickel biscyclooctadiene [Ni(COD)3}
was obtained from Strem Inc. The hydrotreating catalyst Shell 317, obtained courtesy of
Criterion Chemical Company, was presulfided under flowing 10% H2S/H; before use.

Coal conversions in synthetic solvents: The model coal liquefaction experiments were
conducted in a 300 mL Autoclave Engineers (AE) stirred reactor using 5.0 g of coal, 3 mmol of
catalyst, 30 g of solvent, and 500 psig (cold) hydrogen. Reaction temperatures were held at
either 400°C or 425°C for 20 minutes.

Black thunder studies: The screening experiments were conducted in a 300 mL autoclave
with conversions being run at 425°C for | hour. Two autoclaves were used, referred (o as
autoclave A and B. The properties of autoclave B are such that for a high viscosity medium the
conversions are lower in autoclave B than in A. The molybdenum based catalysts were first
screened in autoclave B, and then selected reactions were repeated in autoclave A for
comparison. The feedstock consisted of 2.5 parts by weight of recycle vehicle (50g) from
Wilsonville run #263 to 1 part Black Thunder coal (20g). The total gas charge was up to 1000
psi (cold), and contained 3% H»S. Carbon monoxide concentrations ranged from 20% to
50%. The simulated 2-stage liquefaction experiments were conducted in a 1 liter autoclave
(AE) equipped with an injection port.

RESULTS AND DISCUSSION

Coal conversions using synthetic solvents: The comparison of model coal
conversions using various catalysts for a hexadecane solvent system is presented in Table 1.
The first three liquefaction experiments listed in Table 1, were conducted at 400°C. The:
include a noncatalyzed conversion, and conversions using molybdenum (MoS4 and Mo(OM))
catalysts on an Illinois #6 coal. The fourth liquefaction experiment was conducted in tetralin,
for comparison. Most of the conversions are quite low, as expected. For instance, in the
absence of catalyst, the Illinois #6 coal was converted to 25% toluene-soluble material.
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However, in the presence of the molybdenum catalysts, the conversions were greatly
enhanced. - For instance, the coal impregnated with (NH4)2MoS4 gave a conversion of 41%
toluene-soluble material, compared to 54% for the organometallic molybdenum-impregnation
[Mo(OM)).

The remaining five experiments, conducted at 425°C using an Argonne lignite coal, compare
various soluble iron-, molybdenum-, and nickel-based catalysts. Both the soluble
organometallic iron complexes, Fe(CO)s and Fe)S2(CO)g, are effective for the low rank coals,
giving toluene-soluble conversions in the range of 40% (carbon-based yields). In previous
work we found that these catalysts gave only nominal conversions for the Illinois #6 coal. X-
ray analyses of the residues show that both catalysts were converted into pyrrhotite; however,
the iron carbony! also appeared to have been converted into elemental iron and other iron-based
products. The Mo(OM) catalyzed reaction gave a higher conversion of 49% for this lignite,
consistent with the better efficacy of Mo catalysts over Fe catalysts. Considering the organic
chemistry of carboxylates, we also decided to investigate nickel as a potential catalyst for low
rank coals. Since iron has a tendency to form dimers during decarboxylation of organic
acids,”:8 and nickel tends to promote decarboxylation without dimerization we speculated that
nickel may be a better catalyst for oxyg d coals.8 Consistent with this premise, the
conversion using a Ni-based catalyst [Ni(COD),] shows that the lignite conversion increased
from 40% with the iron catalyst to 60% with the nickel catalyst.

Black Thunder screening tests. The iron oxide catalysts were found to give poorer
liquefaction yields than either the iron carbonyl and thiolato iron carbonyl. For instance, under
hydrogen atmospheres, the iron oxides gave THF-soluble conversions in the range of 75%
compared to over 90% for the iron carbonyl and thiolato iron carbonyl. However, in the
presence of syngas, the iron carbonyl gave significantly lower yields than the thiolato iron
carbonyl catalyst. Thus the latter catalyst appears to be superior for concepts that take
advantage of the carbon monoxide chemistry, and no evidence of methanation was observed.

In a similar manner, Figure 1 illustrates the relative abilities of the MolyVanL and the thiolato
Mo catalyst for conversions of the Black Thunder coal. In this case the conversions were
conducted in Reactor B, which gives lower conversions than in Reactor A. The molybdenum
content in all cases was 500 ppm of Mo. As seen in Figure 2, the MolyVanL gave relatively
low conversions in Reactor B, but they were about the same (50%) whether in hydrogen
atmospheres or syngas atmospheres. Thus the molybdenum catalyst appears 1o be able to use
the carbon monoxide atmospheres. In the presence of the thiolato molybdenum catalyst,
however, the conversion increased from 50% with the MolyVanL catalyst to over 75%
conversion showing that the organometallic molybdenum catalyst is a far superior catalyst.

Table 2 compares the conversions using various catalysts in Reactor A. This table lists the best
iron-catalyzed conversions described above as well as results from a series of MolyVanL
conversions that were repeated in Reactor A for comparison. Prompted by the high
conversions obtained for the Ni(CODY,-catalyzed lignite conversions, we also conducted
conversions on Black Thunder coal with this catalyst. We investigated both hydrogen
atmospheres and syngas aimospheres containing 50% CO; these results are also included in
Table 2. The last column of Table 2 lists the coal conversions based on conversions to THE-
soluble materials and allows for contributions from the recycle solvent. The nickel-catalyzed
reactions both under hydrogen and under 50% carbon monoxide gave very high conversions to
THF-soluble material, with overall coal conversions in excess of 90%.

Simulated Two-Stage Conversion. A basc-line run was also conducted to simulate a
two-stage liquefaction conversion process. For this simulated conversion we used the
MolyVanL catalyst in hydrogen atmospheres, and for comparison, in syngas atmospheres. We
decided to use this catalyst as a baseline case for comparison with other work that has recently
used this commercially available oil-soluble molybdenum compound. Note, however, we have
identified other catalysts that are more active than MolyVanL. For instance our thiolato
molybdenum catalyst was found to give coal conversions of over 25% greater than that found
for the MolyVanL catalyst under mild coal conversion conditions (reactor B). Thus we expect
a significant improvement using this catalyst over these base-line conditions.

Tables 3 and 4 list the distillation yields and elemental analyses for the hydrogen atmosphere
and syngas atmosphere conversions, respectively. The conversions using the two systems
were similar, with the syngas conversion giving a slightly lighter product (C5-650°F product
contents were 47.6%) than the hydrogen conversion products (C5-650°F product contents
were 40.8%). Furthermore, the amounts of the 1000°F* fractions were similar, at 25% for the
hydrogen conversion and 28% for the syngas conversion. Although there was not enough data
using the batch results to obtain a complete economic analysis without a significant amount of
approximations, we were able to deduce some effects of the use of syngas in the first stage of
the coal conversion. For instance, we found that more value-added products are produced
(mainly phenols), the CO shift requirement is reduced, and there is an added effort in the
purification of hydrogen for the second stage reactor. The preliminary results suggest that the
benefits of syngas in the first stage slightly outweigh the disadvantages.
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FUTURE WORK

These preliminary results are encouraging, but economics need to be conducted on the best
catalysts. Additionally, we have only used hydrogen in the second stage upgrading step, and
thus not achieved the full economic benefits of syngas atmospheres. However, we feel that
with proper catalyst and process development, our methods may significantly improve the final
product quality and economics during coal liquefaction.
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Table 1

CONVERSION TO TOLUENE-SOLUBLE PRODUCTS IN HEXADECANE®

Catalyst Coal T(°C) % Tsb
None Hinois # 6 400 25
MoS4 lliinois #6 400 41
Mo(OM) Winois #6 400 54
Mo(OM)C lllinois #6 400 61
None Lignite 425 24
Fe(CO)s Lignite 425 41
FeaS2 Lignile 425 39
Mo(OM) Lignite 425 49
Ni(COD)2 Lignite 425 60

aReaction conducled in a 300-mL autoclave with 5 g coal, 3 mmol catalyst, 30 g solvent and 500 psi
Hz for 20 min at temperature.

byields calcutated on daf basis for lllinois #6 coal and on carbon basis for the tignite.

CReaction run in tetralin under identical conditions.

Table 2

DAF YIELDS OF USING VARIOUS METAL CATALYSTS IN REACTOR A?

Catalyst Atmosphere® I.:;’s‘:I Preagphaliene Asphaltene Olls CZ‘:‘IV

Recycle As received 8.7 7.5 60.9 23.2 -

Recycle 1000 psi Hp 6.7 4.4 51.3 297 -

Fe(CO)s 1000 psi Hp 5.8 75 54.9 21.7 965

Fe(CO)s 50% CO 14.9 18.7 348 254 647

Fe252(CO)e 1000 psiH; 7.6 11.8 375 244 902

Fe2S2(CO)e 50% CO 10.7 1.2 35.4 239 79.4
) MolyVanLb 1000 psi Hz 5.1 10.0 40.2 28.8 989
\ Ni(COD)2 1000 psi Ha 7.2 116 418 207 916
' Ni(COD)" 50%CO 7.4 11.8 463 233 909
Y @Reaction conducted in a 300-mL autoclave for 1 hr with 20 g Black Thunder Wyodak coal, 2% iron

metal in catalyst, 50 g recycle solvent and at 425°C. Atmosphere contained 3% HzS in Hp.
\ b500 ppm metal added.
€Total pressure 1000 psi.
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Table 3

ANALYSES OF DISTILLATION PRODUCTS FOR
Ha/H2 TWO-STAGE COAL CONVERSION®

Fraction °F Wt % C H N S H/C
C5-350 4.3 83.63 16.37 b b 2.332
.350~650 21.6 86.24 10.13 0.68 0.17 1.398
650-850 ) 14.9 87.91 9.91 0.64 0.30 1.344
850-1000 15.9 88.48 9.02 0.70 0.49 1.215
1000+ 25.0 89.80° 6.12¢ 0.97¢ ND 0.812
Ash 8.5
H20 55

2425°C, 30 minutes first-stage, 400°C, 30 minutes second-stage.
bToo low for accurate N and S determination.
CCalculated on an ash-free basis.

Table 4

ANALYSES OF DISTILLATION PRODUCTS FOR CO/Hz 1ST STAGE, Hz 2ND
STAGE TWO-STAGE COAL CONVERSION2

Fraction °F Wt % C H N S H/C
C5-350 3.5 85.10 14.34 0.5 0.07 2.008
350-650 209 85.05 10.61 0.52 0.05 1.449
650-850 23.2 88.55 9.06 0.60 0.14 1.219
850-1000 8.9 89.87 7.92 0.71 ‘ 0.24 1.049
1000+ 28.3 68.332 4.462 0.872 ND 0.778
Ash 9.6

8425°C, 30 minutes first-stage, 400°C, 30 minutes second-stage.
bCalculated on an ash-free basis.
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ABSTRACT

Exceptionally high distillate yields have previously been achieved in the direct liquefaction
of subbituminous coal using dispersed catalysts. As part of a program sponsored by the U. S.
Department of Energy, selected dispersed catalysts are being evaluated in continuous bench-scale
runs. In consequence, a laboratory test has been developed to screen candidate dispersed catalysts
and determine the optimum range of operating conditions to maximize coal conversion and
distillate yield. The objectives of the test are to simulate operation in an all-slurry mode with coal
conversion and product selectivity at least as good as that achieved in 2-stage operation at the
Wilsonville Advanced Coal Liquefaction Facility. Tests are conducted in microautoclaves using
pilot plant derived solvents and a Wyodak coal in the ratio of 1.85/1. An Fe-Mo catalyst
contained in a Wilsonville process solvent has been used as a reference. The influence of
residence time at 440 °C on 524 °C+ resid conversion has been determined and evaluations of
various Mo formulations will be discussed.

'INTRODUCTION

A DOE sponsored program is currently being conducted, in part, at the CAER to develop
viable slurry catalysts for producing a distillate product equivalent to that obtained in a run made at
the Wilsonville Advanced Coal Liquefaction R&D Facility in 1992. In the Wilsonville study, Runs
262E and 263J, Wyodak coal from the Black Thunder mine was used as feed. Unlike those runs,
which were made in a 2-stage configuration in which the 1st-stage was operated as a thermal reactor,
with a Mo-Fe dispersed catalyst, and the 2nd-stage as an ebullated bed reactor, with a Ni-Mo
extrudate catalyst,’ the objective tahe current work? is to develop a process involving an all-slurry
reactor configuration using only dispersed catalyst. By eliminating the 2nd-stage catalyst,
considerable cost reduction can be achieved if a dispersed catalyst can be found that can provide the
same level of coal conversion and product selectivity that was obtained in the 2-stage Wilsonville
operation.

Various methods for introducing dispersed catalyst precursors into the reaction system is
being investigated in this project. One approach is to impregnate the catalytic metal precursors onto
coal and activate these metals in situ. Such catalysts require that several interrelated process
parameters be optimized in order to generate active catalysts. Although Mo is an active component
in all these catalysts, the co-metals and their particular salt precursors must be defined as well as the
concentration of metal on the coal substrate. In addition, limitations on the amount of the feed coal
that must be impregnated, the conditions and reactants necessary to activate the catalyst as well as
maintain its activity in the process, and the concentration of the catalyst in the recycle stream must
be specified. The effect of each catalyst on product yields and quality must also be determined.

A catalyst screening test is being developed to facilitate the selection of catalysts and their
concentration in the reaction system. The test simulates the liquefaction performance in an all-slurry
liquefaction mode and expands upon the a catalyst screening test that was recently reported that
simulates the first-stage reactor.® The active catalyst, which is contained in the ashy resid portion
of the recycle solvent from Wilsonville Run 262E, has been used as a reference catalyst. The
performance of various test catalysts will be compared to the performance of the Run 262E catalyst,
which appears to be far more active than any others that have been tested in our Jaboratory.
Distillate yield and coal conversion are used as a measure of catalyst activity.

EXPERIMENTAL

Wyodak coal, obtained from the Black Thunder Mine in Wright, Wyoming, was ground
to -200 mesh, riffled and stored under nitrogen at 4 °C. Proximate and ultimate analyses of the
coal are presented in Table 1. Samples of the various components of the recycle solvents from
Runs 258 and 262 were obtained from the Advanced Coal Liquefaction R&D Facility at
Wilsonville, AL. All of these materials were produced at Wilsonville when the plant was
operating in a close-coupled configuration and feeding Black Thunder coal. Run 262E recycle
solvent contains sizable concentrations of iron and molybdenum resulting from addition of iron
oxide and Molyvan L to the feed slurries. This solvent had previously been described in detail.*
Molyvan L is an organic-based Mo containing material supplied by R. I. Vanderbilt Co.

Based on previous Mdssbauer studies on solids obtained from liquefaction of Black
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Thunder coal in Run 262 solvent, the iron in the THF IOM was present in combination with
sulfur as pyrrhotite. The molybdenum was presumed to be present as MoS,. A sample of THF
insoluble material in the Run 262 563 °C+ ashy resid was isolated by exhaustively extracting
with THF for 2 days.® Another sample of catalyst-enriched solids from Run 262 solvent was
obtained by filtering a THF slurry at ambient temperature. In both cases the samples were dried
overnight at 40 °C at 125 torr.

The catalyst screening tests are run in 50 mL microautoclaves in 2-3% H,S in H, at a
nominal total pressure at ambient temperature of 1350 psig which provides a hydrogen to feed coal
ratio of about 18 wt % on dry coal. Total pressure at operating temperature is approximately 2500
psig. In the test, approximately 2.4 g dry coal is slurried in a solids-free solvent mixture
comprising 33 wt % Run 258B heavy distillate (Wilsonville Vessel Number V-1074) and 67 wt %
Run 258 ROSE deashed resid (Wilsonville Vessel Number V-130). Although the deashed resid
is a bottoms cut from a 565 °C (1050 °F) vacuum tower, it still contains 8.3% 524 °C- (975 °F-)
distillate and 16.0% of the 524-565 °C fraction, as determined in our laboratory. The various
distillate cuts and feed coal concentrations in the starting mix are shown in Table 2. The ash
contents of the deashed resid and distillate materials were determined to be quite small, i.e., 0.13
wt% and 0.12 wt%, respectively.

Reactions were conducted in SO cc microautoclaves pressurized with hydrogen at ambient
temperature. After pressurization, the reactor was placed in a fluidized sandbath set at the
specified temperature and continuously agitated at a rate of 300 cycles per minute. At the end
of the reaction period, the reactor was quenched to ambient temperature and the gaseous products
collected and analyzed by gas chromatography. The solid and liquid products were scraped from
the reactor using THF and the mixture was extracted in a Soxhlet apparatus for 18 hours. The
THF insoluble material, which included IOM and ash, was dried (80 °C at 125 torr) and weighed.
The THF solubles were concentrated by removing excess THF in a rotary evaporator and
subjected to vacuum distillation using a modified D-1160 procedure, which is described
elsewhere.® The methods for calculating material balances are included in the previous
descriptions. In the following discussion, coal conversion equals 100 minus the yield of THF-~
insoluble organic material (IOM). Resid conversions are calculated as shown below, while coal
conversion is derived from the net yield of IOM.

[IOM + 524°C" Resid (maf)]pmducu
[Coal (maf) + IOM + $24°C" Resid (maf)),,,

Resid Conv = 100 [ 1-

RESULTS AND DISCUSSION

The objective of our program is to identify catalysts that warrant further testing in a
continuous recycle bench-scale operation. The criteria for a screening test are to simulate, as
closely as possible, actual process conditions that would exist under recycle operation. For that
reason, solvents were used in the test that were actually generated from Wyodak Black Thunder
coal in the Wilsonville plant. In our previous laboratory studies, the Mo catalyst contained in the
Run 262E recycle solvent was found to be the most active of any catalyst we had tested. In our
microautoclave reactors, we reported that the 565 °C+ (1050 °F+) resid conversion of Black
Thunder Wyodak coal after 22 min at 440 °C was 32%.° This essentially replicated the
conversion observed in the 1st-stage reactor in both Wilsonville Runs 262E and 263J, which were
essentially identical. The purpose for the catalyst screening test that is being developed in this
program is to identify catalysts that can match the resid conversion that was obtained after the
2nd-stage of the Wilsonville operation with the Mo catalyst contained in the Run 262E recycle
solvent.

Because of the complications associated with solids contained in the recycle solvents used
in the Wilsonville plant, our intention was to devise a reformulated solids-free solvent containing
a significant residual fraction but free of either mineral matter or accumulated catalysts. A
solvent composition was chosen comprising a 565 °C- (1050 °F-) distillate material and a
565 °C+ (1050 °F+) solids-free resid, both taken from Wilsonville Run 258. The resid
component was a solids-free 565 °C+ (1050 °F+) material produced by the ROSE-SR unit,
‘which made up only about 7% of the total plant recycle solvent. The other major component in
the Wilsonville recycie solvent was an ashy resid recycled from the vacuum distillation tower.
In the screening test, the distillate and deashed resid components are blended with feed coal in
a way to give a resid/maf coal ratio of approximately 1.1, which is similar to that contained in
the feed in Run 263J. The composition of the reaction mixture in the catalyst screening test, as
determined from distillations on the feed solvent in our laboratory, is shown in Table 2.

The reaction temperature of the catalyst screening test of 440 °C is the same as used in the
Phase I test, however, the sulfiding agent was changed from dimethyl disulfide to 2% H,S in H,
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with an initial starting pressure of 1350 psig. This provides a hydrogen to feed coal ratio of
about 18 wt % on dry coal. Total pressure at operating temperature was approximately 2500 psig.
The reaction time was selected from a series of experiments that were used to determine the time
necessary to provide the same 565 °C+ resid conversion of Wyodak coal as observed in Run 263)J.
The microautoclave runs in our laboratory were made by adding 30 wt% dry Wyodak BT coal to
Run 262E Mo-containing solvent, at a Mo concentration of 300 ppm on dry coal. The 565 °C+
resid conversion after 22, 30, 60 and 90 min were determined to be 32, 44, 47 and 52%,
respectively (see Table 3). The source of the 22 min data was above. The corresponding resid
conversions on an maf coal basis in these tests were quite high indicating a conversion even
higher than observed at Wilsonville. In a plot of log unconverted resid versus reaction time, the
60 and 90 min conversions depart significantly from a plot of the 22 and 30 min reaction results,
as shown in Figure 1. Since the resid conversions observed in Run 263J at Wilsonville was about
38%, a 30 min residence time was chosen for the test, since it most closely replicated those
results. i

To verify the validity of the catalyst test procedure for identifying active catalysts, samples
of the catalyst dispersed in the Run 262E recycle solvent were isolated and evaluated in the
screening test. This entailed isolating the catalyst-rich solids from the ashy resid portion of the
solvent. One sample was prepared using a Soxhlet extraction technique with THF as the
extracting solvent. Another sample was prepared by separating the solids from a THF-ashy resid
slurry by filtration at ambient temperature. Both materials were dried overnight at 40 °C at 125
mm Hg. The filter cake obtained from the THF slurry was found to contain 740 mg Mo/kg,
which provides a Mo/dry coal ratio of 300 ppmw in the test mixture.

In the catalyst screening test, both of these materials added to the reaction mixture at a
Mo level of 300 ppmw on dry coal gave 524 °C+ resid conversions of 23-24%, which were
significantly lower than the 40+ % expected. Although the activities were less than expected,
both samples showed activity that was well above the resid conversion activity of coal in the
absence of any catalyst, i.e., 19%. By contrast, the coal conversion to THF solubles for the Mo-
catalyst runs were much more in line with expected values, i.e., 99-101%.

As a check to determine if the unusually high 565 °C- distillate fraction in the Run 258
deashed resid or the composition of this fraction could be causing an unexpected result, a full range
recycle solvent from Run 258, i.e., Wilsonville designation V-131B, was filtered and used as solvent
in the screening test. Distillation indicated this material contained 50.2% 524 °C- distillate, 44.3%
524 °C+ resid, and 5.5% THF insolubles. The 524 °C+ resid conversion for Wyodak coal in this
solvent, to which was added filter cake to a level of 300 ppm Mo on dry coal, was 26%, as shown
in Table 4. This result is comparable to the result when using the deashed resid. For comparison,
the 18% resid conversion in the absence of any added catalyst was essentially the same as when
deashed resid was used as solvent.

Progress in developing this catalyst screening test will be discussed as well as possible
reasons for this difference in activity for catalyst that was isolated from the reaction slurry versus
catalyst that remained suspended in the solvent. In addition, results for various dispersed catalysts
in this screening tests will be presented.
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Table 1. Black Thunder Coal Analysis

Moisture 21.2 | Carbon 68.68 | Total 0.39
Ash 5.15 Hydrogen 4.76 | Pyntic 0.07
_| Volatile Matter 34.4 Nitrogen 1.21 | Sulfate 0.08
Fixed Carbon 39.3 | sulfur 0.56 | Organic 023
Oxygen (diff) 18.25 i
Ash 6.54
Ash, SO,-free 5.42
Table 2. Composition of Feed in Catalyst Screening Test
Dry coal basis,
wt %
Cut point, °C 565 524
Dry coal 35 35
Distillate, wi% at cut point 21.5 26.6
Deashed Resid, wi% at cut point 435 38.4

Run 262 Recycle Solvent
440 °C, 30 min, 1350 psig, 2 vol% H,S/H,

Table 3. Liquefaction of Wyodak Black Thunder Coal in Wilsonville

Run No.

|

J ]

Feed Composition

Coal, mf, wi% 30.0
565 °C- Heavy Distillate, wi% 30.5
565 °C+ Ashy Resid, wi% 39.5
Added Catalyst, wi% none
Mo Concentration, mg/kg mf coal 380
Reaction Results
THF Coal Conv 106 106 107
Gas Yield 22 32 32
565 °C+ Resid Conv 44 47 52
565 °C+ Resid Conv (on maf coal)| 92 98 110
H, consumption, wi% 4.6 54 5.9
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Table 4. Catalyst Screening Test Results with Added Wilsonville Run 262E
Mo-Containing Solids
440 °C, 30 min, 1350 psig, 2 vol% H,S/H,

Run No. \Y v Vi Vil Vit
Source of Run 262E extract none fitered | Soxhlet none filtered
Feed Composition
Run 262E extract, wt% none 12.4 12.6 none 12.4
Mo Concentration, mg/kg mf coal none 285 300 none 300
Coal, mf, wt% 35 31 31 35 30
Run 258 565 °C- Distillate, wt% 21.5 18.8 224 - -
Run 258 565 °C+ Deashed Resid, 436 38.1 35.3 - -
wt%
Run 258 Filtered Recycle Solvent, - - - 65 576
wt%
Reaction Resuits )
THF Coal Conv 68 99 101 77 111
Gas Yield 21 21 19 20 20
524 °C+ Resid Conv 19 23 24 18 26
524 °C+ Resid Conv (on maf coal) 41 57 59 35 58
H, consumption, wt% 1.7 4.2 3.9 19 4.3
Figure 1
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EVALUATION OF FINE-PARTICLE SIZE CATALYSTS USING
BITUMINOUS AND SUBBITUMINOUS COALS

Frances V. Stohl, Kathleen V. Diegert, David C. Goodnow
Process Research Dept. 6212
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ABSTRACT

The objectives of Sandia’s fine-particle size catalyst testing project are to evaluate and compare the
activities of fine-particle size catalysts being developed in DOE/PETC’s Advanced Research Coal
Liquefaction Program by using Sandia’s standard coal liquefaction test procedures. The first test
procedure uscs bituminous coal (DECS-17 Blind Canyon coal), phenanthrene as the reaction solvent, and a
factorial experimental design that is used to evaluate catalysts over ranges of temperature, time, and
catalyst loading. The best catalyst evaluated to date is West Virginia University’s iron catalyst that was
impregnated onto the coal. Current work is aimed at devcloping a standard test procedure using
subbituminous Wyodak coal. This test is being developed using Pacific Northwest Laboratories® 6-line
ferrihydrite catalyst and coal samples impregnated with either molybdenum or iron at Argonne National
Laboratories. Results of testing catalysts with bituminous coal will be summarized and the development of
the subbituminous coal test procedure will be presented.

INTRODUCTION

There are several potential advantages of using cheap, unsupported, fine-particle size (<40 nm) catalysts in
direct coal liquefaction. Among these are improved coal/catalyst contact due to good dispersion®” of the
catalyst, and the potential for using low quantities of catalyst (<0.5% based on the weight of coal) because
of their very high surface areas. These catalysts could be combined with the coal as either active catalysts
or catalyst precursors that would be activated in situ. Research efforts to develop fine-particle size,
unsupported catalysts for direct coal liquefaction™ indicate that the use of these catalysts could result in
significant process impro such as enhanced yields of desired products, less usage of supported
catalyst, and possibly lower reaction severities. Realization of these improvements would result in
decreased costs for coal liquefaction products.

The goal of Sandia’s project is to evaluate and compare the activities/selectivities of fine-particle size
catalysts being developed in the DOE/PETC Advanced Research (AR) Liquefaction Program by using
standard coal liquefaction activity test procedures. Since bituminous and subbituminous coals have
significantly different properties, it is feasible that catalysts may perform differently with these coal types.
Because all previous testing has been done with the DECS-17 Blind Canyon bituminous coal, it is
important to develop the capability of evaluating catalysts using a subbituminous coal. Wyodak coal from
the Argonne Premium Coal Sample Program™ was chosen for development of this test primarily because
there has been significant research work done with Argonne’s premium coals and because using existing
well characterized samples eliminates the need to collect, prepare, and characterize another coal. The
purpose of the current work is to develop a test using the Wyodak subbituminous coal.

EXPERIMENTAL SECTION

Materials. Two coals are being used in this project. DECS-17 Blind Canyon bituminous coal was
obtained from The Penn State Coal Sample Bank®. It’s a high volatile A bituminous coal with 3.74%
moisture, 0.36% iron, 0.02% pyritic sulfur, and 7.34% mineral matter (on 2 dry basis). The particle size
is -60 mesh. Subbituminous Wyodak coal was obtained from the Argonne Premium Coal Sample
Program. It has 28.09% moisture, 0.17% dry pyritic sulfur, and 9.82% mineral matter (on a dry basis
using the Parr formula). Phenanthrene is used as the reaction solvent. Elemental sulfur was added to the
reactors to sulfide catalyst precursors.

Microautoclave Reactors. Testing is performed using batch microautoclaves made of type 316 stainless
steel components. The total volume of a reactor is 43 cm’ with a liquid capacity of 8 cm®. The reactors
are loaded with 1.67g coal and 3.34g phenanthrene. If the reaction is catalytic, the catalyst loading is
either 0.5 wt% or 1.0 wt% of the amount of coal loaded into the reactor. The amount of sulfur addition (if
needed) is specified by the catalyst developer. Reactors are charged to 800 psig H, (cold eharge) and
heated to reaction temperatures in fluidized-sand baths, Temperatures, pressures and times are recorded
with a digital data acquisition system every 30 seconds during the course of the reactions. Following the
heating period, the reactors are rapidly cooled to ambient temperature in a water bath and a gas sample is
collected. The reaction data is analyzed to determine the actual reaction time and the averages and

standard deviations for reaction temperature and pressure. Heat-up times and cooling times are also
determined.
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Product Workup Procedures. The reaction products are rinsed out of the reactors with tetrahydrofuran
(THF). THF and heptane solvent solubilities are measured using a Millipore 142 mm diameter pressure
filtration device with air pressurization and Duropore (0.45 micron) filter paper. The filter cakes are
rinsed twice with THF or heptane as appropriate. After the filtrations are complete, the filter papers are
dried under vacuum at 70°C, cooled to room temperature, and weighed to determine the insoluble portions.
The THF soluble material is quantitatively sampled for gas chromatographic (GC) analysis, which is used
to determine the reaction solvent recovery and final composition. THF is removed from the solubles by
rotary evaporation prior to determining heptane conversion. The quantity of gases (CO, CO,, CH,, C,Hs)
produced in a reaction is calculated using the post-reaction vessel temperature and pressure with the ideal
gas law and the mole percents in the gas sample as determined using a Carle GC and standard gas
mixtures.

Factorial Experimental Design and Analysis. The factorial experimental design (Figure 1) evaluates the
effects of three variables at two levels: temperature (350 and 400°C), time (20 and 60 minutes), and
catalyst loading of either 0.0 wt% or 1.0 wt% of the amount of coal loaded into the reactor. With this full
factorial experimental design, the experimental results are evaluated for all combinations of levels of the
three variables so that 2° evaluations are required. Additional reactions are performed at the center point
of this cubic design. An Analysis of Variance (ANOVA) is performed to estimate the effects of the
experimental variables and to statistically test their significance. Replication of the experiments is used to
estimate measurement error and to reduce its effect on the estimated effects of the variables. Models are
constructed using the estimates of the effects of the variables to calculate the expected experimental results
for specified sets of reaction conditions®. The controlled faetors used in the ANOVA are the measured
average reaction temperature, measured reaction time, and the actual weight of catalyst used.

Catalyst. The catalyst chosen for development of the subbituminous coal test was a 6-line ferrihydrite
catalyst precursor supplied by J. Linchan of Pacific Northwest National Laboratories (PNNL). This
catalyst had been evaluated previously using Sandia’s standard test procedure with Blind Canyon coal. It
was the best catalyst in the form of a powder found to date. No pretreatment is required. Testing of this
material used a 1:1 sulfur to catalyst precursor ratio on a weight basis. All reactions including thermal
reactions had the same amount of added suifur.

RESULTS AND DISCUSSION

Procedure for Comparing the Wyodak Coal with the DECS-17 Blind Canyon Coal

Testing of fine-particle size catalysts at Sandia has been based on a test using DECS-17 Blind Canyon
coal, a bituminous coal. Since bituminous and subbituminous coals have significantly different properties,
it is feasible that some catalysts may perform better with one coal type than with the other coal type.
Therefore, it is important to have the capability of evaluating catalysts using a subbituminous coal.
Wyodak coal from the Argonne Premium Coal Sample Program was chosen for development of this test
primarily because there has been significant researeh work done with Argonne’s premium coals and
because using available samples eliminates the need to collect, prepare and store another coal.

One aspect of developing a test with Wyodak coal entails determining how results will be compared to
those obtained with Blind Canyon coal. To do this comparison, we decided to evaluate Wyodak coal with
PNL’s 6-line ferrihydrite catalyst that had been evaluated previously at Sandia using the Blind Canyon
coal. This is the best catalyst in the form of a powder evaluated to date at Sandia. The same factorial
experimental design that is being used in the Blind Canyon coal test will be used with Wyodak coal. This
decision was made because it was felt that the ranges of the three variables were broad cnough to also
apply to the Wyodak coal. One of the many significant differences between Blind Canyon coal and
Wyodak coal is the moisture content: Blind Canyon coal has 3.74% water and Wyodak has 28.09% water.
To ensure that good comparisons could be made, the Wyodak coal was dried to about 6% water. This
amount was chosen because it was close to the value for Blind Canyon coal and was also close to the water
contents of sevcral coal samples that had been impregnated with either Mo or Fe by Karl Vorres at
Argonne National Laboratory. The Fe impregnated sample had 6.79% water and the Mo impregnated
sample had 6.19% water. These impregnated coals will be evaluated after the subbituminous coal test is
finalized. The dry sulfur contents of the Wyodak coal and the DECS-17 Blind Canyon coal are 0.63% and
0.44% respectively. The dry mineral matter is 10.01% for Wyodak coal (based on the modified Parr
formula) and 7.49% for the DECS-17 coal.

Experimental Test Procedure

The testing used 1.67g Wyodak coal, 3.34g phenanthrene, and 1 wt % sulfur for all reactions. Catalyst
loadings were either 0%, 0.5%, or 1.0 wt % based on thc experimental design. Sulfur was added to all
reactions because previous studies with Blind Canyon coal showed that Fe in the mineral ankerite was
converted to pyrrhotite during reaction thus yielding a catalytic effect. The impact of sulfur addition on
Wyodak coal conversion will be quantified by comparing results to reactions of Wyodak coal without
sulfur addition. Figure I shows the factorial experimental design used in the testing.

Testing Results for PNL’s 6-Line Ferrihvdrite Catalyst with Wyodak Coal
Results for THF conversion (%), heptane conversion (%), 9,10-dihydrophenanthrene (DHP (%)) in the

reaction product, and gas yield (mol%) from this testing are shown in Figures 2-5. The values in
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parentheses for each reaction condition are the average measured values obtained using PNL’s catalyst
with the Blind Canyon coal. The following discussion is based on these measured results. A statistical
analysis of this data is currently being performed and will include a comparison of the Blind Canyon coal
results and the Wyodak coal results.

Results for THF conversion (Figure 2) suggest that at low severity conditions (350°C, no catalyst), THF
conversions are about 7.5% (absolute) lower for Blind Canyon coal. However, for all other conditions
THF conversions are higher for Blind Canyon coal. At the most severe reaction condition (400°C, 60
minutes, 1% catalyst), Blind Canyon coal yiclded 89.6 % conversion whereas Wyodak coal gave about
75.5%.

Results for heptane conversion (Figure 3) suggest that Wyodak coal may give higher heptane conversions
for most if not all reaction conditions. Results at the lowest severity condition (350°C, 20 minutes, 0%
catalyst) show a small negative conversion (-3.0%) for Blind Canyon coal, but an average conversion of
9.9% was obtained for Wyodak coal. Results at the highest severity condition (400°C, 60 minutes, 1%
catalyst), gave an average 34.3% conversion for Wyodak coal but only 26.8% for Blind Canyon coal.
Results at 400°C without catalyst show some overlap of results from the two coals. The statistical analysis
will determine what differences are statistically significant,

Figure 4 shows the weight % of DHP (based on GC analyses of phenanthrene and DHP in the reaction
product) after completion of the run. Resuits suggest that the Blind Canyon coal yields more DHP at all
reaction conditions. At 400°C, 60 minutes, 1% catalyst, there is almost double the amount of DHP in the
reaction product with Blind Canyon coal. The lower DHP in the product of the Wyodak reactions may be
due to several causes. One possibility is that some of the hydrogen in the DHP is transferred to additional
light reaction products as evidenced by higher heptane conversions with Wyodak coal. This could be due
to Wyodak’s lower coal rank. Another possibility is that Blind Canyon coal may yield higher DHP because
some of the ankerite in the coal may get converted to pyrrhotite during the reaction and thus yield extra
hydrogenation catalyst.

Figure 5 shows the total amount of gases (CO, CO,, CH., C;H,) produced at each reaction condition.
Results suggest that there are significantly more gases present with the Wyodak coal. For Blind Canyon
coal, the total amount of gases ranges from about 0.30 to 1.86 mol% whereas for Wyodak coal the total
amount ranges from about 1.90 to 4.35 mol%. In all cases, CO, is by far the biggest contributer to the gas
yield, which was also observed with Blind Canyon coal.

CONCLUSIONS

Initial efforts towards developing a subbituminous coal test are aimed at comparing the reactivities of the
Wyodak subbituminous coal and the Blind Canyon bituminous coal. Therefore, the same factorial
experimental design was used with the Wyodak coal as was used previously with the Blind Canyon coal.
- In addition, PNL’s 6-line ferrihydrite catalyst precursor was used in the development of the Wyodak coal
test procedure because this catalyst is the best powder eatalyst found to date in Sandia’s tests with Blind
Canyon coal. Results show that Blind Canyon coal yields higher DHP amounts in the reaction products
and higher tetrahydrofuran (THF) conversions at the higher severity conditions. Wyodak coal gives higher
heptane conversions and higher gas yields for all conditions tested.

FUTURE WORK

Future work on developing the catalyst test with Wyodak coal will include performing the statistical
analyses of the results obtained from the experiments with PNL’s 6-line ferrihydrite catalyst. Results from
this study with Wyodak coal will be statistically compared to previous results obtained from Blind Canyon
coal with PNL'’s catalyst.

Acknowledgment: This work was supported by the U.S. Dcpartment of Energy at Sandia National
Laboratories under contract DE-AC04-94-AL85000.

REFERENCES

1. Huffiman, G. P.; Ganguly, B.; Zhao, I.; Rao, K. R. P. M_; Shah, N.; Feng, Z.; Huggins, F. E ;
Taghiei, M. M ; Lu, F.; Wender, |.; Pradhan, V. R ; Tiemey, J. W; Seehra, M. S.; Ibrahim, M. M_;
Shabtai, J.; Eyring, E. M., Energy Fuels 1993, 7, 285-296.

2. Pradhan, V. R; Tiemey, . W.; Wender, 1. Energy Fuels 1991, 5, 497-507.

3. Stohl, F. V,; Diegert, K. V. Energy & Fuels 1994, 8, 117-123.

4. Users Handbook for the Argonne Premium Coal Sample Program, K. S. Vorres, Argonne National
Laboratory, Argonne, lllinois, October 1993.

5. The Department of Energy Coal Sample Bank, DECS-Series Data Printouts, The Pennsylvania State
University, August 1995.

6. John, P. W. M., Statistical Design and Analyses of Experiments; MacMillan Co., 1971.

1000

s U NG WIS



FIGURE 1.
ACTORIAL ERIMENTAL_DESIG

(350,60, 1), (400,60, 1)

(350,20, 1)
o
CATALYST (375,40,0.5)
LOADING :
""""""""""""""""" {400,60,0)
/ TIME
(350,20,0) (400,20,0)

————————
TEMPERATURE

(TEMPERATURE = ¢; TIME = MINUTES; CATALYST LOADING = WT % AR COAL)

FIGURE 2.

MEASURED THF CONVERSIONS
(PNL'S 6-LINE FERRIHYDRITE + WYODAK COAL)

44.9
(46.9) 41°3

LOADING

(20.1)

-8
0.5
CATALYST ]
-8
.6
.5

NNW
h\lo

TEMPERATURE
PARENTHESES = AVERAGE MEASURED VALUES FROM BLIND CANYON COAL

FIGURE 3.

MEASURED HEPTANE . CONVERSIONS
(PNL'S 6-LINE FERRIHYDRITE + WYODAK COAL)

17.0
(-0.3) 11

7.4
~1.3)7-%

CATALYST
LOADING

1
(-3.0)

Nmn
(DtDm—-———»

13.0
—_—— 23.4 (13.5)
TEMPERATURE 21.0

PARENTHESES = AVERAGE MEASURED VALUES FROM BLIND CANYON COAL

1001



FIGURE 4.
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ABSTRACT ;3
N Mdssbauer spectroscoﬁ)// has been used to determine the iron-bearing phases in the coal,

catalysts, and IOM products used and generated in the Direct Coal Liguefaction (DCL)
catalyst testing program at Sandia National Laboratories, New Mexico. DCL experiments
' were conducted with a Blind Canyon, Utah, coal both thermally and with three different
| iron-based catalysts: (i) a sulfated hematite catalyst (Fe,0,/SO,%), (ii) a 6-line ferrihydrite
catalyst, and (iii) iron-oxide impregnated directly into coal. The catalysts were added to

\ the coal at both a 0.5 and a 1.0 wt% level and sufficient sulfur was added to ensure

complete sulfidation of the iron. The Mdssbauer spectrum of the Blind Canyon coal
revealed that the major iron-bearing mineral present was ankerite, Ca(Fe,Mg)(CO5),.
which converts first to y-Fe (austenitic iron) before undergoing partial sulfidation to

pyrrhotite in the thermal runs. The percentages of pyrrhotite formed in the catalytic runs
P were higher than those in the thermal runs indicating that sulfidation of the added iron

occurs more rapidly than with the ankerite. MOssbauer data on the amount of pyrrhotite
present does not correlate well with THF and heptane conversion percentages, indicating
that other parameters like catalyst dispersion must also be considered.

v INTRODUCTION
It is well recognized that iron-based materials represent the best option for development
of a low-cost, disposable catalyst for direct coal fiquefaction (DCL) [1]. As a result, much
z effort has been recently directed towards the development of iron-oxide-based catalysts
for DCL by many groups [2]. However, owing to differences in DCL testing procedures

at different laboratories, it has not always been possible to compare directly the

A conversion and cost effectiveness of different catalyst formulations. The DCL catalyst
testing program at Sandia National Laboratories was designed to resolve such uncertain-
‘-\ ties by providing a facility for the DCL research community where the effectiveness of

different catalysts could be directly compared {3]). Each catalyst would be subjected to

the same matrix of tests on the same coal (Blind Canyon, UT, DECS-17) under identical

conditions and the analysis of the DCL products would also be standardized.

In the current study, Mossbauer spectroscopy has been used to characterize the iron in

Y various starting materials and products from the Sandia DCL program in order to provide
additional baseline information for the program. Mdssbauer investigations have been
carried out on the following materials:

\ A M)
A (@
3
(4)

Biind Canyon Coai (DECS-17)
A sulfated hematite catalyst, Fe,0,/SO,Z, from the University of Pittsburgh
A 6-line ferrinydrite catalyst from Pacific Northwest Laboratories

An iron-oxide based catalystimpregnated into Blind Canyon Coal from West
Virginia University

B. THF-insoluble residues generated in thermal liquefaction runs at 350°C for 20 min
and at 400°C for 60 min.

C. THF-insoluble residues generated in liquefaction runs with the sulfated hematite

catalyst at:

350°C 20 min 1.0 wt% catalyst loading and 1 wt% sulfur
375°C 40 min 0.5 wt% catalyst loading and 1 wt% sulfur
400°C 60 min 1.0 wt% catalyst loading and 1 wt% sulfur
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D. THF-insoluble residues generated in liquefaction runs with the ferrihydrite catalyst

at:

350°C 20 min 1.0 wit% catalyst loading and 1 wt% sulfur
375°C 40 min 0.5 wt% catalyst loading and 1 wt% sulfur
400°C 60 min 1.0 wt% catalyst loading and 1 wt% sulfur
400°C 60 min 1.0 wi% catalyst loading and 2 wt% sulfur

E. THF-insoluble residues generated in liquefaction runs with the iron-oxide catalyst
impregnated in Blind Canyon Coal at:

350°C 20 min 1.0 wit% catalyst loading and 1 wt% sulfur
400°C 60 min 1.0 wt% catalyst loading and 1 wt% sulfur

EXPERIMENTAL

The thermal and catalytic DCL experiments were carried out under 800 psig H, in
microreactors at Sandia National Laboratories with the above catalysts and sufficient
sulfur to ensure complete sulfidation of the iron {3]. Oil and total conversions, defined as
the percentages of the sample after DCL that were soluble in heptane and
tetrahydrofuran, respectively, were also determined at Sandia [3]. Samples of the
residues and starting materials were shipped to the University of Kentucky for Mdssbauer
analysis. Mossbauer analysis was carried out using a Halder, GmbH, Méssbauer drive
operating in the symmetric saw-tooth mode. A calibration spectrum of metallic iron was
obtained at the opposite end of the drive at the same time as the unknown spectrum was
being acquired. Each spectrum was acquired over 512 channels representing a velocity
range of between +8 and +12 mm/s using Canberra/Nuclear Data multichannel scaling
_units located in 286DX personal computer. Spectra were obtained from all samples at
room temperature and from a few samples at cryogenic temperatures as low as 13 K.
Analysis of the Mdssbauer spectra was conducted in the manner described previously
[4,5]. Spectra were fit by means of a least-squares fitting routine as a combination of 6-
line magnetic spectra, 2-line quadrupole doublets and single lorentzian-shaped peaks.
Identification of the iron-bearing phases present in the samples was based solely on the
values obtained for the isomer shift, quadrupole splitting, and magnetic hyperfine splitting
of the individual components in the fits. The relative percentages of iron present in the
different phases were derived from the areas under the individual components.
Mossbauer results for the thermal and catalytic residues from the DCL tests are
summarized in Tables | - lli for the three different catalysts.

RESULTS AND DISCUSSION

The Mdssbauer spectrum of Blind Canyon (DECS-17) coal is shown as Flgure 1. The
spectrum consists of one major doublet from which the principal iron-bearing mineral in
the coal is identified as ankerite, Ca(FeMg)(CO,),. It has the same isomer shift
(1.23+0.01 mm/s), but a significantly smaller quadrupole splitting (1.67+0.02 mm/s} than
that reported [4] for siderite (1.80+0.02 mm/s). Although no positive evidence was
established for the presence of pyrite in this coal, it is possible that as much as 5% of the
iron could be present as FeS,. This minor contribution cannot be resolved owing to the
overlap of the low-velocity ankerite peak with the pyrite peaks coupled with the relatively
poor signal/noise ratio as a result of the low iron content of this particular coal.

Essentially the same results were obtained with the three thermal runs at the two different
temperatures. In the thermal residues prepared at 350°C, ankerite, and austenitic or y-
iron were observed; at 400°C (q.v. Figure 2), significant pyrrhotite (Fe,,S), in addition to
ankerite (with a smaller quadrupole spilitting, 1.52 mmy/s, than was found at 350°C) and
y-Fe, was also observed. These observations imply that ankerite in the coal reduces
partially to y-Fe, which then reacts with sulfur to form pyrrhotite.

The Mdssbauer spectra of the sulfated hematite consisted of a magnetic component
attributed to hematite and a poorly resolved doublet that represents the sulfated surface
of the hematite particles and/or superparamagnetic (spm) iron oxide particles of small size
(less than about 10 nm [5]). The other two catalysts exhibited only a broad doublet in
their Mdssbauer spectra; such spectra are consistent with ferrihydrite, either as a
separate phase [6,7] or formed by impregnation directly on the coal [7].

The Méssbauer spectra of the catalytic residues (e.g. Figure 3) were similar to each other
for the most part. However, the residues from the ferrihydrite and impregnated catalysts
did show the persistence of a doublet attributed to unreacted spm iron oxides that was
not apparent with the sulfated hematite catalyst. The relative amount of pyrrhotite
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Table

Mossbauer analysis of iron-bearing phases in
THF insolubles from thermal and catalytic reactions
with a sulfated hematite catalyst and Blind Canyon Coal

Sample Gamma-Fe Ankerite Pyrrhotite .

350, 20 min, thermal 14 86

350, 20 min, 1 wt% 26 33 41

375, 40 min, 0.5 wt% 16 33 51

400, 60min, thermal 20 37 43

400, 60 min, 1 wi% 10 21 69
Table Il

Massbauer analysis of iron-bearing phases in
THF insolubles from thermal and catalytic reactions of
with a 6-line ferrihydrite catalyst and Blind Canyon Coal

Sample y-Fe Ankerite Pyrrhotite FeOOH/Oxide
As received 6-line 100 FeOOH
ferrihydrite
350, 20 min, thermal 13 87
350, 20 min, 1 wt% 6 28 42 24
375, 40 min, 0.5 wt% . 8 25 57 10
400, 60 min, thermal 18 36 46
400, 60 min, 1 wt% 1 13 68 18
400, 60 min, 1 wt% 10 18 67 5
2 wt% added sulfur
Table Ili
Méssbauer analysis of iron-bearing phases in
THF insolubles from thermal and catalytic reactions
with iron-oxide impregnated Blind Canyon Coal
Sample y-Fe Ankerite Pyrrhotite FeOOH/Oxide
Coal impregnated 31 69
with iron and sulfur
compounds
350, 20 min, thermal 23 77
350, 20 min, 1 wi% 25 25 31 19
catalyst in coal
400, 60 min, thermal 15 36 49
400, 60 min, 1 wt% 5 16 51 28
catalyst in coal
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formation in all three catalytic runs was greater than that in the corresponding thermal run
at the same temperature indicating that the iron-based catalyst undergoes sulfidation
much more rapidly than the ankerite in the original coal.

The THF conversions for the catalytic runs at 400°C, 60 min, with 1% loading for the
sulfated hematite, 6-line ferrihydrite, and impregnated iron-oxide catalysts were 82.3%,
89.4% and 93.2%, respectively. These values do not show a direct correlation with %Fe
as pyrrhotite listed in Tables | - Ill, but do correlate with %Fe remaining as spm oxide.

CONCLUSIONS

Iron in Blind Canyon coal (DECS-17) is present principally in the form of ankerite,
Ca(Fe,Mg)(CO,),, which is converted during thermal tests, first to y-Fe and then to
pyrrhotite. The conversion is not complete even after 60 mins at 400°C. In contrast,
sulfidation of the catalyst materials is more rapid and is essentially complete in the case
of the sulfated hematite catalyst at 350°C and nearly so in the case of the 6-line
ferrinydrite and impregnated iron-oxide catalysts. With the latter two catalyst materials,
a small fraction (up to 25%) of the catalyst persists as spm iron-oxide even to the most
severe conditions employed for DCL (400°C, 60 min). ltis this fraction of iron present as
remnant spm iron-oxide, and not as pyrrhotite, that appears to show a direct correlation
with the total DCL conversion percentages. This observation implies that there are
significant differences in the ease of sulfidation of the iron-oxides to form pyrrhotite among
the three catalysts that are also reflected in the dispersion and size of the pyrrhotite
particles. It is these parameters that may have the most influence on the activity of the
sulfided iron catalyst during the DCL process.
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INTRODUCTION

Hydrous Metal Oxides (HMOs) are chemically synthesized materials which contain a
homogeneous distribution of ion exchangeable alkali cations that provide charge
compensation to the metal-oxygen framework. In terms of the major types of
inorganic ion exchangers defined by Clearfield,' these amorphous HMO materials
are similar to both hydrous oxides and layered oxide ion exchangers (e.g., alkali
metal titanates). For catalyst applications, the HMO material serves as an ion
exchangeable support which facilitates the uniform incorporation of catalyst
precursor species. Following catalyst precursor incorporation, an activation step is
.required to convert the catalyst precursor to the desired active phase.

Considerable process development activities at Sandia National Laboratories related
to HMO materials have resulted in bulk hydrous titanium oxide (HTO)- and silica-
doped hydrous titanium oxide (HTO:Si)-supported NiMo catalysts that are more
active in model reactions which simulate direct coal liquefaction (e.g., pyrene
hydrogenation) than commercial y-Al,0s-supported NiMo catalysts.”” However, a
fundamental explanation does not exist for the enhanced activity of these novel
catalyst materials; possible reasons include fundamental differences in support
chemistry relative to commercial oxides, high surface area, or catalyst preparation
effects (ion exchange vs. incipient wetness impregnation techniques). The goals of
this paper are to identify the key factors which control sulfided NiMo catalyst activity,
including those characteristics of HTO- and HTO:Si-supported NiMo catalysts which
uniquely set them apart from conventional oxide supports.

EXPERIMENTAL PROCEDURE

Support chemistry effects were examined using both commercially-available oxide
supports and HTO/HTO:Si supports. Commercial oxide supports studied included y-
Al;0; (in extrudate form, 1/16 in. diameter) and various commercial forms of TiO,. In
order to fairly evaluate the effect of support chemistry between the commercial oxide
and HTO/HTO:Si supports, it was necessary to normalize the Mo loadings per unit
surface area. This approach has been previously used with success to differentiate
support chemistry effects for hydrodesulfurization reactions.® Because it is well
known that the surface area of oxide support materials can change significantly with
processing (Mo loading, calcination, etc.), it was necessary to select a specific
processing state to use as a reference point for catalyst support surface area. We
used the support surface area after a standard calcination treatment in air at 500°C
for 1 h as a reference point, since this would effectively represent the amount of
support surface area available to disperse the molybdenum oxide phase which
formed during the calcination procedure.

Table 1 shows the differences between the various supports evaluated in this study
in terms of the method of preparation and their surface area, both as-received and
after a standard calcination procedure. The surface area of the y-Al,O, extrudate is
fairly typical of y-Al,0, catalyst supports, and was relatively unchanged after the
calcination treatment. The titania supports exhibited different thermal stabilities
depending on the preparation method, with the calcined surface area values
correlating well with the crystaliographic phase evolution of TiQ,. The Degussa P25
TiO,, prepared by a high temperature flame hydrolysis procedure, showed only a
slight decrease in surface area as a result of the calcination procedure. This
moderate surface area material consisted of a mixture of anatase and rutile phases
of TiO,. The Tioxide TiO, material is prepared via a precipitation process using
sulfate precursors followed by low temperature heat treatment to produce a high
surface area anatase material. Further heat treatment of this material via calcination
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resulted in significant surface area reduction and partial conversion of anatase to
rutile. The HTO and HTO:Si supports were evaluated in acidified form following
complete H'/Na’ exchange. In their as-prepared forms, these materials exhibit very
high surface areas (~400 m Ig) These acidified forms are generally representative
of the final HTO or HTO:Si support material which remains following ion exchange
(IE) processing. Calcination of these as-prepared materials results in significant
surface area reduction. However, SiO, additions to HTO materials act to stabilize
support surface area at high temperature (> 500°C) without significantly altering ion
exchange properties.®”® The improved thermal stability of the HTO:Si supports is
due to the retardation of the anatase to rutile phase transformation by the SiO,

dopant, which has been extensively documented in the literature.’®™
Table 1
Oxide Support Characteristics
As-Received Calcined
Surface Area | Surface Area

Support Material Preparation Technique (m%/g) (m¥g)*
Degussa P25 TiO, Flame Hydrolysis 52 47
Tioxide TiO, - Precipitation 183 120
H'HTO Sol-Gel + [E 417 63
H'/HTO:Si Sol-Gel + I[E 390 184
v-Al,O; Extrudate Precipitation + Extrusion 235 227

* Calcination procedure: 500°C/1h/air. Surface area was measured by the BET
method.

HTO and HTO:Si ion exchangeable supports (Na:Ti and Si:Ti molar ratios = 0.5 and
0.2, respectively) were fabricated using the standard mulhfle step sol-gel chemistry
procedure which has been described in detail elsewhere.>** HTO- and HTO:Si-
supported NiMo catalyst preparation was performed using a two step procedure
featuring Mo anion ([Mo;0.4]®) exchange/adsorption followed by incipient wetness
impregnation using Ni(NO3);6H,0. For the commercial oxide-supported NiMo
catalysts, only incipient wetness impregnation techniques were used; two separate
impregnation steps were used, first with ammonium heptamolybdate ({NH.)sMo7024-
4H,0), and next with nickel nitrate (Ni(NOs),-6H,0) precursors. Supported Mo and
NiMo catalysts with Mo loadings ranging from 0.6 to 25 Mo atoms/nm? support
surface area were fabricated as part of this study. This range of Mo loadings
corresponded to a wide overall range of Mo weight loadings, 0.1 to 25 wt.% (calcined
basis), on the various supports. Regardiess of the Mo loading level in the catalyst, a
constant ratio of moles Nif{moles Ni + moles Mo) = 0.35 was used to determine the
Ni loading for each supported NiMo catalyst.

The final catalyst precursors were activated by first calcining in air at 500°C for 1 h
and then sulfiding in 10% H,S in H, at 420°C for 2 h. All TiO; {including HTO and
HTO:Si)-supported catalysts were pelletized and granulated to -10/+20 mesh prior to
activation, and all catalysts were ground and sieved to -200 mesh prior to testing.
Catalyst activity was evaluated using two different model reactions representative of
hydrotreating  reactions:  pyrene  hydrogenation and  dibenzothiophene
hydrodesulfurization. For the pyrene hydrogenation tests, pyrene (0.1 @),
hexadecane (1 g), and catalyst (0.010 g) were loaded into a batch microautoclave
reactor and tested at 300°C under 500 psig H, for 10 min. For the dibenzothiophene
hydrodesulfurization tests, dibenzothiophene (0.1 g), hexadecane (1 g), and catalyst
(0.050 g) were loaded into a batch microautoclave reactor and tested at 350°C under
1200 psig H; for 10 min. Reversible first-order kinetics were used to model the
pyrene hydrogenation test results,' while irreversible first-order kinetics were used
to model the dibenzothiophene hydrodesulfurization test results. *®

RESULTS AND DISCUSSION

Figure 1 summarizes the catalyst activity trends observed for the pyrene
hydrogenation testing of the sulfided NiMo catalysts. This type of figure, plotting the
intrinsic pyrene hydrogenation aClIVIly (rate per g total active metal [Ni+Mo)) vs.
specific Mo loading (in Mo atoms/nm?® calcined support surface area) is used to
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normalize surface area differences among the various supports examined in this
study. For NiMo/y-Al,O; catalysts, the intrinsic pyrene hydrogenation activity is stable
at low specific Mo loadings, but decreases with increasing specific Mo loading. This
behavior is in contrast to that observed for TiO,-supported catalysts (including HTO
and HTO:Si supports), where we find that a maximum in intrinsic pyrene
hydrogenation activity is observed as specific Mo loading is increased. Very similar
trends, including the location and value of the maximum in the intrinsic pyrene
hydrogenation activity, were observed for all of the commercial TiO. materials
evaluated: Degussa P25 TiO,, Tioxide TiO,, and a low surface area (10 mzlg) rutile
form of TiO.. The characteristic behavior of sulfided NiMo catalysts supported on
these commercial TiO, support materials is illustrated in Figure 1 by the data shown
for the Degussa P25 TiO,-supported NiMo catalysts.

However, as shown in Figure 1, the location of the maximum in the intrinsic pyrene
hydrogenation activity is different for the commercial TiO; supports with respect to the
HTO or HTO:Si supports. Since the data shown in Figure 1 has been normalized to
remove support surface area effects, the differences in behavior for the HTO and
HTO:Si supports must be attributable to other fundamental differences in support
chemistry or catalyst preparation effects. The HTO-supported NiMo catalysts show a
broad range of relatively high activity with the maximum in activity shifted to higher
specific Mo loadings. This behavior shows a distinct advantage over typical
commercial catalysts since it accommodates higher overall catalyst activities at high
weight loading. The controlled addition of SiO, to the HTO support produces
significant changes in this behavior. The peak intrinsic pyrenehydrogenation activity
shifts to very low specific Mo loadings (iower than those observed for the commercial
titanias) and is significantly increased in magnitude. This resuit indicates an
important role of the SiO, dopant, which might be well dispersed on the surface of
small anatase crystallites, therefore affecting the dispersion of the catalytic doped
MoS; phase. '

Similar trends to those shown in Figure 1 were also observed for Mo only catalysts,
although intrinsic pyrene hydrogenation activities were consistently lower. It should
be noted that due to the limited number of data points for some of the curves in
Figure 1 (e.g., Degussa P25 TiO, and y-Al,03 supports), we can only speculate on
the presence and/or jocation of the maximum in catalyst activity. Obviously, more
data is necessary to make firm conclusions with respect to these trends.

Similar  studies have been performed using the dibenzothiophene
hydrodesulfurization model reaction. Very different trends are observed for this
model compound reaction in terms of the intrinsic catalyst activity vs. specific Mo
loading. Thus far, a valid comparison has been made only with the y-Al,Os-, TiO2-,
and HTO-supported Mo catalysts. These results are shown in Figure 2. In one case
(P25 TiO, support), both Mo- and NiMo-supported catalysts have been tested. As
shown in Figure 2, and consistent with a vast quantity of published literature, the
addition of Ni results in a si%nificant promotional effect for the dibenzothiophene
hydrodesulfurization reaction.'”'® However, the trends for TiO,-supported catalysts
are very different for dibenzothiophene hydrodesulfurization compared to pyrene
hydrogenation (see Figure 1). Al TiO,-supported catalysts examined to date
(including HTO supports) exhibit very high intrinsic activity for dibenzothiophene
hydrodesulfurization at low specific Mo loadings, with activity sharply decreasing as
Mo loading is increased. In contrast to this behavior, y-Al,Os-supported catalysts
exhibit behavior very similar to that observed for pyrene hydrogenation. These
trends observed for dibenzothiophene hydrodesulfurization with the TiO, (including
HTO)- and y-Al,0s-supported Mo catalysts are consistent with those observed
previously for thiophene hydrodesulfurization.® The fact that the intrinsic activity for
all of the TiO,-supported catalysts is higher than that observed for the y-Al,0,-
supported catalysts is also consistent with previous work.?

These early results indicate that different types of catalysts, in terms of Mo loading,
are optimum for hydrogenation vs. hydrodesulfurization reactions. This is consistent
with evidence published in the literature suggesting that hydrogenation and
hydrodesulfurization reactions take place on different types of active sites.”®*® These
results also show that the HTO-or HTO:Si-based supports may offer more significant
advantages for hydrogenation rather than hydrodesulfurization applications.
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Figure 1. Intrinsic pyrene hydrogenation activity (rate per g total active metal) vs.
specific Mo loading (in Mo/nm? support) for sulfided NiMo catalysts supported on
various “oxide supports. The acronyms IW and IE in the legend correspond to
incipient wetness impregnation and ion exchange preparation techniques,
respectively.
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Figure 2. Intrinsic dibenzothioyhene hydrodesuffurization activity results vs. specific
Mo loading (in Mo atoms/nm® support) for selected sulfided Mo- and NiMo-based
catalysts. Note that the acronyms shown in the legend were previously defined in the
caption for Figure 1. )
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Additional work is necessary to further investigate the interesting behavior and
potential benefits of the HTQ- and HTO:Si-based supports. This work will include
assessments of changes in MoS; dispersion as a function of Mo loading and support
chemistry.

SUMMARY

This work has evaluated various catalyst support chemistries with a range of Mo
loadings (normalized with respect to surface area) for both pyrene hydrogenation
and dibenzothiophene hydrodesulfurization reactions. y-Al,Os-supported Mo and
NiMo catalysts were found to behave similarly with respect to both model reactions;
intrinsic catalyst activity was relatively constant at low Mo loadings, but slightly
decreased with increasing Mo loading. Significant differences were observed for the
TiO,; supports evaluated in this study, both with respect to the y-Al,Os-supported
catalyst results and for the different types of TiO; supports (including the HTO and
HTO:Si materials). For pyrene hydrogenation, all TiO,-supported catalysts showed a
maximum in intrinsic catalyst activity, with the position of the maximum varying with
changes in support chemistry and catalyst preparation procedures. In contrast to the
pyrene hydrogenation results, all TiO,-supported Mo catalysts showed a similar trend
of significantly decreasing intrinsic catalyst activity with increasing Mo loading for the
dibenzothiophene hydrodesulfurization model reaction. These results therefore
indicate that HTO-based supports may offer more significant advantages for
hydrogenation rather than hydrodesulfurization applications. Experiments are in
progress to evaluate changes in MoS; dispersion as a function of support chemistry
and Mo loading.

This work was performed at Sandia National Laboratories and was supported by the
U.S. Department of Energy under contract DE-AC04-94AL85000.

REFERENCES

1. A Clearfield, Ind. Eng. Chem. Res. 34, 2865 (1995).

2. H.P. Stephens, R. G. Dosch, and F. V. Stohl, Ind. Eng. Chem. Res. Devel. 24,
15 (1985).

3. H. P. Stephens and R. G. Dosch, Stud. Surf. Sci. Catal. 31, 271 (1987).

4, S.E. Lott, T. J. Gardner, L. I. McLaughlin, and J. B. Qelfke, Submitted to Fuel.

5. S.E. Lott, T. J. Gardner, L. I. McLaughlin, and J. B. Oelfke, Prep. of Papers, Fuel
Div., Amer. Chem. Soc. 39 1073 (1994).

6. R. G. Dosch, H. P. Stephens, and F. V. Stohl, Sandia Report, SAND89-2400,
Sandia National Laboratories, Albuquerque, NM, 1990.

7. R. G. Dosch and L. I. McLaughlin, Sandia Report, SAND92-0388, Sandia
National Laboratories, Albuquerque, NM, 1992.

8. K. C.Pratt, J. V. Sanders, and V. Christov, J. Catal. 124, 416 (1990).

9. T.J. Gardner and L. |. McLaughlin, Submitted to Mater. Res. Soc. Symp. Proc.

10. Y. Suyama and A. Kato, Yogyo-Kyokai-Shi 86(3), 119 (1978).

11. C. U. I. Odenbrand, S. L. T. Andersson, L. A. H. Andersson, J. G. M. Brandin,
and G. Busca, J. Catal. 125, 541 (1990) ’

12. J.R. Sohn, H. J. Jang, M. Y. Park, E. H. Park, and S. E. Park, J. Mol. Catal. 93,
149 (1994)

13. P. K. Doolin, S. Alerasool, D. J. Zalewski, and J. F. Hoffman, Catal._Lett. 25, 209
(1994).

14. R. G. Dosch, H. P. Stephens, F. V. Stohl, B. C. Bunker, and C. H. F. Peden,
Sandia Report, SAND89-2399, Sandia National Laboratories, Albuquerque, NM,
1990.

15. H. P. Stephens and R. J. Kottenstette, Prep. of Papers, Fuel Div., Amer. Chem.
Soc. 30, 345 (1985).

16. 0. Weisser and S. Landa, Sulfide Catalysts, Their Properties and Applications,
Pergamon Press, Oxford, 1973.

17. R.R. Chianelli, M. Daage, and M. J. Ledoux, Adv. Catal. 40, 177 (1994).

18. M. J. Ledoux, S. Hantzer, and J. Guille, Bull. Soc. Chim. Belg. 96(11-12), 855
(1987).

19. A. Stanislaus and B. H. Cooper, Catal. Rev.-Sci. Eng. 36(1), 75 (1994).

20. M. Daage and R. R. Chianelli, J_Catal. 149, 414 (1994).

1012
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ABSTRACT

In this work, hindered diffusion of one coal and two petroleum asphaltenes was studied by
adsorptive uptake in THF from a bath surrounding a commercial NiMo/ALO; catalyst. A
mathematical model for the adsorption-diffusion of asphaltenes was developed. The model parameters
were obtained by simulating the experimental data with the model solution. Several asphaltene
fractions were defined via SEC (size exclusion chromatography), with the molecular weight of each
fraction being determined by its elution characteristics using polystyrene standards. It was found that
both the coal and petroleum asphaltenes have very broad molecular weight distributions; however,
the molecular weights of the coal asphaltenes (50-1000) were much smaller than those of the two
petroleum asphaltenes (300-10000 and 300-20000 respectively). The uptake rates for asphaltene
fractions with different molecular weights were different, depending on their diffusion rates and
adsorption capacities. Simulation results showed that even though the properties of coal and
petroleum asphaltenes were quite different, the values of model parameters for the fractions of the
three asphaltenes had the same trend; with increasing molecular weight of the fraction, the adsorption
constant monotonically increases, and the effective diffusivity decreases. The experimental diffusion
data of the three asphaltenes were well represented by similar mathematical models.

INTRODUCTION

Due to comparable sizes of reactant molecules and catalyst pores, hindered diffusion has been
widely observed in the hydrotreatment of asphaltenes, heavy oils, coal derived liquids, and other
macromolecular feeds. Direct measurements of asphaltene intrapore diffusion in porous catalysts are
recent and very few in number. Baltus and Anderson (1983) studied hindered diffusion of petroleum
asphaltenes through membranes, in which several fractions were defined by SEC according to their
elution characteristics. Mieville et al. (1989) measured the diffusion of petroleum asphaltenes through
porous materials by uptake experiments, in which the asphaltenes were treated as monodispersed and
a linear adsorption isotherm was obtained.

In this work, hindered diffusion of coal and petroleum asphaltenes in THF was studied by
adsorptive uptake experiments from a bath surrounding a commercial NiMo/ALO, catalyst. The
asphaltenes were grouped into several fractions via SEC. An adsorption-diffusion model was
developed for the uptake process. The objective of this work was to see if the diffusion uptake could
be represented by a single mathematical model using reasonable parameter values.

EXPERIMENTAL

Materials. One coal and two petroleum asphaltenes, denoted as C-97500, P-AAK and P-AAG,
respectively, were used in the diffusion study. The coal and petroleum asphaltenes, defined as
THF(tetrahydrofuran) solubles and n-pentane insolubles, were extracted from a coal resid and
petroleum asphalts, respectively. HPLC grade THF was used as solvent in the uptake experiments.
Toluene and polystyrenes with narrow molecular weight distributions were used as calibration
standards for analysis of asphaltenes on SEC. A commercial unimodal catalyst, Criterion 324, with
an average pore diameter of 125 A, was used in this study. Catalyst samples were crushed to -12+16
mesh size (-1.0+1.4 mm in diameter) and calcined at 673 K for 12 hours prior to use in uptake
experiments.

Apparatus and Procedures. Diffusion experiments were performed in a magnetically stirred glass
diffusion cell containing a screen wire basket for holding catalyst particles at 308 K. Catalysts were
presaturated with THF before diffusion runs, during which the uptake of asphaltenes was monitored
periodically by analyzing the concentration of asphaltenes in the bath solution using SEC.

SEC with a UV detector at 262 nm wavelength was used to analyze the concentration of
asphaltenes in THF. Four u-styragel columns, with nominal pore sizes of 1000, 1000, 500 and 500
A respectively, were used in series for the SEC. A computer data acquisition system was employed
to record the UV absorbance vs. elution time of the effluents. HPLC grade THF was used as mobile
phase at 1 cm*/min.
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HINDERED DIFFUSION MODEL FOR ASPHALTENES

A mathematical model was utilized to describe the behavior of hindered diffusion of
asphaltenes in porous catalyst particles. The asphaltenes are grouped into different fractions according
to their molecular weights ascertained from SEC analysis. The porous catalyst particles were
immersed in a well-stirred bath containing asphaltenes and solvent. The asphaltene molecules diffuse
into the porous particle where they are adsorbed onto the solid catalyst surface. As a result of this
diffusion-adsorption process, the concentration of asphaltenes in the surrounding bath is depleted.
However, due to the difference in adsorption capacity and diffusion rate of each asphaltene fraction,
the depletion rates for different asphaltene fractions will be different.

The hindered diffusion model developed here assumes negligible solute transport by surface
diffusion, spherical catalyst particle geometry, uniform pore size distribution along the particle radius,
negligible external fluid solid mass transfer resistance, and local adsorption equilibrium inside the
particle pores (Yang and Guin, 1996a, 1996b). It is also assumed that the adsorption isotherm is
linear for each fraction, and the properties of each fraction, e.g., molecular size, diffusivity, and
adsorption capacity, are independent of every other fraction during the adsorption-diffusion process.
With the above assumptions, the adsorption-diffusion mathematical model can be developed and
solved analytically (Bird et al., 1960), with the dimensionless bath concentration of asphaltene
fraction j being expressed as a function of dimensionless time by,

- 2,
0 - B, 6B exp(-5,°1;)

b / - O]
1+B, izt Bp2+9(1+B)
where, the b,'s are the non-zero roots of
an(b,) 3b,
ani =
* 3+B5,2 @
1
and
C, v, D,
ebj = _bJ, Bj = _t _1___’ ’j' = _;J _1___ I (3)
CbJO Vp KPJ€+pP'KJ R Kp1€+pbe
In the above equations, D,; is the effective diffusivity expressed as,
. K /K €
D, = ~Lp, @

in which K and K ; factors are hindered diffusion parameters due to stearic and hydrodynamic effects,
respectively, being estimated by, )

K, = (-3 0)

K, = 1-2.104),+2.0892,-0.9481’ ©

7

For a hydrodynamic diffusion solute, the molecular diffusivity D, is related to the solute size by the
Stokes-Einstein equation,
kT
D =
7 emny,, ")

For a typical adsorptive diffusion system, the values for most parameters in the model are
knc?wn except those for K; (or B;) and D,;. The values of these two parameters can be obtained by
fitting the mathematical model to the experimental asphaltene uptake data.

RESULTS AND DISCUSSION

1. Asphaltene Molecular Weights
SEC analysis of asphaltenes requires the use of calibration standards to determine the average
molecular weights of the fractions from elution volumes. Several investigators have used polystyrenes
as calibration standards to obtain the equivalent molecular weight distributions of heavy oils and
asphaltenes (Song et al., 1991; Baltus and Anderson, 1983; Sanchez et al., 1984, Dark and McGough,
1978). By comparing the molecular weights of preii'a(;tionated heavy oil fractions obtained from VPO
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(vapor pressure osmometry) and polystyrene calibrated SEC, some studies showed that both
Measurements agreed well at least in some range (Brule, 1981, Bartle et al., 1984; Baltisberger et al.,
1984;), However, others stated that there were differences between these two methods (Kiet et al,
1977, Wong and Gladstone, 1983). It might appear that the VPO method would give more accurate
molecular weights, however, Nali and Manclossi (1995) stated that VPO molecular weight
measurement failed when strong interactions among single molecules, e.g., highly aromatic
compounds, were present. Mieville et al. (1989) showed that different asphaltenes with the same VPO
molecular weights could elute at different volumes on SEC, inferring the absence of a universal
relationship between SEC and VPO molecular weights for different asphaltenes. In the absence of any
clear correlation between VPO and SEC molecular wights, we have used polystyrenes as SEC
standards to calibrate the molecular weight distribution of our coal and petroleum asphaltenes.

Toluene and polystyrene standards with weight average molecular weights ranging from 92
to 14000 were first dissolved in THF. These solutions were analyzed via SEC, and the logarithm of
molecular weights of the standards vs. elution volumes is shown in Figure 1, resulting a good linear
fit being expressed as,

log(M,) = —0.125V,+7.261 ®)

Figure 2 shows SEC chromatograms of the coal and petroleum asphaltenes in THF. There
are two x-axes in this figure, one is the elution volume, the other is the equivalent polystyrene/toluene
molecular weight calculated from equation (8). It is observed that the equivalent molecular weights
of the coal asphaltenes, 50-1000, are much smaller than those of the petroleum asphaltenes (300-
20000 for P-AAK and 300-10000 for P-AAG). In the simulation of experimental asphaltene diffusion
data, several fractions of the asphaltenes will be defined in terms of the equivalent eluted
polystyrene/toluene molecular weights.

2, Effective Diffusivities and Adsorption Constants of Asphaltene Fractions

As seen in the model development section, to perform the model simulation for uptake of each
asphaltene fraction, the effective diffusivity De; and the adsorption parameter K are required. One
method for determination of the molecular diffusivities of asphaltene fractions is to assume that they
are the same as those of the polystyrene standards with same elution volumes. However, Baltus and
Anderson (1983) showed that these two values are different, with the molecular diffusivities of
polystyrenes being roughly two times of those of petroleum asphaltene fractions. Viewed in another
way, if we know the size r,; of each asphaltene fraction, the molecular diffusivity can be calculated
from equation (7). Nortz et al. (1990) measured hydrodynamic properties of prefractionated heavy
oils in THF and obtained the following relation)nip between the molecular radius in A and VPO
molecular weight,

r, =036 M, *%® 0]

In equation (9) the molecule radius was calculated from the Stokes-Einstein equation using the
molecular diffusivity experimentally determined by Taylor dispersion measurements. We have
assumed that the above equation is applicable to our coal and petroleum asphaltenes, and that the
molecular weights from VPO can be represented by those from SEC. With these assumptions, the
molecular diffusivity of any asphaltene fraction eluted in SEC can be estimated through equation (7).
The results for some asphaltene fractions are shown in Table 1. Comparison of the molecular weight
ranges in Figure 2 with Table 1 shows that the effective diffusivities for the coal asphaltenes are in
the range of 3-30 x 10”; while the ranges for the two petroleum asphaltenes P-AAK and P-AAG are
5-10000 x 10 and 6-1000 x 10 cm?’s, respectively.

Due to the instability of asphaltenes in THF solvent, it is difficult to obtain the adsorption
constants K; from equilibrium experiments; however, this value can be ascertained by fitting the
experimental diffusional uptake data with the model solution given by equation (1).

3, Simulation of Asphaltene Diffusion into Porous Catalyst

In our diffusion study, one coal and two petroleum asphaltenes were used as solutes. Figures
3, 4 and 5 (points) show the uptake data for the three asphaltenes in THF on Criterion 324 catalyst,
respectively. It is seen from these figures that as diffusion time increases, the UV absorbances or
concentrations of the coal asphaltenes fractions and most petroleum asphaltene fractions in the bath
solution decrease. However, the rates of decrease for asphaltene fractions with different molecular
weights are different, depending on their diffusion rates and adsorption capacities. It is interesting that
for the two petroleum asphaltenes, as shown in Figures 4 and 5, respectively, some cross-overs of
the SEC data were observed at higher molecular weights (approximately greater than 10000). In
other words, the molecular weight distribution shifted to higher molecular weights during the uptake
process, resulting in increasing bath concentrations for these fractions. A possible reason for this
unusual phenomena might be the agglomeration of smaller molecules into larger ones. This aspect

of the work needs further investigation. 1015




For the numerical simulation of the experimental uptake results for the three asphaltenes, we
first group the SEC data into several fractions, each with an elution volume of 0.5 cm®. Some of the
estimated effective diffusivities for these fractions are shown in Table 1. For each fraction, the
dimensionless bath concentration 8, can be obtained by the ratio of the area under SEC curve at time
t to that at time t=0. The adsorption constant K; can be obtained by fitting the experimental ©y, 0
data with the model solution for each fraction. Figure 6 shows the values of adsorption constant K;
for different asphaltene fractions. It is seen that even though the properties of the three asphaltenes
are quite different, as shown in Figure 2, the values of adsorption parameters for the fractions of these
asphaltenes have the same trend; with increasing the molecular weight, the adsorption constant
monotonically increases. It has also been observed (Takahashi et al., 1980; Dimino, 1994) that
adsorption of polymers in porous materials increased as the molecular weights increased. Best fits of
adsorption constant vs. molecular weight for the fractions of the three asphaltenes can be obtained
with power regression from the data points in Figure 6, being expressed as,

- — 0.530
C-97500: K, = 3.352 My,
P-44K: K = 00239 M, (10)

1181
P-AAG: K} = 0.105 M"?'

It should be pointed out that for the two petroleum asphaltenes P-AAK and P-AAG in the above
equations, we used fractions of molecular weights less than 10000. Beyond this value some of the
experimental bath concentrations increased as discussed above and could not be fitted by the uptake
model. In the simulation of the experimental uptake data with the model solution, adsorption
constants K; for fractions of molecular weights larger than 10000 were instead obtained by
extrapolatlon of the above equations.

As long as the relationship between the adsorption constant K; and the molecular weight is
determined, the diffusion equation (1) can be solved for any asphaltene fraction eluted from SEC. The
simulated model solution for the three asphaltenes are also shown in Figures 3, 4 and 5 (lines),
respectively. It is observed that for the coal asphaltenes, the model fits experimental data quite well,
as seen from Figure 3. For the two petroleum asphaltenes, the model fits the experimental data fairly
well in smaller molecular weight regions, as shown in Figures 4 and 5 respectively; however, in the
larger molecular weight regions, some departures were observed due to the cross-overs of the
experimental uptake data, particularly at longer diffusion times.

CONCLUSION

Both the coal and petroleum asphaltenes used in this study have very broad molecular weight
distributions, with the molecular weights of the coal asphaltenes (50-1000) being much smaller than
those of the petroleum asphaltenes (300-20000 for P-AAK and 300-10000 for P-AAG). The coal
asphaltene fractions have estimated effective diffusivities which span 1 order of magnitude, whereas
these spans are more than 2 orders for the fractions of the two petroleum asphaltenes. The uptake
rates for asphaltene fractions with different molecular weights are different, depending on their
diffusion rates and adsorption capacities. Even though the properties of the asphaltenes used are quite
different, the values of model parameters for the fractions of the three asphaltenes have the same
trend; with increasing molecular weight of the fraction, the adsorption constant increases and the
effective diffusivity decreases monotonically. The experimental diffusion data for the three asphaltenes
can be represented fairly well in most molecular wenght regions by the same mathematical model using
appropriate parameter values.
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Nomenclatures

B dimensionless model constant

C, bath concentration

Cy  initial bath concentration

D.  molecular diffusivity, cm¥s

D, effective diffusivity, cm?/s

k Boltzmann’s constant, 1.38 x 10 erg/ °K

K linear adsorptlon constant, cm’-solution/g-catalyst
K, partition factor

K, restriction factor
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molecular weight, g/mol

»  molecule radius, A

R radius of catalyst particle, cm
t time, h

t dimensionless time
T temperature, °K
V,

\/

" &

»  bath volume, cm®
»  catalyst pore volume, cm’
Vr  elution volume on SEC

€ catalyst porosity

n, solvent viscosity, g/cm-s

6, dimensionless concentration in bath

A ratio of solute molecule diameter to catalyst pore diameter
p, catalyst particle density, g/cm’

T catalyst tortuosity factor

Subscript

) jth asphaltene fraction defined on SEC
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Table 1. Estimated effective diffusivities and other parameters at 35 °C

A elution M, rJ,," D.° D¢

, vol., cm® g/mol A cm¥/s cm?/s
23 24322.0 56.1 7.9E-07 1.3E-10

{ 25 13677.3 421 1L.1E-06 2.2E-09

\ 27 7691.3 31.6 1.4E-06 1.3E-08
29 4325.1 23.7 1.9E-06 4.9E-08
31 24322 17.8 2.5E-06 1.3E-07
33 1367.7 133 3.3E-06 2.6E-07
35 769.1 10.0 4.5E-06 4.6E-07
37 4325 75 5.9E-06 7.6E-07
39 2432 5.6 7.9E-06 1.2E-06
41 136.8 42 1.1E-05 1.7E-06
43 76.9 32 1.4E-05 2.5E-06
45 433 24 1.9E-05 3.5E-06
47 243 1.8 2.5E-05 4.9E-06

a. Determined by equation (8).

b. Estimated from equation (9).

c. Calculated from equation (7) with THF viscosity of 4.42*107 g/cm-~s (Reid et al., 1987).
d. Determined by equation (4) with €=0.66 and t=3.0.
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Figure 4. Simulation of experimental uptake data with
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INTRODUCTION

Liquids derived from coals contain numerous aromatic compounds. Many of the one- to
four-ring aromatic and polar compounds can be converted into valuable chemicals. Economic
analysis of the viability of liquefaction (and related conversion processes) may well produce a
different result if some of the aromatics and phenolics are used for making high-value chemicals
and some of the liquids for making high-quality fuels such as thermally stable aviation fuels. To
make effective use of aromatics in coal liquids, we are studying shape-selective catalytic
conversion of multi-ring compounds. The products of such reactions are intermediates for making
value-added chemicals, monomers of advanced polymer materials, or components of advanced jet
fuels (Song and Schobert, 1993, 1995).

Two broad strategic approaches can be used for making chemicals and materials from coals
(Schobert, 1984, 1990, 1995). The first is the indirect approach: conversion of coals to liquids,
followed by transformation of compounds in the liquids into value-added products. The second is
direct conversion of coals to materials and chemicals. Both approaches are being explored in this
laboratory (Song and Schobert, 1993, 1996).

In this paper, we will give an account of our recent work on 1) shape-selective catalysis
which demonstrates that high-value chemicals can be obtained from aromatic compounds by
catalytic conversion over certain zeolites; and 2) catalytic graphitization of anthracites, which
reveals that using some metal compounds promotes graphitization at lower temperatures and may
lead to a more efficient process for making graphites from coals.

POLYMER MATERIALS FROM AROMATIC MONOMERS

Recent years have witnessed significant growth of existing aromatic polymer materials and
rapid development of advanced aromatic polymer materials such as engineering plastics, polyester
fibers, polyimides, and liquid crystalline polymers (LCPs) (Beland, 1991, Song and Schobert, -
1993). Consequently, there is greater demand for monomers based on aromatic and phenolic
compounds. Such compounds can be made from coal-derived liquids and some refinery streams
such as light cycle oils.

Scheme | shows the structures of some polyester materials, including thermoplastic
polyethylene terephthalate (PET